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Abstract 
With 40% of the world population living in coastal urban areas, development of joint water 
recycling and seawater desalination schemes is envisioned. Implementing forward osmosis 
(FO) as a pre-treatment of desalination by reverse osmosis (RO), whereby an osmotic dilution 
of the seawater with wastewater occurs, offers the benefit of combining water recycling with a 
decreased energy demand of seawater RO. Early studies demonstrated low fouling behaviour 
and high rejection of emerging contaminants in FO-RO hybrid systems, but the low permeation 
flux observed made the process economically unattractive. This thesis aimed at evaluating the 
potential and limitations to improve flux in FO through (1) the use of new commercially 
available thin film composite thin film composite (TFC) FO membranes and (2) the 
implementation of hydraulic pressure (i.e. pressure assisted osmosis (PAO)). Both PAO and 
novel TFC membranes allowed for higher water flux and lower reverse salt diffusion (RSD), 
compared to the conventional cellulose triacetate (CTA) FO membrane commercialised by HTI. 
Membrane deformation was observed for all membranes in PAO operation; and it was 
discussed how membrane mechanical resistance will be a key parameter to consider for 
further membrane development. Fouling tests demonstrated that the low fouling behaviour 
often mentioned for FO was due to operation so far at low permeation fluxes. With higher 
initial fluxes, the fouling cake was found to be more compacted on the membrane surface and 
consequently significant flux decline was observed over time. Also, it was demonstrated that, 
at similar initial fluxes, fouling was more severe when a moderate hydraulic pressure (4 bar) 
was applied. To tackle the higher extent of fouling observed, osmotic backwashing proved to 
be a promising cleaning strategy. Interestingly, novel FO membranes demonstrated improved 
rejection of the whole range of tested trace organic contaminants (TrOC) by steric rejection. 
Operation in PAO mode led to a general decrease of TrOC rejection, as a result of membrane 
deformation and less RSD. The economic model developed highlighted that further flux 
improvement is needed (>30 L.m-2.h-1) to lower investment costs down to an economically 
acceptable level for FO-RO hybrids to become beneficial, comparatively to standalone 
seawater RO.  

xi 
Table of content 
ACKNOWLEDGEMENTS ........................................................................................................................ VI 
ABSTRACT ............................................................................................................................................ IX 
TABLE OF CONTENT .............................................................................................................................. XI 
LIST OF PUBLICATIONS AND PRESENTATIONS ..................................................................................... XV 
JOURNAL ARTICLES................................................................................................................................. XV 
PEER REVIEWED CONFERENCE ARTICLES: ..................................................................................................... XVI 
OTHER CONFERENCE PRESENTATIONS: ....................................................................................................... XVI 
BOOK CHAPTERS .................................................................................................................................. XIX 
PATENT ............................................................................................................................................. XIX 
LIST OF FIGURES .................................................................................................................................. XX 
LIST OF TABLES .................................................................................................................................. XXV 
LIST OF ABBREVIATIONS.................................................................................................................. XXVII 
NOMENCLATURE .............................................................................................................................. XXIX 
 : INTRODUCTION ................................................................................................................. 1 CHAPTER 1
1.1 WATER SCARCITY: NEED FOR ALTERNATIVE WATER RESOURCES AND MANAGEMENT ........................................... 2 
1.2 THE EMERGENCE OF FORWARD OSMOSIS (FO) ......................................................................................... 3 
1.3 OPPORTUNITIES AND LIMITATIONS OF THE FO-RO HYBRID .......................................................................... 4 
1.4 THE CONCEPT OF PRESSURE ASSISTED FORWARD OSMOSIS (PAO) ................................................................. 4 
1.5 THE FOCUS OF THIS THESIS .................................................................................................................. 5 
 : EFFICIENTLY COMBINING WATER REUSE AND DESALINATION THROUGH FO-RO HYBRID: CHAPTER 2
OPPORTUNITIES AND CHALLENGES TO IMPROVE FO PERMEATION FLUX ............................................. 9 
2.1 STATE OF THE ART OF DESALINATION AND WATER REUSE SCHEMES................................................................10 
2.2 COMBINING DESALINATION AND WATER REUSE THROUGH FO-RO HYBRID SCHEME ..........................................12 
2.2.1 Finding the right spot ...........................................................................................................13 
2.2.2 The potential role of osmotic processes ................................................................................13 
2.2.3 FO-RO hybrid scheme ...........................................................................................................15 
2.3 OPPORTUNITIES TO IMPROVE PERMEATION FLUX IN FO IN THE CONTEXT OF FO-RO HYBRID ...............................16 
2.3.1 Theoretical background .......................................................................................................16 
2.3.2 Membrane development ......................................................................................................20 
2.3.3 The potential of pressure assisted osmosis ...........................................................................23 
2.4 CHALLENGES ASSOCIATED WITH IMPROVING FLUX IN FO ............................................................................24 
xii 
2.4.1 Fouling and cleaning ........................................................................................................... 24 
2.4.2 Assuring high rejection of trace organics contaminants ........................................................ 27 
2.4.3 Module design ..................................................................................................................... 28 
2.4.4 Economics ........................................................................................................................... 31 
2.5 CONCLUDING REMARKS .................................................................................................................... 33 
 : MATERIAL AND METHODS............................................................................................... 35 CHAPTER 3
3.1 MEMBRANE CHARACTERISATION ......................................................................................................... 36 
3.1.1 Membrane samples ............................................................................................................. 36 
3.1.2 Water and salt permeabilities .............................................................................................. 36 
3.1.3 Scanning electron microscope analysis................................................................................. 38 
3.1.4 Zeta potential ...................................................................................................................... 38 
3.1.5 Atomic force microscope analysis ........................................................................................ 39 
3.1.6 Contact angle ...................................................................................................................... 39 
3.2 FO AND PAO EVALUATION TESTS ........................................................................................................ 39 
3.2.1 PAO filtration set up ............................................................................................................ 39 
3.2.2 Water permeation and pressure efficiency ........................................................................... 41 
3.2.3 Solute diffusion ................................................................................................................... 42 
3.2.4 Salt transport in PAO-NF ...................................................................................................... 43 
3.2.5 Rejection of TrOC ................................................................................................................. 45 
3.2.6 Fouling and cleaning ........................................................................................................... 47 
 : VALIDATION OF PAO - IMPACT OF HYDRAULIC PRESSURE ............................................... 53 CHAPTER 4
4.1 INITIAL ASSESSMENT OF PAO ............................................................................................................. 54 
4.2 IMPACT OF HYDRAULIC PRESSURE ON MEMBRANE PROPERTIES .................................................................... 55 
4.2.1 Determination of pure water and solute permeability .......................................................... 55 
4.2.2 Assessment of pressure impact on membrane structure ....................................................... 59 
4.2.3 A and B measurement methodology .................................................................................... 62 
4.3 HYDRAULIC PERFORMANCE OF PAO .................................................................................................... 64 
4.3.1 Validation of performance indicators ................................................................................... 64 
4.3.2 Water permeability in PAO .................................................................................................. 65 
4.3.3 Solute diffusion ................................................................................................................... 69 
4.4 CONCLUDING REMARKS .................................................................................................................... 70 
 : IMPACT OF HYDRAULIC PRESSURE ON MEMBRANE DEFORMATION AND TRACE ORGANIC CHAPTER 5
CONTAMINANTS REJECTION BY PAO ................................................................................................... 73 
5.1 MEMBRANE CHARACTERIZATION ......................................................................................................... 74 
5.2 WATER AND SALT PERMEABILITY IN FO AND PAO OPERATION .................................................................... 76 
5.3 MEMBRANE COMPACTION AND DEFORMATION ....................................................................................... 77 
xiii 
 
5.4 TRACE ORGANIC CONTAMINANT REJECTION ............................................................................................82 
5.4.1 Impact of membrane type on TrOC rejection in FO mode ......................................................82 
5.4.2 Impact of hydraulic pressure on TrOC rejection .....................................................................85 
5.5 CONCLUDING REMARKS .....................................................................................................................88 
 : PRESSURE ASSISTED OSMOSIS USING NANOFILTRATION MEMBRANES (PAO-NF) - CHAPTER 6
TOWARDS HIGHER EFFICIENCY OSMOTIC PROCESSES ..........................................................................91 
6.1 MEMBRANE CHARACTERIZATION .........................................................................................................92 
6.2 INITIAL ASSESSMENT OF PAO-NF PERFORMANCE ....................................................................................93 
6.2.1 Impact of hydraulic pressure on water flux ...........................................................................93 
6.2.2 Impact of membrane orientation..........................................................................................95 
6.3 IMPACT OF NF MEMBRANE TYPE..........................................................................................................96 
6.3.1 Water and salt fluxes with DI water as feed ..........................................................................96 
6.3.2 Water and salt fluxes with salt in the feed solution ...............................................................98 
6.4 RELATIVE IMPACT OF HYDRAULIC AND OSMOTIC DRIVING FORCES ON PAO-NF PERFORMANCE .......................... 101 
6.4.1 Hydraulic pressure ............................................................................................................. 101 
6.4.2 Osmotic pressure ............................................................................................................... 103 
6.4.3 Water and solute fluxes modelling ..................................................................................... 104 
6.5 CONCLUDING REMARKS ................................................................................................................... 108 
 : ASSESSMENT OF FOULING BEHAVIOUR IN PAO OPERATION AND DEVELOPMENT OF CHAPTER 7
ADAPTED CLEANING STRATEGY ......................................................................................................... 111 
7.1 IMPACT OF DRIVING FORCES ON FOULING BEHAVIOUR ............................................................................. 112 
7.1.1 Impact of osmotic pressure ................................................................................................ 112 
7.1.2 Impact of hydraulic pressure .............................................................................................. 114 
7.2 IMPACT OF MEMBRANE ORIENTATION ON FOULING BEHAVIOUR ................................................................. 118 
7.3 MEMBRANE CLEANING BY OSMOTIC BACKWASH .................................................................................... 120 
7.3.1 AL-FS orientation ............................................................................................................... 120 
7.3.2 AL-DS orientation ............................................................................................................... 122 
7.4 FOULING-CLEANING MECHANISMS AND OPTIMUM OPERATION .................................................................. 124 
7.5 CONCLUDING REMARKS ................................................................................................................... 127 
 : OPERATING FO WITH HIGH PERMEABILITY MEMBRANES: IMPACT ON FOULING ........... 129 CHAPTER 8
8.1 MEMBRANE CHARACTERISTICS .......................................................................................................... 130 
8.2 INITIAL FOULING TESTS .................................................................................................................... 130 
8.3 IMPACT OF MEMBRANE SURFACE PROPERTIES........................................................................................ 132 
8.4 IMPACT OF INITIAL FLUX ON FOULING .................................................................................................. 133 
8.5 CLEANING STRATEGIES .................................................................................................................... 137 
8.6 CONCLUDING REMARKS ................................................................................................................... 138 
xiv 
 : OPPORTUNITIES TO REACH ECONOMIC SUSTAINABILITY IN FO-RO HYBRID FOR CHAPTER 9
SEAWATER DESALINATION ................................................................................................................ 141 
9.1 ECONOMICS OF FO IN SEAWATER DESALINATION ................................................................................... 142 
9.1.1 FO integration in RO desalination schemes ........................................................................ 142 
9.1.2 FO-RO hybrid costs –scenario analysis ............................................................................... 144 
9.1.3 Importance of permeation flux .......................................................................................... 149 
9.2 FLUX MODELLING .......................................................................................................................... 150 
9.2.1 Theoretical background ..................................................................................................... 150 
9.2.2 Operating conditions ......................................................................................................... 150 
9.3 CURRENT FLUX AND POTENTIAL FOR IMPROVEMENT ............................................................................... 151 
9.3.1 Current membrane performance ....................................................................................... 151 
9.3.2 Improving membrane properties ....................................................................................... 153 
9.3.3 Implementing hydraulic pressure as additional driving force .............................................. 155 
9.4 CONCLUDING REMARKS .................................................................................................................. 158 
 : GENERAL CONCLUSIONS AND RECOMMENDATIONS ................................................... 161 CHAPTER 10
10.1 FLUX IMPROVEMENT .................................................................................................................... 162 
10.2 MEMBRANE DEFORMATION ........................................................................................................... 163 
10.3 FOULING ................................................................................................................................... 163 
10.4 TRACE ORGANIC CONTAMINANTS .................................................................................................... 164 
10.5 ECONOMICS ............................................................................................................................... 164 
10.6 RECOMMENDATIONS FOR FUTURE WORK ........................................................................................... 164 
REFERENCES ...................................................................................................................................... 167 
APPENDICES ...................................................................................................................................... 179 
CURRICULUM VITAE .......................................................................................................................... 187 
xv 
 
List of publications and presentations 
Journal articles 
Published articles 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Pressure enhanced fouling and adapted anti-fouling 
strategy in pressure assisted osmosis (PAO) (2015), Journal of Membrane Science, volume 493, 
pages 557-667. 
 
Blandin, G., Verliefde, A.R.D., Tang, C.Y., Le-Clech, P. Opportunities to reach economic 
sustainability in forward osmosis-reverse osmosis hybrids for seawater desalination (2015), 
Desalination, volume 363, pages 26-36. 
 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Pressure-assisted osmosis (PAO)–RO hybrid: impact 
of hydraulic pressure on fouling and economics (2014). Desalination and Water Treatment, 
DOI: 10.1080/19443994.2014.959740. 
 
Blandin, G., Verliefde, A.R.D., Tang, C.Y., Childress, A.E., Le-Clech, P. Validation of assisted 
forward osmosis (AFO) process: impact of hydraulic pressure (2013) Journal of Membrane 
Science, volume 447, pages 1-11. 
Submitted articles 
Myat, D.T., Blandin, G., Verliefde, A.R.D., Le-Clech, P. Pressure assisted osmosis using 
nanofiltration membranes (PAO-NF): towards higher efficiency osmotic processes, Submitted 
(January 2015) to Journal of Membrane Science. 
 
Blandin, G., Vervoort, H., Le-Clech, P, Verliefde, A.R.D. Improving flux with high permeability 
forward osmosis membranes: Impact on fouling, Submitted (June 2015) to Journal of Water 
Process Engineering . 
 
Blandin, G., Vervoort, H., D’Haese, A., Schoutteten, K., Vanden Bussche, J., Vanhaecke, L., 
Myat, D.T., Le-Clech, P, Verliefde, A.R.D. Impact of hydraulic pressure on membrane 
xvi 
deformation and trace organic contaminants rejection by pressure assisted osmosis (PAO), 
Submitted (October 2015) to Journal of Process Safety and Environmental Protection. 
Peer reviewed conference articles: 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Energy modelling of assisted forward osmosis (AFO)/ 
reverse osmosis (RO) hybrid system: impact of pressure and temperature, IDA WC2013, 
Tianjin, China, 20-25th October 2013. 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Pressure assisted osmosis (PAO)-RO hybrid: impact 
of hydraulic pressure on fouling and economics, EDS 2014, Limassol, Cyprus, 11-15th May 2014 
Blandin, G., Vervoort, H., Verliefde, A.R.D., Le-Clech, P. Is forward osmosis really a low fouling 
process? IDA WC2015, San Diego, CA, U.S.A., 30th August-4th September 2015. 
Other conference presentations: 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Practical considerations for the scalability of pressure 
assisted osmosis systems, IFOA, Vancouver, Canada, 24-25th September 2015 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Pilot scale assessment of pressure assisted osmosis 
(PAO) for combined desalination and water reuse, IWA Resource recovery conference, Ghent, 
Belgium, 30th August-2nd September 2015 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Opportunities and challenges to combine water 
recycling and desalination using forward osmosis, Euromembrane 2015, Aachen, Germany, 6-
10th September 2015 
Blandin, G., Vervoort, H., Schoutteten, K., Le-Clech, P., Verliefde, A.R.D. Improving trace 
organic contaminant rejection using novel forward osmosis membranes, 2nd international 
conference on desalination using membrane technology, Singapore, 26-29th July 2015 
xvii 
 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Opportunities and challenges for forward osmosis 
(FO) and pressure assisted osmosis (PAO) to combine water reuse and desalination, Webinar 
D&WR, 30th June 2015 
 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Pressure assisted forward osmosis (PAO) for energy 
savings in desalination, advances in forward osmosis workshop, Sydney, Australia, 18th June 
2015 
 
Blandin, G., Vervoort, H., Verliefde, A.R.D., Le-Clech, P. Respective impacts of flux and 
hydraulic pressure on membrane fouling in forward osmosis and pressure assisted osmosis 
processes, 4th MSA Early Career Researcher Symposium 2014, Geelong, Australia, 19th-21st 
November 2014 
 
Blandin, G., Vervoort, H., Verliefde, A.R.D., Le-Clech, P. Critical evaluation of Pressure assisted 
Osmosis (PAO), IFOA, Lisbon, Portugal, 18-19th September 2014 
 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Impact of hydraulic pressure on membrane fouling in 
osmotic driven processes (FO/PAO) and adapted cleaning strategies, ICOM, Suzhou, China 20-
25th July 2014 
 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. PAO process evaluation: impact of hydraulic pressure 
on water flux, fouling and economic sustainability, IFOS, Shanghai, China, 19th July 2014 
 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Pressure assisted osmosis (PAO)-RO hybrid: impact 
of hydraulic pressure on fouling and economics, EDS 2014, Limassol, Cyprus, 11-15th May 2014 
 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Impact of feed pressurization on membrane 
deformation and performances of forward osmosis, IMSTEC 2013, Melbourne, Australia, 25-
29th November 2013 
 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Energy modeling of assisted forward osmosis (AFO)/ 
reverse osmosis (RO) hybrid system: impact of pressure and temperature, IDA WC2013, 
Tianjin, China, 20-25th October 2013 
 
xviii 
Blandin, G., Derese, S., Verliefde, A.R.D., Le-Clech, P. Assisted forward osmosis: Assessment of 
optimum configuration for water and energy recovery, YWP BENELUX 2013, Luxembourg, 2-4th 
October 2013 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. How to tackle current limitations of forward 
osmosis?, EWM2013, Oleron, France,  4-7th September 2013 
Blandin, G., Verliefde, A.R.D., Tang, C.Y., Childress, A.E., Le-Clech, P. On the potential of 
pressurising the feed of your forward osmosis process, IWA MTC2013 Toronto, Canada, 26-29th 
August 2013 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Impact of additional hydraulic pressure on assisted 
forward osmosis system. 1st international conference on desalination using membrane 
technology, Sitges, Spain, 7-10th april 2013 
Blandin, G., Larronde-Larretche, M., Verliefde, A.R.D., Le-Clech, P. Initial assessment of assisted 
forward osmosis for energy savings in desalination. 3rd Early Career Researcher Membrane 
Symposium, Brisbane, Australia, 28-30th November 2012 
xix 
 
Book chapters 
Lee S., Le-Clech, P., Blandin, G., Chapter 19: Pressure-Assisted Osmosis (PAO) for Water 
Purification, in Shon, H.K., Phuntsho, S., Zhang, T.C., Surampalli, R.Y. (2014) Forward Osmosis: 
Fundamentals and Applications, American Society of Civil Engineers (ASCE), Virginia. USA, 
ISBN: 9780784414071. 2015 
Vanoppen, M., Blandin, G., Derese, S., Le-Clech, P., Post, J., Verliefde, A.R.D. Chapter 9: Salinity 
gradient power and desalination, in Cipollina, A & Micale, G. (c. 2016) Sustainable Energy from 
Salinity Gradients, London, Woodhead Publishing-Elsevier 
Patent 
Le-Clech, P., Blandin, G., PCT/AU2015/050172. A method and apparatus for liquid extraction 
(2015), Australia 
  
xx 
List of figures 
Figure 1-1: Schematic of combination of wastewater reuse and seawater desalination to 
support potable water needs. ................................................................................................... 3 
Figure 2-1: Examples of typical potable water reuse and desalination treatment trains .......... 12 
Figure 2-2: Illustration of water fluxes obtained (Jw) in osmotic processes as a function of 
hydraulic pressure applied (P) on the low salinity solution. ..................................................... 14 
Figure 2-3: Integration of FO in desalination process as FO-RO hybrid ..................................... 15 
Figure 2-4: Concentration polarisation in FO process for both membrane orientation, i.e. active 
layer facing feed solution (AL-FS) and active layer facing the draw solution (AL-DS) ................ 18 
Figure 2-5: Illustrations of flat-sheet membranes arranged in (a) spiral wound and (b) plate and 
frame modules design for FO. ................................................................................................. 29 
Figure 3-1: Schematic representation of the PAO filtration rig................................................. 40 
Figure 3-2: Schematic of salt transports in PAO-NF process ..................................................... 44 
Figure 4-1: Water permeation flux (Jw) evolution over time for 0, 1 and 2 bar applied hydraulic 
pressure on the feed (AL-FS membrane orientation, DI water as feed, 35g.L-1 RSS as draw, CFV 
0.1m.s-1). ................................................................................................................................ 54 
Figure 4-2: Pure water permeability (a) and solute permeability (b) in function of the applied 
hydraulic pressure on the feed for two different membrane supports with RO setup (AL-FS 
membrane orientation, CFV 0.1 m.s-1)..................................................................................... 56 
Figure 4-3: From left to right, membrane after RO setup water permeability test at 6 bar with 
feed spacer, and frit support respectively ............................................................................... 59 
Figure 4-4: SEM photography of active (a) and support (b) layer of HTI membrane after 
pressurisation at 6 bar without RO setup and using feed spacer support. ............................... 60 
Figure 4-5: Pure water permeability against the applied hydraulic pressure on the feed with 
feed spacer support in RO setup with increasing and decreasing pressure gradient and after 
one night relaxation (DI water as feed and draw, CFV 0.1 m.s-1). ............................................. 61 
Figure 4-6: Relative direct and indirect (due to membrane deformation) contributions of 
osmotic and hydraulic pressure to the initial permeation flux for two different membrane 
orientations AL-FS (a) and AL-DS (b), calculation for DI water as feed solution and seawater 35 
g.L-1 as draw. ........................................................................................................................... 67 
Figure 4-7: Evolution of experimental and modelled permeation flux as function of the applied 
hydraulic pressure on the feed for two different membrane orientations AL-FS (a) and AL-DS 
(b), (DI as feed, 35g.L-1 RSS as draw, CFV 0.1 m.s-1). ................................................................. 68 
xxi 
 
Figure 4-8: Evolution of experimental and modelled reverse salt diffusion (Js/Jw) as function of 
the applied hydraulic pressure on the feed for two different membrane orientations AL-FS (a) 
and AL-DS (b), (DI as feed, 35g.L-1 RSS as draw, CFV 0.1 m.s-1)..................................................69 
Figure 5-1: Zeta potential of tested membranes as function of pH using 1 mM KCl background 
electrolyte solution .................................................................................................................75 
Figure 5-2: Respective contribution of osmotic (π) and hydraulic (P) pressures to water 
permeation flux (Jw) and reverse salt diffusion (Js/Jw) observed for (a) HTI CTA, (b) HTI TFC, (c) 
Porifera FO, in FO and PAO mode (DI water as feed, 0.5M NaCl as draw, CFV=0.1m.s-1). .........76 
Figure 5-3: Comparison of experimental and simulated fluxes for HTI CTA and TFC and Porifera 
FO membranes in FO and PAO operation with both permeate and RO feed spacers as 
membrane support on the draw side ((DI water as feed, 0.5M NaCl as draw, CFV=0.1m.s-1). ...78 
Figure 5-4: (a) Digital photography of membrane active layer, SEM cross section at (b) x35 and 
(c) x500 magnification before and after compaction for HTI TFC and Porifera FO membranes. 80 
Figure 5-5: TrOC rejection with HTI CTA, HTI TFC and Porifera FO membranes operated in FO 
mode (0 bar, DI water +TrOC as feed, 0.5M NaCl as draw, CFV=0.1m.s-1). ................................82 
Figure 5-6: Rejection of neutral compounds by HTI CTA membrane as function of respectively 
(a) molecular weight (MW) and (b) hydrophobicity (Log D) .....................................................83 
Figure 5-7: Impact of hydraulic pressure and spacer type on TrOC rejection with HTI CTA (a), 
HTI TFC (b) and Porifera FO (c) membranes for FO (0 bar) and PAO operation (4 bar) with the 
permeate spacer and the RO feed spacer as membrane support on the draw side (DI water 
+TrOC as feed, 0.5M NaCl as draw, CFV=0.1m.s-1). ..................................................................86 
Figure 6-1: Water flux (Jw) of CTA FO and Dow90 NF membranes during FO and PAO 
experiments at 2 bar, using DI water and 35g.L-1 RSS as feed and draw solutions respectively.
 ...............................................................................................................................................93 
Figure 6-2: TST for CTA FO and Dow90 membranes during FO and PAO experiments at 2 bar (DI 
water as feed, 35 g.L-1 RSS as draw, CFV=0.1m.s-1). ..................................................................94 
Figure 6-3: Water flux (Jw) and TST during the PAO experiments performed for five different 
types of NF membranes at 2 bar hydraulic pressure (DI water as feed, 35 g.L-1 RSS as draw, 
CFV=0.1m.s-1) ..........................................................................................................................97 
Figure 6-4: Relationship between FST (g.L-1) and salt rejection (%) for all tested NF membranes 
in PAO mode (2 bar) and NF mode (2 bar), 1.2 g.L-1 RSS as feed, 35 g.L-1 RSSl as draw, 
CFV=0.1m.s-1. ........................................................................................................................100 
Figure 6-5: Relative impact of hydraulic and osmotic pressures on water flux performances of 
Dow90 for various applied hydraulic pressures (DI water as feed, 35 g.L-1 RSS as draw, 
xxii 
CFV=0.1m.s-1). Jw, Jw,p and Jw,π denoted as the overall, hydraulic-driven and osmosis-driven 
water fluxes respectively. ..................................................................................................... 101 
Figure 6-6: Water flux (Jw) of Dow90 NF membrane using draw concentration ranges from 0 to 
70 g.L-1 red sea salt solutions at a hydraulic pressure of 2 bar, (DI water as feed, CFV=0.1m.s-1).
 ............................................................................................................................................. 103 
Figure 6-7: Effect of structural parameter S on (a) water flux (Jw) and (b) Js/Jw in FO (0 bar) and 
PAO-NF process (2, 4 and 6 bar) for Dow90 membrane (1.2 g.L-1 RSS as feed, 35 g.L-1 RSS as 
draw, CFV=0.1m.s-1). ............................................................................................................. 105 
Figure 6-8: Effect of structural parameter S on (a) water flux (Jw) and (b) RST (Js/Jw) in PAO-NF 
process at the hydraulic pressure of 2 bar for a range of NF and FO membranes (1.2 g.L-1 RSS as 
feed, 35 g.L-1 RSS as draw, CFV=0.1m.s-1) .............................................................................. 107 
Figure 7-1: (a) Water flux (Jw), (b) final recovery (%) and permeated volume with batches in FO 
operation using 35 (FO35) and 70 g.L-1 RSS (FO70) as draw solution without high CFV cleaning 
in-between batches), and (c) NR5 (%) after 5 batches with and without high CFV cleaning in 
between batches, AL-FS orientation (fouling operation at CFV 0.1m.s-1, high CFV cleaning 
0.35m.s-1) ............................................................................................................................. 113 
Figure 7-2: (a) Water flux, (b) final recovery (%) and permeated volume with batches in FO 
operation using 70 g.L-1 RSS (FO70) as draw solution and 35 g.L-1 RSS draw solution and 4 bar 
hydraulic pressure (PAO) without high CFV cleaning in-between batches, and (c) NR5 (%) after 5 
batches with and without high CFV cleaning in between batches, AL-FS operation (fouling 
operation at CFV 0.1m.s-1, high CFV cleaning 0.35m.s-1). ....................................................... 115 
Figure 7-3: Digital pictures of foulant accumulation on membrane surface after the 1st, 3rd and 
5th batch of operation in (a) FO (FO70) and (b) PAO mode (AL-FS orientation, without high CFV 
cleaning in-between batches). .............................................................................................. 117 
Figure 7-4: Recovery variation over batches for AL-DS membrane orientation (a) and 
normalised recovery after 5 batches (NR5) for both membrane orientation (AL-FS and AL-DS) 
(b), for different driving force: FO35, FO70 and PAO, high CFV cleaning operated in-between 
batches. ................................................................................................................................ 118 
Figure 7-5: Digital photography of membrane surface after the 1st, 3rd and 5th batch of 
operation in FO35 (AL-DS orientation, with high CFV cleaning in-between batches). ............. 119 
Figure 7-6: (a) Normalised recovery after batch 5 (NR5), and after batch 6 (NR6) following 5 min 
operation of high CFV or 15min osmotic backwashing, for different driving forces (FO35, FO70 
and PAO) and (b) associated digital pictures, no high CFV cleaning in-between fouling batches.
 ............................................................................................................................................. 121 
xxiii 
 
Figure 7-7: Impact of (a) duration time (15 min, 1 h , 4 h) and (b) fouling tests driving force 
(FO35, FO70 and PAO) on osmotic backwash efficiency to clean the membrane support layer 
(AL-DS, after 5 fouling batches with intermediate high CFV cleaning) ....................................123 
Figure 7-8: Proposed fouling and cleaning mechanisms in PAO operation for AL-FS and AL-DS 
membrane orientations. .......................................................................................................124 
Figure 8-1: Comparison of (a) experimental permeation flux against recovery during the first 
batch of fouling and (b) modelled flux when no fouling occurs (CFV: 0.1m.s-1, AL-FS, SW as 
draw) ....................................................................................................................................131 
Figure 8-2: AFM images of (a) HTI CTA, (b) HTI TFC, (c) Porifera FO, (d) Porifera FOm 
membranes (scanned surface 10x10μm) ...............................................................................133 
Figure 8-3: (a) Initial permeation flux with successive fouling batches for tested commercial 
membranes and (b) impact on total resistance to filtration (CFV:0.1m.s-1, AL-FS, foulant 
mixture as feed, 35g.L-1 RSS as draw, no cleaning strategy between batches) ........................134 
Figure 8-4: Impact of (a) draw concentration on initial flux and impact of initial flux for four 
draw concentration (FO10, FO15, FO35 and FO70 for 10, 15, 35 and 70g.L-1 of RSS respectively) 
(b) on fouling behaviour and on (c) resistance to filtration for Porifera FO membrane (CFV: 
0.1m.s-1, AL-FS, foulant mixture as feed) ...............................................................................135 
Figure 8-5: Impact of cleaning strategy to recover initial flux: (a) comparison of high CFV and 
osmotic backwashing with Porifera FO and FOm membranes, (b) impact of osmotic 
backwashing duration and CFV operation using Porifera FO membrane (after 5 batches of 
fouling at CFV: 0.1m.s-1, AL-FS, foulant mix as feed, 35g.L-1 RSS as draw, high CFV cleaning and 
flushing at 0.35m.s-1). ............................................................................................................137 
Figure 9-1: Block flow diagrams of baseline and FO-RO scenario with recovery (R%) for each 
process. All flow values are in m3.h-1. ....................................................................................143 
Figure 9-2: RO energy consumption considering different scenario of FO-RO hybrid 
implementations using ROSA software: (a) operating at constant RO feed flow or increasing 
the RO feed flow with the amount of water permeated in FO stage, (b) operating at 50% FO 
recovery and constant RO feed flow but increasing RO recovery. FO operating as similar feed 
and draw solutions flows, FO recovery defined as % feed permeating through the draw. RO 
feed salinity was calculated using initial seawater salinity of 35g.L-1 of red sea salt and adjusted 
based on the dilution occurring in the FO step depending on FO recovery.............................143 
Figure 9-3: CAPEX savings (in %) of FO-RO hybrid vs. RO with permeation flux depending on the 
surface dependence of the capex (for FO/RO capex ratio=1) (a) and the FO/RO CAPEX ratio (for 
75% surface dependence) (b) ................................................................................................146 
xxiv 
Figure 9-4: Impact of energy costs on the overall savings of FO-RO hybrid vs. RO (CAPEX FO 
assumptions: 75% flux dependent, FO/RO ratio=1; similar OPEX for FO and RO) ................... 148 
Figure 9-5: Impact of OPEX savings hypotheses of FO-RO hybrid on the overall savings of FO-RO 
hybrid vs. RO for energy cost of 0.1 $.kWh-1 (a) and 0.15 $kWh-1 (b) (CAPEX FO assumptions: 
75% flux dependent, FO/RO ratio=1) .................................................................................... 149 
Figure 9-6: Respective and combined impact of (a) water and solute permeability (A and B) and 
(b) structural parameter (S) on initial permeation flux (J0) (using the WW-SW model). .......... 154 
Figure 9-7: Impact of pure water permeability, structural parameter, osmotic and hydraulic 
pressure applied on the feed side on the permeation flux for FO-RO hybrid process ............. 156 
Figure 9-8: Impact of applied hydraulic pressure on (a) recovery and associated filtration 
surface area needed and (b) FO/PAO costs per m3 of permeate (HTI CTA membrane 
characteristics, with deformation, WW-SW system, CAPEX FO assumptions: 75% flux 
dependent, FO/RO ratio=1)................................................................................................... 158 
xxv 
 
List of Tables 
Table 2-1: Development (as of July 2015) and performances of FO commercial membranes 
(performances from the literature with deionised water (DI) as feed and active layer facing 
feed solution (AL-FS) membrane orientation. ..........................................................................22 
Table 2-2: Reported module configurations and operating parameters for HTI modules .........30 
Table 3-1: Composition (in mg.L-1) of Red Sea salts prepared at 35g.L-1 ....................................41 
Table 3-2:  Characteristics of tested TrOC (Log D at pH 7.4 predicted from ACD Labs) ..............45 
Table 4-1: Solute and water permeation performances as function of membrane support and 
applied hydraulic pressure. .....................................................................................................57 
Table 4-2: Comparative results of pure water permeability (L.m-2.h-1.bar-1) in RO and PAO 
modes with feed spacer on both membrane sides (DI water, CFV 0.1 m.s-1). ...........................58 
Table 4-3: Reported pure water and solute permeability of HTI CTA membrane and operating 
conditions for measurement (*: Not reported, **: estimated values) ......................................62 
Table 4-4: Permeation flux, osmotic pressure difference, apparent FO water permeability and 
concentration polarisation coefficient evolution for PAO test (membrane orientation AL-FS, 
ΔP=1 bar, DI as feed, 35 g.L-1 RSS as draw, CFV 0.1 m.s-1). ........................................................64 
Table 4-5: Impact of hydraulic pressure on AFOapp and concentration polarisation coefficient 
σCP for 2 membrane orientations (DI as feed, 35g.L
-1 RSS as draw, CFV 0.1 m.s-1). ....................65 
Table 5-1: Water (A) and solute (B) permeability to NaCl as function of pressure and membrane 
support for three tested commercial membranes (RO mode) and structural parameter defined 
in FO mode .............................................................................................................................74 
Table 5-2: Impact of compaction and relaxation on water flux (Jw), reverse salt diffusion (Js/Jw) 
in FO mode (DI water as feed 0.5M NaCl as draw) and membrane thickness (t) for HTI TFC and 
Porifera FO membranes. .........................................................................................................81 
Table 6-1: Detailed characteristics of both NF and FO membranes used in this study ..............92 
Table 6-2: Water flux (Jw) performance and TST (g.L
-1) for CTA FO and Dow90 membranes 
during PAO experiments at 2 bar in both AL-FS and AL-DS configurations ...............................95 
Table 6-3: Water fluxes at 10 and 50% recovery (Jw10 and Jw50) and TST for the FO and five NF 
membranes using 1.2 and 35 g.L-1 of RSS as feed and draw solutions in PAO – 2 bar mode......98 
Table 7-1: Comparison of average permeation flux (Jav) and operational permeation flux (JOP) 
obtained from different FO/PAO modes of operation, considering fouling behaviour and 
adapted cleaning strategies...................................................................................................125 
Table 8-1: Membrane characteristics ....................................................................................130 
xxvi 
Table 8-2: Membranes active layer surface properties .......................................................... 132 
Table 9-1: Model boundaries and HTI CTA characteristics and experimental conditions used in 
Chapter 4. ............................................................................................................................. 151 
Table 9-2: Reported membrane characteristics and initial permeation flux (Jlit), compared with 
flux values obtained with solution diffusion model obtained using initial study conditions (Jmod) 
and conditions used in this study (Jmod WW-SW) ................................................................... 152 
xxvii 
 
List of abbreviations 
 
AFM  Atomic Force Microscope 
AL-FS  Active layer facing the feed solution 
AL-DS  Active layer facing the draw solution 
CAPEX  Capital expenditure 
CECP  Cake enhanced concentration polarization 
 CFV  Cross-flow velocity 
CNT  Carbon nanotubes 
CP  Concentration polarization 
CS  Corrugated spacer 
CTA  Cellulose tri acetate 
DI  Deionised 
ECP  External concentration polarization 
ED  Electro dialysis 
EDR  Electro dialysis reversal 
ICP  Internal concentration polarization 
IPR  Indirect potable water reuse 
FO  Forward osmosis 
FS  Fine spacer 
FST   Forward salt transport 
HF  Hollow fiber 
HTI  Hydration Technologies Innovations 
LbL  Layer-by-layer 
MD  Membrane distillation 
MED  Multi effect distillation 
MF  Microfiltration 
MS  Medium spacer 
MSF  Multi-stage flash distillation 
MW  Molecular weight 
NF  Nanofiltration 
OPEX  Operational expenditure 
PAO  Pressure assisted osmosis 
xxviii 
PRO Pressure retarded osmosis 
RO Reverse osmosis 
RSD Reverse salt diffusion 
RSS Red Sea seawater salts 
RST Reverse salt transport 
SEM Scanning electron microscope 
SPE Solid phase extraction 
SW Seawater 
TFC Thin film composite 
TrOC Trace organic contaminants 
TST Total salt transport 
UF Ultrafiltration 
WW Wastewater 
xxix 
 
Nomenclature 
 
A  Pure water permeability      L.m-2.h-1.bar-1 
AFOapp   Apparent FO water permeability    L.m
-2.h-1.bar-1 
B  Membrane solute permeability     m.s-1 
C  Concentration       g.L-1 
Cf   Salt concentration in the feed solution    g.L
-1 
Cp   Salt concentration in permeate     g.L-1 
dh   Hydraulic diameter of the flow channel    m 
D   Diffusion coefficient of the solute     m2.s-1 
J  Permeation flux      L.m-2.h-1 
Js  Solute flux       g.m
-2.h-1 
Js/Jw   Reverse solute diffusion     g.L
-1 
Jw  Water permeation flux      L.m
-2.h-1 
k  Cross flow mass transfer coefficient    m.s-1 
K   Resistance to solute diffusion in support layer   s.m-1 
NR5  Normalised recovery indicator     % 
PF  Hydraulic pressure applied on the feed    bar 
PD   Hydraulic pressure applied on the draw    bar 
Q   Water flow entering the pump     m3 
R  Membrane rejection      % 
Ra  Membrane surface roughness     nm 
Rg  Universal gaz constant                 m
3.bar.K-1.mol-1 
Rm   Membrane resistance to filtration    m
-1 
Rt   Total resistance to filtration     m
-1 
RTrOC   Rejection of trace organic contaminants    % 
S  Structural parameter      m 
Sh   Sherwood number 
tc  Production time loss for CFV cleaning    h 
ts   Membrane support thickness      m 
tπ  Production time loss for osmotic cleaning   h 
T  Temperature       K 
V  Volume        L 
xxx 
Wpump  Pump power kWh 
β  Van’t hoff coefficient 
ΔP  Applied hydraulic pressure differential  bar 
Δπbulk  Osmotic pressure differential bar 
ε  Membrane support porosity of the support layer 
ζ  Zeta potential mV  
η   Pump efficiency % 
Θ  Contact angle ° 
μ  Newtonian dynamic viscosity s 
πD  Osmotic pressure in the draw solution bar 
πF  Osmotic pressure in the feed solution bar 
σ Staverman reflection coefficient 
σCP Lump concentration polarization coefficient 
τ  Membrane support tortuosity 


 : Introduction Chapter 1
2 
1.1 Water scarcity: need for alternative water 
resources and management 
With the world population ever increasing, water scarcity and resource depletion have become 
pressing problems. In 2015, 660 million people in the world lack access to clean and safe 
drinking water [1]. With fresh water resources being increasingly limited, depleted or 
contaminated, the use of alternative water resources such as (1) desalinated seawater and  
brackish water or (2) recycled wastewater for drinking water production are highly studied.  
In 2018, desalinated water (brackish and seawater) production is forecasted to exceed 36 
billion m3 worldwide [2]; the focus having shifted to seawater desalination, a seemingly 
endless source of clean water [3] which represent more than 60% of the installed capacity of 
desalination plants. The main well known process remains the reverse osmosis (RO) process 
which is today the state of the art in seawater desalination. Despite significant improvements 
since the first units in the 1980’s, seawater desalination remains energy intensive, affecting its 
overall costs (0.5-2 $.m-3 [3]) and limiting its broader application. Alternatively, water reuse is 
also considered; most of the water withdrawn for human activity being returned to the 
environment, this constitute a great source of water. Once again, the development of RO led 
to improvement of the treated water quality allowing the emergence of indirect potable water 
reuse. However, treatment of human and industrial water pollution is complex and costly 
(0.69-1.23 $.m-3 [4]) to assure safe water quality and faces inherent public perception issues.  
Ultimately, both seawater desalination and water reuse schemes require further improvement 
and more attractive economics to allow for broader development. Combining wastewater 
treatment and desalination schemes (Figure 1-1) is an attractive synergy to lower water intake 
costs, optimise energy efficiency and eventually combining water streams as already 
demonstrated in other co-sitting desalination plant [5]. 
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Figure 1-1: Schematic of combination of wastewater reuse and seawater desalination to support 
potable water needs. 
1.2 The emergence of forward osmosis (FO) 
Within the last decade, a growing interest has been observed on osmotic pressure-driven 
processes, also called engineered osmosis. The inaugural work by Loeb in the 1970’s remained 
relatively unexplored during three decades until new semi-permeable membranes dedicated 
to this application were developed and commercialised by Hydration Technologies Innovations 
(HTI). The two main osmosis processes considered until recently are defined as forward 
osmosis (FO) and pressure retarded osmosis (PRO).  In such systems, the difference of solute 
concentrations (also called osmotic pressure differential, ∆π) between two liquids separated 
by a selectively permeable membrane acts as the driving force, allowing the net movement of 
water through the membrane, while most of the solute molecules or ions are rejected [6]. As 
such, FO initially appeared very promising for extraction and purification of water at a low 
energy cost for a variety of applications such as food concentration, wastewater 
concentration, water reuse and seawater desalination [6]. As a result, intense research was 
conducted recently, as demonstrated by the exponential increase of publications in the last 
years [7]. Several reviews have been published since 2005 discussing the interests, principles 
as well as the limitations and challenges for future developments of FO process. [6, 8-10]. 
 Although FO on its own can be considered as a low energy process, the applications for which 
it can be used as a stand-alone process are limited. In fact, pure water extracted from the feed 
solution is only transferred to a more saline solution and, as such, rarely usable as is. A second 
step where water is extracted from the saline solution is thus required and could be energy 
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intensive. FO has been initially considered using an artificial draw solution with very high 
osmotic pressure (i.e. high driving force) [6] but the need to regenerate the artificial draw 
solution negatively affects the financial viability of many applications. Alternatively, operating 
schemes have been developed more recently to avoid the draw re-concentration step by 
combining existing streams and hybridising processes. 
1.3 Opportunities and limitations of the FO-RO 
hybrid 
Typically, the FO-RO hybrid process, already described by Cath et al. [11] is a promising 
method to combine water reuse and desalination. In this configuration, FO is considered as a 
pre-treatment step of RO, the seawater being diluted in a controlled manner by impaired 
water source. Thanks to the combination of water streams via FO it was found that both 
desalination and water reuse could be optimised [12]. On one hand, thanks to osmotic 
dilution, seawater RO could operate at lower pressure (allowing for lower energy use and 
reduction in fouling) or at higher recovery. On the other hand, such scheme constituted of two 
dense membranes (FO and RO) offer multi-barrier protection to allow increase consumer 
confidence in water reuse 
 However, water transport through the membrane is limited by a number of phenomena 
recently reviewed [13, 14]: external and internal concentration polarization (ECP and ICP), 
fouling, reverse salt diffusion (RSD). These phenomena are mainly due to the current design of 
the FO membranes. Despite a significant body of research work on the development of 
tailored-made membranes, until very recently, only few commercial membranes were 
available. The observed water flux was low, limiting FO commercial development. A new 
generation of membranes emerges on the market but still requires extensive assessment.  
1.4 The concept of pressure assisted forward 
osmosis (PAO) 
In this thesis, a new modus operandi is proposed for FO. The concept is called pressure 
assisted forward osmosis (PAO) [15], and relies on the fact that besides the osmotic pressure 
difference used in FO, extra hydraulic pressure is applied on the feed side to enhance the 
water permeation through the membrane. As such, by synergising the effects of hydraulic and 
osmotic pressures, PAO could improve FO fluxes (and thus process economics due to savings in 
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membrane surface requirements), irrespective of further improvements in FO by membrane 
development.  
1.5 The focus of this thesis 
The research reported in this thesis will consist in evaluating the interest of several new FO 
developments, with a main focus on PAO operation and also exploring the use of novel 
commercial membranes, for combined water reuse and desalination. To this end, the following 
research questions will be addressed: 
 How does hydraulic pressure impact water and salt transfer in FO? 
 Are FO membranes resistant to hydraulic pressure and what is the consequence if they 
are not? 
 How do flux and hydraulic pressure (separately) impact fouling behaviour? 
 Do novel membranes allow for significant improvement in FO/PAO separation 
performance? 
 What are the technical requirements for an FO-RO hybrid to be economically 
sustainable? 
The gaps in knowledge that will be addressed by answering these research questions is 
described in the next chapter (Chapter 2), which starts with a literature review on FO-RO 
hybrid combinations for combined water reuse and seawater desalination. Afterwards, 
chapter 3 focuses on the experimental methods, while chapters 4 to 9 focus on experimental 
results. Chapter 10 finishes with a final conclusion and discussion on the importance of the 
findings of this manuscript. This leads to the following outline for the thesis: 
Chapter 2: Efficiently combining water reuse and desalination through FO-RO hybrid: 
opportunities and challenges to improve FO permeation flux. 
In this literature review, the opportunities and current limitations to combine water reuse and 
desalination are discussed. In particular, by analysing existing work on FO, the interest in the 
FO-RO hybrid and challenges to overcome for full scale implementation of such scheme are 
described. 
Chapter 3: Material and methods 
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Chapter 3 describes how membrane samples were characterised, describes the setups used for 
membrane characterisation and water and salt mass transfer quantification, as well as the 
methods used for trace organics rejection and fouling evaluation. 
Chapter 4: Validation of PAO: impact of hydraulic pressure 
The fundamentals of PAO were first defined in this study using the state of the art cellulose 
triacetate (CTA) membrane from HTI. The impact of hydraulic pressure on FO membrane 
properties, as well as water and salt mass transfer in FO and PAO operations were analysed 
and compared to existing FO models. 
Chapter 5: Impact of hydraulic pressure on membrane deformation and trace organic 
contaminants rejection by PAO  
The initial outcomes from Chapter 4 were extended to second-generation commercial thin film 
composite (TFC) FO membranes, which potentially allow for significant flux improvements 
compared to the CTA benchmark. The impact of membrane separation characteristics and 
mechanical resistance on FO and PAO performances was further assessed in term of water and 
salt mass transfer, and also on trace organic contaminants rejection. 
Chapter 6: Pressure assisted osmosis using nanofiltration membranes (PAO-NF): towards 
higher efficiency osmotic processes 
With the aim to obtain more economically sustainable (and thus higher) fluxes, the use of 
commercially available nanofiltration (NF) membranes, which exhibit higher water 
permeabilities, was considered in this study under PAO operating conditions, as alternative to 
FO membranes. 
Chapter 7: Assessment of fouling behaviour in PAO operation and development of adapted 
cleaning strategy. 
 To further validate the PAO concept in the context of PAO-RO hybrid schemes where 
wastewater is used as feed solution, the impact of model foulants in the feed solution on the 
PAO process performance was evaluated. This chapter evaluates the impact of hydraulic 
pressure on fouling behaviour and proposes adapted cleaning strategies. The fouling 
behaviour on the draw (seawater) side is outside the scope of this thesis. 
Chapter 8: Operating FO with high permeability membranes: Impact on fouling 
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As an alternative to PAO, novel FO TFC membranes proved to be promising in improving flux in 
FO processes. This chapter investigates the respective impacts of higher fluxes and changing 
membrane surface properties on fouling behaviour; adapted cleaning strategies are also 
proposed.  
Chapter 9: Opportunities to reach economic sustainability in FO-RO hybrids for seawater 
desalination  
This chapter provides an extensive economic evaluation of FO-RO and PAO-RO hybrids, 
benchmarked against stand-alone RO systems for seawater desalination. After defining initial 
assumptions for FO economics, and using mass transfer modelling as described in Chapter 2, 
the need for flux improvement and the opportunity to reach economically sustainable flux 
with membrane developments and/or PAO was discussed.   
Chapter 10: General conclusions and recommendations 
Chapter 10 provides an overview of the main findings of this thesis and brings forward 
recommendations for future research and PAO process upscaling. 
 
  

 : Efficiently combining water Chapter 2
reuse and desalination through FO-RO 
hybrid: opportunities and challenges to 
improve FO permeation flux 
This chapter is adapted from: 
Blandin, G., Verliefde, A.R.D., Tang, C.Y., Le-Clech, P. Opportunities to reach economic 
sustainability in forward osmosis-reverse osmosis hybrids for seawater desalination (2015), 
Desalination, volume 363, pages 26-36. 
Vanoppen, M., Blandin, G., Derese, S., Le-Clech, P., Post, J., Verliefde, A.R.D. Chapter 9: Salinity 
gradient power and desalination, in Cipollina, A & Micale, G. (c. 2016) Sustainable Energy From 
Salinity Gradients, London, Woodhead Publishing-Elsevier 
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This chapter aims first at describing the potential of using the FO-RO hybrid in the overall 
context of alternative water resources, by discussing the advantages and current limitations to 
combine water reuse and desalination. After introducing the concept of FO and critically 
reviewing previous studies on FO, the key parameters and problems (mainly expressed as 
threshold values for some critical FO performance characteristics) to still overcome in order to 
consider full scale implementation of FO-RO hybrid systems will be discussed in detail. 
2.1  State of the art of desalination and water 
reuse schemes 
Diversification of water sources has been established as a key evolution in water management, 
especially in region facing water scarcity or droughts [16]. Current water management focuses 
on the importance of increasing both water reuse and seawater desalination capacity to solve 
issues of water shortage. In practice, to tackle potential limitations of naturally available water 
resources (i.e. ground water, surface water), seawater desalination and water reuse represent 
high potential as alternative water sources for drinking water production. Both respective 
schemes have already been implemented but their broader development remains limited due 
to both public perception and overall treatment costs/energy usage. In fact, public acceptance 
of alternative water scenarios was proven to be highly driven by the lack  of conventional 
water sources, i.e. occurrence of water shortage [17]. Improving both the public knowledge of 
water sources and the awareness of water scarcity are two axes to improve acceptance [18, 
19] but the broader implementation of alternative water schemes also requires technical
progress to ensure safe drinking water (high and constant level of pollutant rejection) at lower
current treatment costs. As such, improving the confidence in alternative water scenarios by
defining or developing appropriate processes for water treatment is also a key point where
membrane technologies is expected to play a great role [20]. 
In terms of seawater desalination, reverse osmosis (RO) is the fastest growing technique and 
has taken the leading position thanks to its lower water production costs compared to thermal 
desalination processes, i.e. multi-stage flash (MSF) and multi effect distillation (MED) [21]. The 
market gross of RO seawater desalination (SWRO) has been realised thanks to the important 
progress in reducing energy needs, from 10 kWh.m-3 in 1980 to less than for 4 kWh.m-3 
nowadays. Very modern large-scale plants even stated 2.2 kWh.m-3 specific energetic 
consumption and some pilot plants operate at 1.8 kWh.m-3 [3, 22]. Further improvements are 
still potentially possible, down to the thermodynamical limit of 1.06 kWh.m-3  for 50% recovery 
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[3]. Operational costs (OPEX) include energy and all other costs associated to maintenance, 
labour and the use of chemicals.  OPEX account for two third of the total desalination costs for 
full-scale plants with both energy and other operational costs accounting for about one third in 
average, the last  third being related to the capital cost (CAPEX).One should also keep in mind 
that an important part of the energy costs are due to pre- and post-treatment ([2], Figure 2-1). 
For example, energetic consumption of some pre-treatment options may represent more than 
1 kWh.m-3. The cost of desalination is evaluated in an average of 0.76 $.m-3, but typically falls 
within a wide range of 0.5-2 $.m-3 depending in particular on local energy cost [3]. As such 
desalination remains quite costly, limiting its broader usage. 
Alternatively, water reuse schemes could technically provide drinking water quality, but the 
main limitation in (potable) water reuse so far is to set best practices, policies and high control 
standards to increase public acceptance [23, 24]. Moreover, the presence of micro pollutants, 
that are not fully removed by conventional wastewater treatment installations [25, 26], 
requires specific attention. As such, indirect potable water (IPR) reuse which consists in 
blending an extensively treated wastewater with another source of fresh water, for example 
through re-injection in a dam before drinking water treatment, has been first considered. In 
that case, the dam acts as environmental buffer and the drinking water purification step 
provides a barrier to potential pollution. IPR  schemes are already in use in few places of the 
world [4] such as Singapore, Belgium, California and Australia. However, its implementation, in 
addition to costly wastewater treatment, may require extensive pumping costs back to the 
upstream dam affecting its economic viability [27]. Direct potable reuse implies the injection of 
extensively treated wastewater within the local drinking water supply. Such scheme requires 
an extended train of wastewater treatment but may avoid extensive piping and pumping costs 
[27]. To assure drinking water quality and to avoid health risk of such scheme especially with 
regards to organic contaminants and micro pollutants, the multiple barrier approach has been 
developed [28, 29]. Specific treatment towards micro pollutants removal or degradation were 
assessed and implemented: dense membrane technologies such as nanofiltration (NF) or RO 
[30, 31], advanced oxidation or adsorption on active carbon proved to be efficient treatments 
[30, 32, 33]. Typically, water reuse treatment trains consist of pursuing the purification of a 
secondary treated wastewater treatment plant effluent by passing through two sets of 
membrane processes (for example ultrafiltration (UF) and RO) and a disinfection step 
(ultraviolet, ozonation) as described in Figure 2-1 [4, 34]. As a result of such an extensive 
treatment train, direct potable water reuse remains as costly as desalination, with main case 
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studies and practical examples providing numbers in the range of 0.69-1.23 $.m-3 of water 
produced [4]. 
Figure 2-1: Examples of typical potable water reuse and desalination treatment trains 
In practice, desalinated seawater remains the main alternative source for drinking water, while 
water reuse is mainly dedicated to irrigation or industrial purposes and as such both streams 
are very distinct. Seawater desalination is therefore the first option for safe drinking water 
production but its energy consumption remains the main obstacle. Both potable water reuse 
and seawater desalination require investment in membrane trains; therefore there is an 
opportunity to combine both streams so to reduce costs of water production costs while 
assuring water safety and public acceptance. 
2.2   Combining desalination and water reuse 
through FO-RO hybrid scheme 
So far, both water reuse and desalination have been considered in water cycle management 
and drinking water production but only as very distinct streams. Implementation of a single 
scheme combining both concepts requires some prerequisites such as proximity of both 
streams and technical and economic justification. Those prerequisites, and thus the global 
potential of combined schemes will be discussed hereafter.  
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2.2.1 Finding the right spot 
With 40% of the world population living in urban coastal areas, these highly populated regions 
bring together many different water sources of different salinity levels (river water, 
wastewater, treated wastewater, seawater …). Due to water scarcity, both desalination and 
water reuse have a role to play to support the water demand and water balance in these 
regions [16].  Moreover, in densely populated coastal regions, wastewater treatment plant 
effluent and seawater intake points can be in a relatively close geographic area (Figure 1-1). 
Examples of the close proximity of separate water reclamation and desalination schemes 
already exist (i.e. Singapore, California, Australia) but so far they have not been combined yet. 
Applying the concept of co-sitting so to integrate wastewater treatment and desalination 
plants in one unit is probably the most likely economically. Such concept of co-sitting has 
already been proposed by implementing desalination close to an energy production source to 
lower water intake costs, optimise energy efficiency and eventually combining water streams 
[5]. This concept has been extended to hybrid systems, i.e. combined RO desalination process 
with multi-stage flash (MSF) distillation [35] or membrane distillation (MD) [36]. Such schemes 
will require long term planning in water management since desalination and wastewater 
treatment has to be integrated in one location, one unit. 
2.2.2 The potential role of osmotic processes 
Membrane processes can be classified by membrane type (dense/porous), removal 
mechanisms, driving force used and/or industrial application. Membrane types could be 
classified in two main categories: micro-porous and non-porous (or dense). Typically, in water-
related applications, the following membrane processes are considered: (1) micro-porous 
membranes used in hydraulic pressure-driven processes (i.e. microfiltration (MF)/UF) or in 
temperature-driven process (i.e. membrane distillation), (2) non-porous membranes used in 
hydraulic pressure-driven processes (i.e.RO/NF) osmotic pressure-driven processes (i.e. 
FO/PRO) and (3) electrically-driven membrane processes (i.e. electro dialysis (ED)/electro 
dialysis reversal (EDR)).   
In practice, considering the use of dense (non-porous) semi permeable membrane whereby 
water can pass the membrane, but salts are rejected; water flux is generally dependent on 
osmotic and hydraulic pressure. As such these processes can be classified as follows (Figure 
2-2):   
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Figure 2-2: Illustration of water fluxes obtained (Jw) in osmotic processes as a function of hydraulic 
pressure applied (P) on the low salinity solution. 
 RO: Hydraulic pressure is applied on a saline solution in order to overcome the osmotic 
pressure difference and to force the diffusion of water through the membrane, leading 
to the production of fresh water. In this case, osmotic and hydraulic driving forces are 
in opposition. 
 PRO: The osmotic pressure driving force is used to pressurise the high salinity stream,
but with a pressure lower than the osmotic pressure. This still allows water transport 
via osmosis to the high salinity stream, which thus increases in volume. As such,
energy can be obtained. To optimise the power density (energy production), an 
optimal hydraulic pressure of about half of the osmotic driving force is applied on the 
high salinity draw. 
 FO: The osmotic pressure differential is used to transport the water from the lower
concentrated stream (referred as feed solution) to the higher concentrated stream
(called the draw solution). The sole driving force is the osmotic pressure, no hydraulic
pressure is applied. 
 PAO: Moderate hydraulic pressure is applied on the low salinity feed side, and both
hydraulic and osmotic pressure act synergistically as driving force toward water flux
enhancement from the feed to the draw.
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2.2.3 FO-RO hybrid scheme 
The interest in the combination of WW and SW streams was only recently envisioned only 
thanks to the development in FO. Combining water reuse and SWRO has been referred to as 
FO-RO hybrid (Figure 2-3) [11, 37], and is typically of interest when (low salinity) impaired 
water is used as feed to dilute seawater (draw) in the FO step, so less energy is consumed in 
the subsequent RO step.  
 
Figure 2-3: Integration of FO in desalination process as FO-RO hybrid 
As a result of the seawater dilution, less energy (due to lower osmotic pressure of the feed) is 
required to produce fresh water in the subsequent RO step. The FO-RO hybrid, also called 
osmotic dilution [38] has to be distinguished from other FO concepts used for desalination. 
Those other concepts are mostly combining an FO process with a very high osmotic driving 
force using a closed loop draw solutions that has to be recovered by NF, RO or other processes 
currently under study [39-41], yet are out of the scope of this thesis. 
The first study on the FO-RO hybrid evaluated the implementation of FO as a pre-treatment 
step before RO, whereby the seawater, desalinated in the RO, is first pre-diluted in a 
controlled manner with impaired water in the FO step [11]. The authors demonstrated that 
such scheme could lead to four major benefits [12]: 
 lower energy use (due to lower operating pressure) for seawater desalination thanks 
to the osmotic dilution  
 beneficial reuse of wastewater, i.e. water recycling 
 Multi-barrier protection to increase consumer confidence in water recycling 
 Reduction in RO membrane fouling due to dilution of pollutant load and lower 
operating pressure. 
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A similar system with two FO units, on both pre and post treatment of RO, was considered by 
Bamaga et al. [37]. The second FO stage was used to dilute the RO brine with the impaired 
water (1) to further concentrate the wastewater stream and so facilitate its further treatment 
(for example via digestion) and (2) to dilute the brine before disposal to limit its environmental 
impact. Such double FO stage process presents some potential environmental benefits but 
economic and technical limitations were mentioned due to the low permeation flux observed. 
Ultimately, recommendations to focus on the first FO stage and optimisation of module design 
were given.  
Further work on lab-scale and pilot operation of FO-RO hybrid have both confirmed technical 
process feasibility, by showing lower fouling tendency in the FO, and claiming significant 
energy savings in comparison with current stand-alone RO seawater desalination [10, 12, 42]. 
However, the need for permeation flux improvement in FO is often mentioned to improve 
process economics [8, 10], and is a key driver for research (membrane development and FO 
process optimisation). 
2.3  Opportunities to improve permeation flux in 
FO in the context of FO-RO hybrid 
2.3.1 Theoretical background 
A membrane could be defined as a selective barrier between two phases; more specifically, 
the separation is possible thanks to the difference of each component to permeate through 
the membrane. In dense membrane process, transport of all components is mainly governed 
by the solution-diffusion mechanism. This mechanism closely follows Fick’s law, with the 
phenomenological coefficients being the diffusivity and the solubility of the component in the 
membrane [43]. The permeation flux (J) is directly connected to a driving force (dX/dx) and the 
phenomenological coefficient (A).  
dx
dXAJ  2-1
Adapted to osmotic and hydraulic pressure driven processes, the equation to calculate water 
flux becomes [8, 44]: 
 mW PAJ  2-2
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Where Jw is the water flux (L.m
-2.h-1), A is the membrane-specific pure water permeability (L.m-
2.h-1. bar-1), ΔP is the applied hydraulic pressure differential (bar) between the feed (PF) and the 
draw (or permeate for RO) (PD) and Δπm is the osmotic pressure differential (bar) between the 
feed (πDm) and the draw (πFm) across the active layer of the membrane. 
FO membranes are asymmetric, classically schematised as a dense active layer and a porous 
support layer. In addition to external concentration polarisation (ECP) observed in other dense 
membrane processes, reverse salt diffusion (RSD) and internal concentration polarisation (ICP) 
limits osmotic pressure efficiency ([14], Figure 2-4). These phenomena are dependant on the 
membrane orientation. Typically, when operating with the membrane active layer facing the 
draw solution (AL-DS), concentrative ICP occurs as (1) a consequence of solute from the feed 
penetrating into the membrane support layer and accumulating due to their slower diffusion 
than water and (2) RSD. When the membrane orientation with the active layer facing the feed 
solution (AL-FS) is used, dilutive ICP is observed on the draw side as a consequence of water 
flux permeating through the active layer. ECP can be limited by promoting turbulence (use of 
spacers, increase of flowrate), but ICP is a major concern. Reducing ICP requires membrane 
development (i.e. lowering the membrane structural parameter (S) of the support layer) and 
will be discussed in section 2.3.2. Operating in AL-DS limits ICP, allows for higher water flux and 
is commonly used in PRO operation. In FO operation, especially when wastewater is used as 
feed, AL-FS is preferred to avoid irreversible fouling in the support layer and has proven to be 
more efficient for long term operation [45, 46] despite higher ICP on the draw side [47]. 
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Figure 2-4: Concentration polarisation in FO process for both membrane orientation, i.e. active layer 
facing feed solution (AL-FS) and active layer facing the draw solution (AL-DS) 
Extended fundamental work was performed to model the impact of concentration polarisation 
on permeation flux through the use of the solution-diffusion model [44, 47, 48]. To account for 
ICP, ECP and RSD, a reflection coefficient can be introduced (σ) into Equation 1. This 
parameter refers to the ratio of the effective (Δπm) to the bulk (Δπbulk) osmotic pressure 
difference as written in Equation 2-3. 
 bulkW PAJ   . 2-3 
In AL-FS membrane orientation, the actual osmotic pressure at the membrane surface (πFm) is 
dependent on the permeation flux and, considering concentrative ECP, could be written as in 
Equation 2-4. 
k
J
FbulkFm
W
e  2-4 
With πFbulk the osmotic pressure of the feed solution and k the mass transfer coefficient in the 
feed channel, as defined in Equation 2-5. 
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hd
DShk .
 
2-5 
With Sh the Sherwood number, D the self-diffusion coefficient of the solute and dh the 
hydraulic parameter of the flow channel [13, 49, 50]. On the draw side, dilutive ICP occurs in 
the support layer of the membrane, decreasing the osmotic pressure at the active layer of the 
membrane: 
KJ
DbulkDm
we .   2-6 
With πDbulk the osmotic pressure of the draw solution and K the resistance to solute diffusion 
(s.m-1) defined as in Equation 2-7: 
D
S
D
t
K s 
 

 
2-7 
Where ts is the thickness (m), τ the tortuosity and ε the porosity of the support layer. These 
latter parameters are characteristics of the membrane, and the S factor in which they are 
combined is commonly referred to as the structural parameter [51]. By substituting Equations 
2-4 and 2-6 (accounting respectively for ECP and ICP) into 2-2, Equation 2-8 for the flux in FO, 
can be derived [52]: 



   DFk
J
Fbulk
KJ
DbulkW PPeeAJ
W
w  .
 
2-8 
Equation 2-8 expresses the flux in FO (with or without applied pressure), assuming that there is 
no RSD. As a result of RSD, a further reduction in osmotic driving force is observed. Following 
existing models [44], the impact of RSD on flux has been incorporated [53], and advanced 
solution-diffusion models considering ICP, ECP and RSD have been obtained [13]. In the case of 
PAO, accounting also for the RSD effect, results in Equation 2-9: 
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2-9 
With B the membrane-specific solute permeability. This model considers important limitations 
to the mass transfer in FO and PAO and the impact of intrinsic membrane characteristics (A, B 
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and S through K), in addition to the effect of hydrodynamics (k) and driving forces (ΔΠ and ΔP). 
Thus, through Equation 2-9, it is possible to assess which membrane and processes parameters 
need to be altered (independently) to improve the permeation flux.  
2.3.2 Membrane development 
Membrane characteristics, i.e. pure water and salt permeability of the rejection layer (A and B) 
and the structural parameter of the support layer (S), are key parameters impacting 
permeation flux, and the ideal membrane for FO applications should have a high water 
permeability and salt rejection (high A, low B), have minimal ICP (low S), and sufficient 
mechanical strength to support industrial operation and possibly moderate pressure [6]. A 
significant body of work has been performed in terms of FO membrane optimisation since the 
introduction in the 1990s of the first FO commercial membrane by HTI [8]. Two main strategies 
were considered: (1) developing dedicated membranes for FO or (2) adapting existing NF/RO 
membrane.  
The first strategy was by far the most studied and led to a tremendous amount of membrane 
developments. Recent reviews reported on numerous membrane developments that have 
been published since 2005 on both hollow fibre and flat sheet configurations [8, 9, 54]. Among 
them, new approaches have been used to develop TFC membranes which consist of a selective 
polyamide layer formed by interfacial polymerisation on top of a polysulfone porous 
substrates [55] , similar to NF/RO membranes. Thanks to more flexibility than CTA membranes  
in choosing active and support layer, TFC membranes with higher permeability and reduced 
ICP were synthesized, allowing for higher water fluxes [56]. The concept of TFC membranes 
has been extended to the synthesis of double skinned layer FO membranes [55], leading to 
lower ICP and fouling. Another approach for TFC membrane improvement was the 
development of hydrophilic support layer leading again to lower ICP and subsequent higher 
water flux but lower salt rejection [55]. The use of nanoparticles fibres as support layer to limit 
ICP is also a new way to improve TFC membranes [57]. Recent works mentioned also the layer-
by-layer approach (LbL) that allowed formulating tailor made membranes [58-61]. 
Alternatively, recent promising works were published on next generations of FO membranes 
using biomimetic FO membranes embedded with Aquaporin Z [62, 63], carbon nanotubes 
(CNT) [64, 65] and graphene [66].  
The second strategy consisted in adapting existing RO membranes. Those membranes exhibit 
high permeability and high salt rejection layer, adapted to FO,  but a thick porous hydrophobic 
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support layer [67] which is unnecessary and inadequate for FO due to the severe ICP occurring 
[68, 69]. Thus, membrane support layers were modified by removing the backing support layer 
[69] and improving wettability using polydopamine coating [70]. Water flux was increased by 
up to 10 times in comparison with the parent membrane when high osmotic driving force was 
used.  
The use of conventional NF membranes in FO applications was also proposed in 2007 [71]. 
Then, a number of studies [60, 61, 71-75] have considered the development of FO membranes 
with more porous active layers, similar to those found in NF membranes, to increase water 
permeability. However, even at extremely high osmotic pressures (i.e., using a draw solution of 
5 M MgCl2 with osmotic pressure of around 300 bar), the water flux obtained from the 
modified NF-FO membrane was not deemed high enough, also here mainly due to ICP. So far, 
the improved water flux performances with NF-like FO membranes have been only observed 
with divalent salts as the draw solutes, and the fabricated membranes were only tested on lab-
scale. Additionally, the RSD values reported for NF-like FO membranes are generally greater 
than 1 g.L-1 [60, 61, 74, 75]. As a result, the use of NF-like membranes in FO applications does 
not yet appear highly promising. 
Among all the above-mentioned membrane developments, water permeability enhancement 
by a factor more than 20 on lab-scale in comparison with existing commercial membranes was 
mentioned in literature; however, it is difficult to translate this linearly into higher fluxes in 
practice, as only a 6-fold increase in flux has been reached in FO operation using these 
membranes. Moreover, high permeation fluxes are often claimed in the lab, but the applied 
test conditions are usually different from industrial reality (i.e. pure water as feed and a high 
salinity draw [55, 76-79]), thus overestimating the practical values reachable on industrial 
scale. Standard test conditions have been proposed [80], but so far, most studies have been 
conducted using different conditions, such as type and concentration of draw and feed 
solutions, membrane orientations, type of spacers and cross-flow velocity (CFV). 
Overall, findings from academic research have been translated to the development and (pre-) 
commercialisation of FO membranes described hereafter in Table 2-1. It has to be noticed that 
HTI, which has been the main leader in FO membrane development and main provider to 
academic research is no longer capable to supply membranes due to financial issues [81]. 
Other membrane suppliers are not as advanced in commercialisation phase; information 
remains limited on their current state of development. 
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Based on information available (Table 2-1), it can be noticed that most of the development has 
focussed on TFC flat sheet membranes. Hollow fiber (HF) membranes are still in development 
phase, no information from Toyobo HF module is currently available. As for flat sheet 
membranes, both the TFC and the embedded approaches (CNT and aquaporin) were 
incorporated in commercial FO membrane development [82]. As a result, several companies 
(Porifera, Woongjin Chemicals, CSM-Toray, Oasys Water) claim water permeation fluxes of 
around 30L.m-2.h-1 when using 1M (NaCl, KCl) draw solution while keeping reverse salt 
diffusion below 1g.L-1. Such performances represent a significant improvement in comparison 
with HTI CTA reference and will surely help to develop FO applications.  
Table 2-1: Development (as of July 2015) and performances of FO commercial membranes 
(performances from the literature with deionised water (DI) as feed and active layer facing feed 
solution (AL-FS) membrane orientation. 
Company Type 
commercial 
name 
Status 
FO performance 
ref. Draw Jw Js/Jw 
  
L.m-
2.h-1 
g.L-1 
HTI flat-sheet CTA-NW commercial 
2M 
NaCl 
8.5 0.1 [83] 
HTI flat-sheet CTA-ES commercial 
1M 
NaCl 
10.1 0.5 [84] 
HTI flat-sheet TFC commercial 
1M 
NaCl 
10 0.8 [84] 
Oasys flat-sheet TFC 
pre-
commercial 
1M 
NaCl 
30 0.7 [84] 
Woongjin 
Chemicals 
flat-sheet TFC-1 development 
1M 
KCl 
16 1.3 [85] 
Woongjin 
Chemicals 
flat-sheet TFC-2 development 
1M 
KCl 
27.9 0.4 [86] 
Aquaporin flat-sheet AqP 
pre-
commercial 
1M 
NaCl 
9.5 
 
[87] 
CSM - Toray flat-sheet 
FO 
membrane 
commercial 
1M 
NaCl 
35.0 <0.5 [88] 
Porifera flat-sheet 
PFO 
elements 
commercial 
1M 
NaCl 
33.0 
0.2-
0.6 
[89] 
Samsung 
hollow 
fiber 
HFFO 
lumens 
development 
1M 
KCl 
9.3 0.6 [90] 
Toyobo 
hollow 
fiber  
commercial 
   
[82] 
 
However, the high fluxes mentioned are obtained (1) thanks to the use of a high salinity 
solution (1M NaCl) higher than that of seawater (eq. 0.5M NaCl), (2) for optimum conditions 
(DI water as feed, no salts no foulant) (3) without accounting for osmotic dilution naturally 
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occurring with FO recovery. As such, further work is required to define if those membranes 
could allow for sustainable operation of the FO-RO hybrid. Moreover, additional information 
needs to be collected concerning these membranes especially considering mechanical 
resistance, fouling behaviour and trace organic contaminants rejection.  
2.3.3 The potential of pressure assisted osmosis 
As described in Equation 2-2, the implementation of hydraulic pressure on the feed solution is 
expected to enhance water permeation flux thanks to the additional driving force. However, 
until very recently, the impact of hydraulic pressure has not been studied in FO system. The 
first study mentioning hydraulic pressure was presented in 2011 and already discussed the 
interest of pulsations and moderate hydraulic pressure to improve permeation flux [91].The 
same year another study, in the context of spiral wound module operation, already showed 
that hydraulic pressure, even if very moderate, is needed in FO system to allow water cross-
flow within the feed and draw channels [92]. In a very recent study, the effect of 
transmembrane hydraulic pressure in FO was further evaluated, assuming that FO industrial 
applications require pressurisation for water circulation within spiral wound modules [84]. 
However, the applied pressure (up to 3.4 bar) remained very low in comparison with the 
osmotic pressure driving force (45 bar) and therefore no clear impact on flux was observed for 
the three membrane tested. 
The implementation of hydraulic pressure in FO as a concept only appeared in 2012 and was 
initially named ‘’pressure assisted forward osmosis’’ [93], also later on called  ‘’assisted 
forward osmosis’’ and ‘’pressure assisted osmosis’’ (PAO) [94, 95] by several research groups. 
Initial research using HTI CTA membrane confirmed flux improvement as a result of PAO 
operation when compared to FO [93]. However, the water flux increment remained lower than 
expected by the additional driving force, attesting for enhanced ICP partly mitigating the 
beneficial use of hydraulic pressure [52]. Interestingly, and as a result of more intense ICP in 
PAO operation, RSD decreased, tackling a second limitation of current FO operation [95]. 
Comparative investigation of PAO in continuous and discontinuous mode also confirmed water 
flux improvement with hydraulic pressure but in this study salt flux also increased [94]. As 
such, controversial results exists both on water and solute fluxes with applied hydraulic 
pressure.  
Among existing studies, the impact of hydraulic pressure on FO membrane deformation has 
already been raised. Impact of hydraulic pressure has been reported for PRO, through 
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membrane deformation and compression on the spacer strands [96, 97].  This affected the 
performances of PRO leading to lower the permeation flux due to the combination of the 
shadow effect (i.e. loss of active surface due to rolling of membrane on the support layer 
strands) and narrowing and pressurisation of the feed channel. At higher hydraulic pressure 
(12.5 bar), cracks were even observed on the active layer [96]. In RO operation, overall  
compaction of the support layer [98] is a well-known phenomenon, leading to the decrease of 
the permeation flux [99, 100]. In PAO operation, the shadow effect has also been reported to 
explain limited flux increase when operating FO with active layer facing the draw solution (AL-
DS) membrane orientation [95]. The need for improved membrane support to limit membrane 
deformation and preserve its selectivity has also been raised in the context of discontinuous 
PAO operation [94]. 
As such, the potential interest of PAO in improving water permeation flux and limiting RSD is 
confirmed by the literature. However, studies remain so far mostly focused on HTI CTA 
membrane and lead to highly variable observations on both water and salt fluxes. Moreover, 
some initial statement on membrane deformation need to be systematically evaluated and 
expanded to other membranes (see chapter 4 and 5). 
2.4  Challenges associated with improving flux in 
FO 
2.4.1 Fouling and cleaning 
Studies on fouling in FO were only initiated in 2008, and since, the behaviour of several model 
foulants (humic acids, alginate, proteins, silicates) under different operating conditions has 
been extensively reported [42, 45, 101-109]. Significant fouling was observed when a 
combination of calcium and alginate was used as foulants [110, 111] or in presence of silica 
[103, 112]. Hereby,  foulant mixtures  generally  led to more severe flux decline due to so-
called synergistic mechanisms [110]. To limit fouling when wastewater is used as feed [47], the 
AL-FS membrane orientation was generally preferred to avoid irreversible fouling in the 
membrane support, and has proven to be more efficient for long term operation [45, 46]. It 
was generally observed that fouling in FO remains moderate and easily reversible, even when 
wastewater was used as feed [11]. Further study demonstrated the importance of RSD, and 
the cake enhanced concentration polarisation (CECP) model [113] has been suggested to 
explain predominant fouling mechanisms in FO. As a result of RSD, enhanced concentration 
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polarisation in the foulant cake on the feed side was observed, decreasing the net osmotic 
driving force and, as a result, the permeation flux [42]. However most FO fouling studies have 
so far been performed  in FO operation, i.e. without applied hydraulic pressure and using the 
CTA benchmark membrane from HTI, which demonstrated relatively low permeation flux [42, 
45, 102-109]. Thus, improving flux through PAO or high permeability membranes may impact 
the fouling behaviour. 
The impact of permeation flux on fouling behaviour has been well studied in many membrane 
processes [114]. Typically, operating at high flux leads to enhanced fouling (i.e. decreasing flux 
over time during constant pressure operation); thus, lower flux operation is generally 
recommended for sustainable long-term filtration. The concept of critical flux [115] has been 
widely used to study the impact of flux on fouling for membrane bioreactors [116], but also for 
other hydraulic pressure driven membrane processes such as RO [117, 118]. In FO systems, the 
concept of critical flux was revealed to play a role in more recent studies using HTI CTA 
membranes, with the support layer facing the foulant feed solution and under elevated 
osmotic driving force [14, 46]. However, it is still required to assess the consequences of  high 
FO flux operation on more challenging feed waters, and conditions such as expected in the FO-
RO hybrid system (AL-FS [45], and at moderate osmotic pressures). The impact of initial flux on 
fouling behaviour will be described in Chapter 8. 
The fouling behaviour during the application of moderate hydraulic pressure in PAO still 
remains a key parameter to study for industrial implementation. The use of very moderate 
hydraulic pressure (up to 0.8 bar) to induce fouling in the context of water extraction from 
sewage was suggested in literature, whereby a slight increase of water permeation was 
observed [119]. The impact of hydraulic pressure on fouling in RO has been reported as the 
formation of a thin but compact foulant layer, generally requiring chemical cleaning, but as a 
consequence of much higher pressure operation (31 bar) than expected in PAO [42, 54]. One 
recent study proposed PAO fouling mechanisms, by analogy with RO and FO fouling 
mechanisms, as to be a consequence of both hydraulic and osmotic driving forces, i.e. 
combination of fouling cake compaction and RSD respectively [120]. Unfortunately, 
comparative experiments conducted in FO, PAO and RO modes, using sodium alginate and 
humic acid as foulants, indicated very limited fouling in all cases. This was probably a 
consequence of the short duration of the experiments (i.e., 10 h ), not allowing for validation 
of the proposed mechanisms. Higher fouling propensity and lower fouling reversibility of 
combined organic–colloidal fouling (alginate and silica) have been also reported when 
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hydraulic pressure was applied. However, a relative  high pressure range  (from 7 up to 19 bar) 
was used, in comparison with typical pressures in PAO operation (<6bar) [121]. These previous 
studies confirmed the importance of the effect of hydraulic pressure, but did not allow for 
clear confirmation of fouling mechanisms in PAO (i.e. application of moderate hydraulic 
pressure) and on its reversibility. The impact of hydraulic pressure on fouling behaviour will be 
described in chapter 7. 
Tackling fouling is a key aspect in membrane processes and is usually achieved via a 
combination of fouling mitigation (i.e., membrane and module development and/or 
optimisation of hydrodynamic conditions) and adapted cleaning strategies [122]. TFC 
membranes developed for FO have proven to initially enhance water permeation, although 
their much rougher surface generally results in more fouling [123, 124]. Similar studies for NF 
and RO membranes already highlighted that such behaviour was connected to the polyamide-
based active layer of such TFC membrane [125, 126]. Few membrane developments have 
recently been dedicated to fouling mitigation. Double skinned membranes were synthetised to 
allow operation of FO membranes with the active layer facing the draw solution (resulting in 
lower internal concentration polarisation and thus higher intrinsic fluxes), and demonstrated 
much lower fouling propensity than single skin membranes [59, 127]. Membrane surface 
modification approaches using amine enriched, polyethylene-glycol enriched [59, 127, 128] 
and silver-titanium nanoparticles [129] also demonstrated significantly lower organic fouling 
behaviour. Promising results have been observed, but studies remain scarce and limited to lab-
scale and home-made membranes. 
With limited fouling observed so far in FO operation, cleaning strategies were mostly limited to 
simple physical methods to improve turbulence (i.e., high CFV, use of spacers or pulsed flow 
[102]), which proved to be sufficient to restore flux back to its original level after fouling. Air 
scouring and chemical cleaning were also investigated and provided positive results [130, 131], 
but these techniques remain more difficult to implement in practice. By analogy with hydraulic 
backwashing used for porous membranes, osmotic backwashing has been extensively studied 
in the RO literature for both seawater desalination and wastewater reuse systems [132-135]. 
Its efficiency is questionable for NF/RO membrane processes as these suffer from intense ICP 
and as such osmotic backwash flux is low. However, the technique appears more adapted to 
FO membranes that are tailored for osmotic pressure driving forces. The specific protocol of 
combining osmotic backwash - to loosen the fouling layer - followed by high CFV flushing to 
facilitate the removal of loosened fouling through hydrodynamics, has proved to be very 
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effective [134]. For FO, the exact impact of osmotic backwash appears to be still unclear: in 
some studies, a significant recovery of initial flux has been observed [136-138], while other 
work has mentioned  a very limited positive impact on the fouling removal  [130, 139]. 
However, recovery by osmotic backwashing alone seems limited, and there is a clear 
opportunity to assess the impact of this cleaning strategy when enhanced with additional 
forces, such as high CFV (see chapter 7 and 8). 
2.4.2 Assuring high rejection of trace organics 
contaminants 
Part of the challenge of the FO-RO hybrid is to validate its reliability in water reuse schemes, 
i.e. to ensure water safety. One of the major upcoming concerns related to water reuse is the 
presence of elements such as endocrine-disrupting chemicals, pharmaceutically active 
compounds, pesticides, or disinfection by-products in impaired water [140, 141]. These 
compounds, generally called trace organic contaminants (TrOC) due to their low 
concentrations (ng/L to μg/L level) could represent a human and environmental threat even at 
these trace concentrations [142]. As such, recent research was performed to evaluate the 
capability of FO to be an efficient barrier against TrOC, especially in association with RO (in FO-
RO hybrid process) [143] or MD [144]. Both studies confirmed the efficiency of such hybrid 
systems to remove TrOC, even if one should pay attention to TrOC concentration build-up in 
closed-loop FO configurations [142]. As such, any new development towards flux improvement 
in FO (novel membrane and PAO) should not be at the cost of lowering TrOC rejection. 
Studies previously performed on dense membrane, NF and RO, have established that TrOC 
rejection is driven by several mechanisms such as size exclusion, electrostatic interactions, and 
non-electrostatic affinity (often wrongly referred to as hydrophobic interactions or confused 
with adsorption) that are dependent on TrOC properties, membrane properties, the feed 
water matrix (e.g., presence of other organics and the ionic balance), but also membrane 
fouling [145-149]. More recent work has been carried out on TrOC rejection in FO and a review 
has been recently published summarising studies dedicated to the fate of TrOC in the FO 
process [150]. Among the 14 studies cited, it was observed that the FO process provides a 
robust barrier for most TrOCs, but several limitations of the current state-of-the-art were 
highlighted. These include the lack of standardised test conditions and the need to further 
investigate the rejection performance of newly developed membranes [150]. It has been 
confirmed that TrOC rejection was generally high, owing to low solute permeability 
28 
membranes with small pore sizes, and the associated size exclusion [151]. In addition to size 
exclusion, charged TrOC rejection is mostly further enhanced by electrostatic repulsion, i.e. 
solute and membrane having the same charge [151]. Reversely, non-ionic compounds 
appeared to be less rejected. In the case of non-ionic TrOC, high rejections have been 
dedicated to size exclusion. It has also been stated that RSD appeared to be increasing TrOC 
rejections, which was explained by the back-diffusion of salts hindering the forward diffusion 
of TrOC [152]. Hydrophobic TrOC were demonstrated to be better rejected by FO membranes 
as a consequence of adsorption onto the hydrophobic membrane. It however needs to be 
stressed that high rejections due to adsorption are only a temporary effect, until membrane 
saturation occurs [153]. After membrane saturation, it is typically observed that TrOC that 
adsorb readily onto high-pressure membranes, are transported to a higher extent due to their 
higher partition coefficient [154]. 
Until very recently, most of the FO studies on TrOC were carried out using the commercial HTI 
CTA membrane, which demonstrates relative low permeation fluxes. Of the novel membranes, 
biomimetic membrane (Aquaporin molecule embedded in the membrane support layer) have 
demonstrated improved rejection of small neutral organic pollutants for similar permeation 
flux than HTI CTA membrane thanks to a diffusion driven rejection mechanisms [87]. The 
commercial TFC membrane developed by Oasys Water (Boston, MA) has also been very 
recently evaluated with regards to TrOC rejection [155]. Interestingly, despite having higher 
permeability and pore size, the Oasys TFC membrane demonstrated higher rejections of 
neutral TrOC, which was attributed to a higher active layer structural factor and a more 
negative charge. As such, it demonstrated that higher TrOC rejection could be reached with 
novel membrane material but rejection mechanisms can vary and it is not clear how water flux 
could directly impact TrOC rejection so further assessment is still required. 
The study of the fate of TrOC in PAO has not been studied yet. Higher permeation fluxes 
normally allow for higher rejection but based on existing literature, the lower RSD observed in 
PAO, as well as the poorer selectivity due to membrane deformation, may also adversely 
impact TrOC rejection. This will be covered in Chapter 5. 
2.4.3 Module design 
Among the challenges to overcome, module design is certainly of a high importance for FO 
development. An ideal module being the trade-off between (1) maximised surface area (i.e. 
high packing density) and (2) minimised pressure drop while allowing for (3) limited ECP and 
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particle deposition [7][119]. In the early stage of FO and PRO research, modules were adapted 
from RO but these spiral-wound modules proved to have limited efficiency as a result of 
imperfect hydraulics on the permeate (draw solution) side[156] [6, 157]. Indeed, FO modules 
differ from classical RO ones in the fact that fluids (feed and draw solutions) have to circulate 
on both sides of the membrane. As such, they require four orifices (feed and draw inlets and 
outlets) and optimised hydraulics not only on the feed but also on the draw side as described 
as example for flat-sheet membranes arranged in module in Figure 2-5. 
 
Figure 2-5: Illustrations of flat-sheet membranes arranged in (a) spiral wound and (b) plate and frame 
modules design for FO. 
The advantages and disadvantages of three interesting modules [7][119], i.e. plate and frame, 
hollow fibre and spiral-wound configuration, have been mentioned elsewhere. In practice, 
those three configurations have been developed commercially by FO membrane suppliers: 
 Plate and frame modules are proposed by Porifera under the commercial name of 
PFO elements but so far no study mentioned the performances of that module. 
Porifera PFO elements are claimed to offer relative high packing density (similar to RO 
modules), low pressure drop and filtration surface from 1 up to 7 m2 per module [89].  
 Hollow fiber modules, 8 inches adapted from SWRO Toyobo modules, were tested for 
PRO [156]. The authors confirmed the interest of using HF membranes which 
demonstrated high packing density and resistance to operation at high hydraulic 
pressure (25bar). However, the need for optimised design through adapted flow 
pattern was also already described. 
  Spiral wound modules were developed by HTI using a CTA FO membrane and in a 
range varying from 2.5 to 8 inches and for a variety of feed spacers (Fine (FS), medium 
(MS) and corrugated (CS)) to allow for operation with different type of feed waters. 
Most of FO studies on pilot scale were performed using those modules as reported in 
Table 2-2.  
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Other companies such as Oasys water or Modern water are providing full scale solutions but 
their module configurations are not explicitly described in open literature [158]. 
Table 2-2: Reported module configurations and operating parameters for HTI modules 
Module Feed 
spacer 
Draw 
spacer 
filtration 
surface 
CFV 
feed  
P 
Feed 
CFV 
draw  
P 
Draw 
Ref. 
 m2 cm.s-1 bar cm.s-1 bar
Prototype 
RO  feed 
spacer 
RO  feed 
spacer 
0.94 0.1 n.r. a 0.1 2 [159] 
4040 
2.5mm RO  
feed spacer 
n.r.a 1.58 5 n.r. a 1.5 n.r. a [143]
4040-MS 
1.14mm RO  
feed spacer 
Permeate 
carrier 
3.2 16 1.22 4.3 1 [92] 
8040-MS 
1.14mm RO  
feed spacer 
Permeate 
carrier 
11.2 62 n.r. a 0.4 2 [160] 
8040-CS 
2.5mm RO  
feed spacer 
Permeate 
carrier 
9 30 <1 0.4 <0.7 [160]
4040-MS 
1.14mm RO  
feed spacer n.r.
 a 3.3 15 
0.7-
1.1 
10.0 0.5 [161] 
a Not reported 
In FO modules, the impact of hydraulic pressure has not been yet systematically investigated 
since FO is considered as an osmotic driven process. However, one cannot ignore pressure 
drop along modules inherent to any membrane processes practical implementation. In fact, 
mass transfers are usually optimised by the implementation of spacers that create turbulences 
and consequently limit particle deposition and concentration polarisation but at the cost of 
additional pressure drop [43, 162]. Only one study from Kim et al. ([92], Table 2-2) mentioned 
the impact of feed and draw CFV on pressure drop and pressure build up in FO in the context 
of spiral wound module operation. Due to the module configuration, a minimum hydraulic 
pressure was to be put on the draw and feed sides to allow the water to flow through. Also, it 
was clearly demonstrated that CFV and pressure are intimately connected for both feed and 
draw channel and depending on the spacer type used. Additionally, the pressure on the feed 
size was observed to lead to a narrower draw channel and consequently, in conjunction with 
the permeation of water, to a pressurisation of the draw side. Similar observations were 
described in PRO configuration where pressurisation of the draw channel led to narrowing of 
the feed channel when diamond shape spacer was used to support the membrane [97]. As 
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such, it was demonstrated that both feed and draw channels are interconnected and that 
spacer configuration and types are key components. Among the modules proposed by HTI in 
former studies, even if not always specified, at least two types of draw spacers have been 
tested, i.e. permeate carrier [92, 160] and RO feed spacer [159]. It is also generally observed 
that modules are operated at very low CFV on the draw side (Table 2-2), maybe thanks to the 
low fouling behaviour draw solution but also possibly limited by the important pressure drop 
occurring when permeate carrier are used  [160]. 
The optimisation of module design has not been approached through computational fluid 
dynamics (CFD). Moreover, among the few studies reporting CFD approaches in FO, none of 
them considered the impact of pressure. Most of the approaches were dedicated to the 
demonstration of models capable of simulating FO systems [163, 164] or to demonstrate 
current mass transfer limitations, the need for improvement of membrane separation 
properties and to study spacer designs to limit ECP [165, 166]. Further work on CFD modelling 
could help in further understanding mass transfer limitations in FO and PAO modules and to 
propose optimised designs but this is outside the scope of the manuscript. 
As observed in Table 2-2, the use of hydraulic pressure cannot be avoided in FO operation to 
allow for water transfer within the modules. Thus, more work is needed to better understand 
how CFV, spacer type and module configuration are connected to pressure drop and hydraulic 
pressure to determine the optimum configuration for FO/PAO up-scaling. However, this aspect 
is outside the scope of this study. 
2.4.4 Economics 
Several attempts were conducted to justify the economic interest of the FO-RO hybrid. Cath et 
al. did a first economic evaluation of their proposed hybrid FO-RO system by comparing the 
implementation of a FO unit as an alternative to the extension of RO surface to increase a 
desalination plant capacity. For a relatively small unit and for a high energy cost (0.31$.kWh-1), 
estimations showed 0.43$.m-3 cost savings compared to stand-alone RO [11]. However, this 
study considered only membrane costs and not modules, monitoring, civil engineering and all 
other cost inherent to the implementation of a new process. Another study specifically 
mentioned that the FO-RO hybrid, using immersed FO membranes led to a specific energy 
decrease for RO seawater desalination from 2.5 - 4 kWh.m-3 down to 1.5 kWh.m-3 [131]. 
However, these values were obtained following dilution of seawater by a factor of 2.5 in the 
FO process. In such conditions, this process relies mainly on water reuse and therefore does 
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not really qualify as desalination process. Moreover, with such dilution ratio important 
additional RO filtration surface area will be required. As such, a wastewater stream similar to 
lower than the seawater stream appears more realistic. In such conditions, even at a 
theoretical maximum FO recovery of 100%, seawater dilution obtained will be limited to 2, and 
more realistically set around 1.5. In general, lab-scale and pilot operation of hybrid FO-RO have 
both confirmed technical process feasibility, by showing lower fouling tendency and claiming 
significant energy savings in comparison with current RO seawater desalination [10, 12, 42]. 
Despite these observations and intensive research, questions remain on FO-RO hybrid 
economic sustainability for seawater desalination. Reasons for these questions are obvious: 
firstly, integration of FO will require additional investment costs that have to be ultimately 
compensated by significant energy savings. Moreover, due to recent RO development, energy 
consumption in RO is getting so close to the thermodynamic limit of desalination that 
additional energy savings may become marginal [167]. Finally, the FO-RO hybrid process has 
been pointed out as not offering advantages in comparison with two distinct, simpler and 
established water treatment streams, i.e., water reuse and desalination or simple mixing of 
these streams [168]. One very recent study on economics confirmed that FO-RO hybrids could 
offer an alternative to classical water reuse and desalination scenarios, but only when 
considering a high share of energy in the total desalination cost, assuming lower membrane 
costs (30$.m-2) and/or higher fluxes (15L.m-2.h-1) than existing commercial membranes can 
obtain [38]. This demonstrates the need for a better consideration of economics in FO-RO 
hybrid within the desalination process and the necessity of uncertainty analysis. The need for 
permeation flux improvement is often mentioned [8, 10], and is a key driver for research 
towards membrane development and FO process optimisation. However, despite the 
numerous reviews on the topic [6, 9, 10, 54, 56, 169-172], and in comparison with PRO where 
a threshold of 5W.m-2 has been set as breakeven point for sustainability [173, 174], no clear 
permeation flux threshold has been defined for FO sustainability for seawater desalination 
applications. 
As an alternative to (or in association with) new material developments, PAO concept has been 
recently proposed [84, 93]. Recent studies confirmed that hydraulic pressure could indeed 
increase fluxes substantially and possibly even more than expected due to an increase in 
membrane permeability with increasing flux, as a consequence of membrane deformation 
[97]. The higher permeation expected in PAO (in the context of hybrid PAO-RO) could be used 
either to reach (1) a higher dilution of the seawater and higher recovery of the impaired water 
or (2) to allow for the same recovery using a smaller membrane surface area. Thus, even if 
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additional energy needs will be added to the system to pressurize the feed in PAO, more 
energy savings could be expected on the RO process, or alternatively, CAPEX costs could be 
reduced thanks to smaller FO membrane surface area. This will be covered in Chapter 9. 
2.5  Concluding remarks 
FO-RO hybrid process offers a promising alternative to lower desalination energy need by 
combining seawater desalination and water reuse. However, current permeation fluxes 
obtained in FO remain low, impacting process economics. Recent studies showed that ICP 
appeared to be the key factor affecting heavily the efficiency of the osmotic pressure efficiency 
and, as a result, the overall process. Improving water permeation flux, decreasing RSD and 
limiting ICP are the three main and cross-linked goals to target. Both novel commercial FO 
membrane and PAO process represent interesting and potentially complementary pathways 
towards process improvement. Thus, significant work is needed to further assess the potential 
of FO/PAO-RO hybrid.  
The study presented in this thesis will therefore consist in an extended evaluation of FO and 
PAO in the context on PAO-RO hybrid, with consideration of new commercially available 
membranes. Of particular interest, the following points need to be addressed: 
 To define fundamentals of water and salt transfer mechanisms in PAO operation, 
including membrane mechanical resistance and integrity, with regards to the applied 
hydraulic pressure, 
 To evaluate potential options to tackle current flux limitations of state-of-the-art FO 
membranes and configurations, i.e., by testing new generations of FO membrane 
development and the impact of hydraulic pressure as additional driving force on those 
membranes, 
 To evaluate the potential side effects  of flux improvement in FO and PAO, such as 
fouling intensity and mechanisms and rejection of TrOC, 
 To establish the economic basis for cost calculation in FO-RO hybrid, in order to define 
the optimum FO process configuration for desalination, and to set a threshold for FO 
minimum permeation flux required to reach economic viability. 
  

 : Material and methods Chapter 3
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Most of the experimental work reported in this thesis was conducted using the same setup, 
and similar membrane samples. Thus, the experimental setup and operating conditions will be 
described once in this chapter, only specific working conditions will be described later on if 
needed in the specific chapters. This chapter describes the methods used to characterise the 
various membrane samples, the experimental FO and PAO setup used for water and mass 
transfer quantification, as well as the methods implemented for TrOC measurement and 
fouling evaluation. 
3.1  Membrane characterisation 
3.1.1 Membrane samples 
A flat-sheet CTA FO membrane manufactured by HTI (Albany, OR) was used as a reference for 
most of the experiments and initial evaluation of PAO. The FO membrane is  reinforced with a 
polyester mesh embedded within the porous support layer [41].  
Three other commercially available membranes, i.e. thin film composite (TFC) FO membranes 
manufactured by HTI, and the Porifera-FO and Porifera-FOm (surface modified) membranes 
from Porifera Inc. were also evaluated as they represent the next generation of FO 
membranes. After reception, membrane samples were stored at 4°C and soaked in DI water 
for at least 1 h before use. No pre-compaction was applied.  
Five commercially available NF and CTA FO membrane manufactured by HTI were also used to 
evaluate  the interest of PAO-NF in Chapter 6. The five NF membranes included NF-90 and NF-
270 (Dow-Filmtec), ESNA1-LF2 and Hydracore-50 (Hydranautics) and Desal-DK (GE Osmonics). 
The MWCO values ranged from 100 to 1000 Da, with all NF membranes having polyamide-
based selective layers, except for the Hydracore-50, which is made of sulfonated 
polyethersulfone. 
3.1.2 Water and salt permeabilities 
Membrane pure water permeability (A) and salt permeability (B) were measured in a bench 
scale RO cross flow setup [14, 79, 97]at 25°C with a cross flow velocity (CFV) of 0.1 m.s-1 
(referred to as “RO setup” from now on). Three different spacer types were tested as 
permeate spacer (and thus backing for the membrane), to assess the impact of spacer 
geometry on measured FO membrane properties in RO configuration: (1) a commercial 1.2mm 
diamond-type polypropylene mesh spacer composed of two levels of ﬁlaments used in feed 
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channels of commercial RO membranes (referred as feed spacer), (2) a commercial permeate 
carrier used in permeate channel of commercial RO membranes and in draw channel of FO HTI 
modules and, (3) a porous frit usually used as membrane support/permeate spacer in lab scale 
cross flow RO setups. During the RO tests, the feed spacer was also used on the feed side of 
the membrane to enhance turbulence and limit ECP. 
During membrane characterisation experiments, hydraulic pressure was applied on the FO 
membrane with the active layer facing the feed solution in the range of 2 to 6 bar. A was 
measured using DI water and was calculated based on Equation 3-1: 
P
J
A w  
3-1 
B was evaluated for both Red Sea salt (to better mimic industrial operations, composition 
presented in Table 3-1) and NaCl (to contrast benchmark with existing literature references) as 
feed solutions in a concentration of 100mM. Salt permeability can be determined from the 
measured water flux and salt concentration in feed and permeate solutions (which were 
determined by conductivity) [80]. 
)exp(.1
k
J
R
RJB ww   3-2 
Where R is the salt rejection and k the cross flow mass transfer coefficient of NaCl. R was 
calculated by Equation 3-3: 
f
p
C
C
R  1  
3-3 
Where Cf and Cp are salt concentrations in the feed and permeate respectively. 
In our experimental setup configuration a value of 1.07x10-5 m.s-1 was found for k, based on 
correlations for flat channels filled with spacers [13, 49, 50]. k values could be quite variable 
depending on the correlation chosen for the Sherwood number. However, we verified that 
even a high variability on k leads to a low error on B. 
In order to better mimic PAO operation, pure water permeability (A) was also measured with 
the PAO filtration setup described in Section 3.2.1 using DI water on both draw and feed sides 
and pressurizing the feed from 2 to 6 bar. The impact of membrane orientation and membrane 
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type was assessed and the results were compared to the RO setup results. All tests were run 
during at least 2 h after stabilisation of the system for each operating condition. 
In addition, A0 and B0 described hereafter were estimated value of pure water and salt 
permeability at 0 bar (based on average value of intercept obtained for both RO feed spacer 
and permeate spacers used as membrane support). Structural parameter (S0) value was 
evaluated based on FO tests using setup and draw solutions described in following sections 
and DI water as feed solution. S0 value for each membrane was calculated  by implementing 
experimental flux (JW) obtained during FO tests as well as A0 and B0 values  in equation 3-4 
adapted from  [48, 80]:  
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With D the diffusivity of the draw solute, πF and πD the osmotic pressure of feed and draw 
solutions respectively (here πF is equal to zero since DI water was used as feed) 
3.1.3 Scanning electron microscope analysis 
In order to assess a potential impact of hydraulic pressure on membrane structure, surface and 
cross section were characterized with a Hitachi 3400X scanning electron microscope (SEM). All 
samples were dried vacuum at room temperature for 24h and sputter coated with a thin layer 
of gold. Membrane preparation for cross section analyses were performed after freezing in 
liquid nitrogen [63]. However, due to the particular structure of the HTI CTA membrane, 
difficulties were observed to obtain an appropriate breakage, potentially damaging the cross-
section. 
3.1.4 Zeta potential 
Membrane zeta potentials were determined from streaming potential measurements using a 
SurPASS Electrokinetic Analyzer from Anton Paar GmBH (Graz, Austria). All streaming-potential 
measurements were conducted as a function of pH (pH 5 to pH 8) with a standard potassium 
chloride background solution (KCl, 0.001 M). pH was adjusted with hydrochloric acid (HCl, 0.05 
M) and sodium hydroxide (NaOH, 0.05 M). 
39 
 
3.1.5 Atomic force microscope analysis 
Membrane surface morphology and surface roughness analysis were performed using an Icon 
atomic force microscope (AFM) (Bruker, CA, USA) in Scanasyst mode using an OTESPA probe. 
Dry membrane samples were mounted on a specimen holder and an image of 10x10 mm area 
was scanned. Surface roughness was reported in terms of average roughness (Ra) values. 
3.1.6 Contact angle 
Contact angle measurement were performed with a computerized Krüss DSA 10-MK2 
(Germany) contact angle goniometer and using the sessile drop method. Membrane samples 
were first attached to a glass slide and then soaked in DI water [111]. Membrane samples were 
placed on a wet filter paper to remove superficial water just before testing and a minimum of 
10 drops of DI water on the rejection layer were then measured per membrane sample. The 
average contact angle with error bars was reported. 
3.2  FO and PAO evaluation tests 
3.2.1 PAO filtration set up 
All the experiments in FO and PAO configuration were conducted with the bench scale rig 
described in Figure 3-1.  
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Figure 3-1: Schematic representation of the PAO filtration rig 
Feed spacers were used by default on both sides of the membrane. Pressure on the feed side 
of the membrane was regulated manually with valve at the outlet of the membrane cell, 
monitored with in-line pressure transmitters from Labom Measurement Technology, and 
recorded with National Instrument data acquisition. Applied pressure on the feed side varied 
from 0 to 6 bar. The draw and the feed solutions were operated in close loops (whereby the 
feed is concentrating and the draw is diluting over time) and circulated by two Masterflex 
peristaltic pumps; The feed pump was adapted with a high pressure head (up to 6bar). The 
temperature was regulated at 25°C using a thermo-bath from Grant Instruments on the draw 
solution loop, where a stainless cooling coil was installed to maximize the heat exchange. The 
temperature of the feed solution was measured to remain constant at 25±0.5°C, the 
membrane cell acting as a heat exchanger. The water flux crossing the membrane from the 
feed to the draw was calculated by measuring the mass of the draw solution over time, 
recording the data with a computer. Experiments were started with 2 L of both feed and draw 
solutions and run with a cross flow velocity (CFV) of 0.1 m.s-1 on both sides. Most of the tests 
were carried out with active layer of the membrane facing the feed, referred to as AL-FS. The 
impact of membrane orientation on water flux and fouling was evaluated using HTI CTA 
membrane. In that case, tests were also done with AL-DS membrane orientation.  
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3.2.2 Water permeation and pressure efficiency 
DI water was used as feed solution in PAO to determine the impact of hydraulic pressure on 
the FO efficiency and CP. The draw solution was prepared based on dry Red Sea seawater salts 
(RSS, i.e. Coral Pro salt supplied by Red Sea Inc.) and prepared in a concentration of 35 g.L-1 in 
DI Water. Based on the composition of the Red Sea salts (Table 3-1) and using ROSA software 
(DOW Chemical), the osmotic pressure (π) of the solution was calculated to be 24.7bar. 
Table 3-1: Composition (in mg.L-1) of Red Sea salts prepared at 35g.L-1 
Compound  
Concentration 
in mg.L-1 
Cl 18,772 
Na 10,692 
Mg 1,320 
Ca 480 
K 390 
S 890 
C (inorg) 45 
Br 15 
 
As described earlier, water permeation in an osmotic process is limited by ICP, ECP and fouling. 
Fouling has been modelled following the resistances-in series theory [43] and further 
developed through the cake-enhanced concentration polarisation model [113]. ICP and ECP 
have also been intensively studied and modelled [6, 41, 68, 113, 138, 175]. Additionally, 
indicators have been developed to determine the efficiency of the osmotic pressure and thus 
indirectly provide an assessment of the effect of CP and/or fouling in osmotic processes. In the 
context of PRO, Lee [44] in the early 80s introduced the Staverman reflection coefficient ( ), 
to consider an effective lower use of the osmotic pressure as a consequence of imperfect 
membrane solute rejection. Similarly it is proposed to introduce a lump concentration 
polarisation coefficient (σCP) which refers to the ratio of the effective (Δπm) to the actual 
(Δπbulk) osmotic pressures as a consequence of overall concentration polarisation phenomena 
(when no fouling occurs). Using the effective osmotic pressure, flux in PAO can be written as in 
Equation 3-5:  
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More recently, new indicators were defined to estimate the efficiency of FO systems and to 
indirectly model the impacts of CP [138]. Apparent FO water permeability (AFOapp) represents 
the measured flux, divided by the driving forces. While adapting this concept to PAO, it could 
be calculated using Equation 3-6: 
bulk
W
FOapp P
J
A 
3-6
These two indicators are simple and complementary parameters to fully assess PAO 
performances. While σCP reflects the efficiency of the osmotic pressure to produce permeate, 
AFOapp estimates the overall use of both hydraulic and osmotic pressures. The stability of these 
two indicators (σCP and AFOapp) over time will be first validated before further use as 
performances indicators. 
3.2.3 Solute diffusion 
Salt content of solutions was calculated based on conductivity measured with an Oakton 
conductimeter. This was used to calculate osmotic pressure of solutions as well as reverse salt 
diffusion. 
Solute/salt permeability of FO membranes has been initially determined conventionally using 
the RO setup with a relatively low solute concentration (100 mM) and by applying different 
hydraulic pressures (2 to 6 bar). The conventional RO setup configuration poorly reflects FO 
and PAO operation, since in PAO, water and solute diffusion are in opposite directions, while in 
RO they are in the same direction. Also, in PAO configuration, ICP greatly affects the effective 
concentration difference across the active layer of the membrane and thus the driving force 
for salt diffusion. As such, it is difficult to derive B in PAO directly from RO experiments. 
Thus, solute flux (Js) and reverse solute diffusion (Js/Jw) were used as indicators for salt 
transport through the membrane. Solute and water diffusion are defined following the 
solution diffusion theory. Water flux was defined in Equation 3-5 and solute diffusion is 
defined in 3-7. The σCP value estimates the efficiency of the osmotic pressure and therefore is 
also representative of the effective concentration difference on both sides of the active layer. 
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Js/Jw is calculated in Equation 3-8 by merging Equation 3-5 and 3-7: 
 BulkCP
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By replacing Δπbulk using the Van’t Hoff equation in Equation 3-8 [53], the Js/Jw, ratio in FO 
operation (ΔP=0) could also be expressed as in Equation 3-9 [53, 176].  
TRA
B
Jw
Js
g ..  
3-9 
where β the van’t hoff coefficient, Rg the gas constant and T the temperature. This equation 
was adapted to PAO by incorporating hydraulic pressure following [94] and becomes: 
Jw
PA
TRA
B
Jw
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g
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.. )  
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As a result, the assessment of the impact of the structural parameter S through K on water flux 
(Equation 2-9) will allow then calculating salt transfer in PAO through Equation 3-10. 
3.2.4 Salt transport in PAO-NF 
Given the more porous nature of the NF membranes used in the PAO-NF concept (described in 
chapter 6), the overall transmission of salt in-between feed and draw solutions (i.e. total salt 
transport, TST) was studied. Depending on the experimental conditions and the type of 
membrane used, transport mechanisms such as RSD (as conventionally applied to FO 
membranes), reverse salt transport (RST, to be applied to NF membranes), and forward salt 
transport (FST, as salts permeate from feed to draw solutions through porous NF membranes) 
were introduced and evaluated quantitatively (Figure 3-2). 
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Figure 3-2: Schematic of salt transports in PAO-NF process 
Based on salt mass balance calculation, TST was experimentally measured by Equation3-11. 
VfVi
VCVC
TST iiff 
 )()( 3-11
where Cf and Ci are the feed concentrations (g.L
-1) at 50% and 10% recoveries respectively. Vf 
and Vi are the corresponding feed volumes (L). By convention, TST, also known as ratio 
between the reverse salt flux (Js, g.m
-2.h-1) and the water flux (Jw, L.m
-2.h-1), TST was reported in 
g.L-1. 
A series of experiments was designed to better define the type(s) of salt transport responsible 
for the change of conductivity observed during the tests. In a first instance, the filtration setup 
was operated under PAO mode (2 bar), with DI water water and 35g.L-1 RSS as feed and draw 
solutions respectively. Under those conditions, RSD and RST were expected to dominate for FO 
and NF membranes respectively. In a second set of experiments, the membranes were tested 
under similar PAO mode, and with 1.2 g.L-1 of RSS in the feed solution; mimicking the salinity of 
the wastewater. Under those conditions, the measured TST was considered to be the result of 
both RST and FST.  As such, salt transport mechanisms are considered to be dominated by RST 
when the TST value is positive. Alternatively, negative TST indicates more salts moving from 
the feed to the draw solutions, and the dominance of the FST parameter. Given the accuracy 
of the conductivity measurement, the expected experimental errors and the small changes in 
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conductivity observed in the short-term experiments, the limit of quantification for TST, RST 
and FST was conservatively considered to be at 0.01 g.L-1. 
3.2.5 Rejection of TrOC 
Twenty six compounds were selected to represent TrOC with a wide variation of charge, 
hydrophilicity/hydrophobicity and molecular weight (Table 3-2). All TrOC were obtained from 
Sigma-Aldrich at purity 97% or above. A stock solution of 2L, with a concentration of 2mg.L-1 
was first prepared.  
Table 3-2:  Characteristics of tested TrOC (Log D at pH 7.4 predicted from ACD Labs) 
Name
Molecular weight 
(g.mol
-1
)
Log D
Negatively charged
Ibuprofen 206.3 0.80
 clofibric acid 214.7 -0.90
naproxen 230.3 0.47
gemfibrozil 250.3 1.77
sulfamethoxazole 253.3 -0.32
ketoprofen 254.3 -0.25
triclopyr 256.5 -0.76
Diclofenac 296.2 0.95
bezafibrate 361.8 -0.14
Positively charged `
Terbutalin 225.3 -1.66
propranolol 259.3 0.98
atenolol 266.3 -1.99
metoprolol 290.3 -0.31
lincomycin 406.5 -0.17
Neutral
diglyme 134.2 -0.80
paracetamol 151.2 0.34
phenazone 188.2 0.27
simazine 201.7 2.28
atrazine 215.7 2.63
Primidone 218.3 0.40
chloridazon 221.6 0.73
dimethoate 229.3 0.48
diuron 233.1 2.78
carbamazepine 236.3 2.67
pentoxyfyline 278.3 0.32
hydrochlorothiazide 297.7 -0.09  
TrOC concentrations in feed and draw solutions were determined using UHPLC-HRMS (Bench 
top ExactiveTM Orbitrap mass spectrometer) from Thermo Fisher Scientific (San José, CA, USA) 
following protocol described in [177, 178]. Briefly, TrOC samples were prepared before 
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injection using solid phase extraction (SPE) on Oasis HLB cartridges from Waters (Milford, MA, 
USA). Then, after chromatographic separation of the analytes on a Nucleodur C18 Pyramid 
column (100 x 2 mm; 1.8 micrometre particle size) of Machery-nagel (PA, USA) at 25°C, the 
components were ionized using a heated ElectroSpray Ionisation (HESI-II) interface. The TrOC 
detection took place with an Orbitrap HRMS in switching polarity modes, operated by Xcalibur 
2.1.0.1140 software (Thermo Fisher Scientific, San José, CA, USA).  
For each membrane, water and salt flux were first assessed by performing tests with DI water 
as feed and 0.5M NaCl draw solution. Each test was performed for at least 2 h for each 
condition successively in FO mode (0 bar) and in PAO mode (4 bar) using the same membrane 
coupon. Different experiments were conducted with the two different spacers (i.e. permeate 
spacer and RO feed spacer) on the draw side to assess the impact of membrane deformation 
(as for A and B measurement) on water and solute fluxes in PAO mode. 
For each TrOC rejection experiment, a fresh feed solution was prepared using 20 mL of the 
concentration TrOC stock solution and diluting this with DI water to prepare 2 L of TrOC 
solution with an individual TrOC concentration of 20 μg.L-1. The FO setup described in 3.2.1 
was used to evaluate TrOC rejection. FO and PAO tests were performed with the TrOC feed 
solutions until reaching 50% recovery (i.e. 50% of the feed volume permeated to the draw 
solution). For each membrane, tests were performed successively in FO mode, and then in 
PAO mode with the permeate spacer as draw spacer. In addition, PAO experiments were also 
carried out with the RO feed spacer as draw spacer, to assess the influence of membrane 
deformation on TrOCs rejection.  In order to avoid erroneous conclusions on TrOC rejection 
due to adsorption effects, FO experiments were first run to “saturate” the membrane[142]. As 
mentioned in D’Haese et al., saturation of the membrane could be obtained after 24 h of 
operation using the CTA membrane for these concentrations of TrOCs [142]. In this case, these 
24 h correspond to an equivalent of 50% recovery. Rather than applying a constant operation 
time, and given the very different permeation flux observed for the different membranes, 
saturation of all membranes was conducted using a similar recovery (i.e. 50%). Thus, 2 L of 
feed solution containing the TrOCs was filtered in an FO experiment until 50% feed water 
recovery was reached for each membrane, before conducting rejection experiments. 
During the rejection experiments, samples were taken at the beginning (feed solution) and at 
the end of each experiment (feed and draw solutions), i.e. 50% recovery. Thus, all the 
permeate was collected within the draw solution at the end of the experiment. All samples 
were stored at 4°C.  
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Rejection of TrOC (RTrOC) was calculated using Equation 3-12 by estimating permeate 
concentrations (Cp) based on the final draw concentrations measured (CDf), by taking into 
account the initial draw solution volume (VDi), the initial feed solution volume (VFi) and the 
water permeated with increasing recovery (REC). The feed concentration was calculated as the 
average of the initial (CFi) and final (CFf) measured concentrations. 
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All TrOC rejection experiments were run only one time, thus a statistical analysis has not been 
conducted. However, to avoid misinterpretation and minimise variability, the following 
precautions were taken: 
• The same membrane coupons were used for the FO and PAO experiments to 
avoid variability of membrane samples 
• All the permeate was collected (i.e. 1 L for 50% recovery) to get a large sample for 
analysis and increase reliability. 
• Rejection was calculated through TrOC concentration in permeate as described in 
equation 3-12, but it was also controlled that the mass balance was closed  through the 
difference of TrOC content in the feed solution at the beginning and the end of the 
experiment. 
3.2.6 Fouling and cleaning 
For the fouling experiments, draw solutions were again prepared based on dry Red Sea salts 
(RSS from Red Sea Inc.) and concentrated at 35 g.L-1 in DI water as described in Section 3.2.2. 
Additionally, draw solutions with higher or lower concentrations varying from 10 to 70 g.L-1 of 
RSS were also prepared to allow for operation at different initial fluxes and to assess the 
impact of the osmotic driving force on fouling. Humic acid and alginate were used as model 
organic foulants, since they have been identified as major organic components in wastewater 
[179] and have been extensively studied in fouling studies in osmotic membrane processes 
[102, 105]. A high concentration of these model foulants was used and calcium (as calcium 
chloride) was added in order to mimic accelerated fouling condition to allow for clear 
observations of fouling phenomena [106, 179]. The feed solution was prepared by dosing the 
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following chemicals successively to DI water: 1200 mg.L-1 of RSS, 220 mg.L-1 calcium chloride 
(Ajax Finechem Pty Ltd, Tarend point, Australia), 200mg.L-1 alginic acid sodium salt (Sigma 
Aldrich Co., St Louis, MO) and 200 mg.L-1 humic acid sodium salt (Aldrich, Milwaukee, WIS). 
The mixture was prepared by adding all elements one after another under stirring until a 
stable dispersion was obtained. 
3.2.6.1 Evaluation of hydraulic pressure impact on fouling and adapted 
cleaning strategies 
In a first set of experiments, fouling behaviour in FO and PAO mode was compared using the 
HTI CTA membrane. As stated above, experiments were initiated with 2 L of feed and draw 
solutions and carried out in batch (i.e. a concentration of the feed and dilution of the draw 
occurred during the operation). After 20 h of fouling, new feed and draw solutions were 
prepared and another 20 h fouling cycle was initiated. This was repeated for five cycles in total. 
The respective impacts of hydraulic and osmotic pressure on fouling behaviour were 
evaluated. The impact of osmotic pressure was assessed by operating at two different osmotic 
pressures (i.e. 35 and 70g.L-1 RSS). The impact of hydraulic pressure was assessed by 
comparing fouling behavior in FO and PAO mode. To allow for fair comparison, experimental 
conditions were chosen so to obtain similar initial fluxes for batch 1. This was obtained by 
using respectively a 70 g.L-1 RSS draw solution (FO70) in the FO experiment and a 35 g.L-1 RSS 
draw solution with 4 bar of applied hydraulic pressure on the feed solution in the PAO 
experiment. Most of the tests were carried out with both membrane orientations, AL-FS and 
AL-DS. Recovery (% of feed water permeated to the draw solution) was calculated and used as 
performance indicator: fouling propensity and efficiency of inter-batches cleaning were 
evaluated by comparing the recovery after the first and the fifth (and final) batch. Such mode 
of operation (5 consecutives batches) allow to evaluate long-term fouling behaviour (over 
batches) as well as cleaning efficiency (inter-batches) [137]. A normalised recovery indicator 
(NR5) was used following Equation 3-13 so to estimate the loss of performance over the 
batches and to allow for fair comparison in-between different operating conditions. 
1
5
5 R
RNR   3-13 
With R5 the recovery after five batches and R1 the recovery after the first batch. 
In order to evaluate the efficiency of high CFV cleaning in continuous operation, tests were 
conducted comparatively with and without high CFV cleaning in-between successive batches.  
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High CFV cleaning and osmotic backwash were also tested on the fouled membranes after the 
respective fifth batches for the different cleaning experiments. High CFV cleaning was carried 
out on the feed side using higher pumping flow (i.e. 0.35 m.s-1) for 5 min with DI water in single 
pass. Osmotic backwashing was performed by replacing the feed water with a 35 g.L-1 RSS 
solution, and the draw by DI water (to allow for water permeation opposite to the normal 
FO/PAO operation). After fouling in the AL-FS configuration, an osmotic backwash was 
conducted for 15 min to remove the fouling layer from the membrane surface. In the AL-DS, 
the fouling was more severe and therefore, different extents of osmotic backwash were 
tested, as 15 min, 1 and 4 h durations were evaluated. Finally, after all osmotic backwashes, 
high CFV flushing of the feed was performed during 5 min using DI water to rinse the foulants 
from the membrane cell. 
3.2.6.2 Impact of high permeability membranes on fouling and adapted 
cleaning strategies 
All experiments were initiated with 2 L of feed and draw solutions. The HTI CTA membrane was 
compared with high permeability TFC FO membrane. After reaching 30% recovery (i.e. 30% of 
the feed solution permeated to the draw side) the test was stopped, new feed and draw 
solutions were prepared and another cycle was initiated. This was repeated for five cycles in 
total. Comparative tests with the 4 aforementioned membranes (i.e. HTI CTA, HTI TFC, Porifera 
FO and Porifera FOm) were realised in FO (0 bar) and PAO mode (4 bar). Additionally, the 
impact of initial permeation flux was evaluated in FO mode with the Porifera FO membrane by 
varying the osmotic driving force; tests were performed with draw solution concentrations 
varying from 10 to 70 g.L -1 RSS. 
In an attempt to estimate the changes of resistance to filtration with fouling, the total 
resistance to filtration (Rt) was calculated and compared to the membrane resistance to 
filtration (Rm).  
Membrane resistance to filtration was calculated as in Equation 3-14:  
0,w
m J
PR 
  3-14 
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With Jw,0 the initial water permeation flux using DI water as feed, and μ the Newtonian 
dynamic viscosity. Rm can also be expressed as in Equation 3-15: 
Equation 2-9, describing water flux in PAO considering ICP, ECP and RSD for the AL-FS 
membrane orientation [13], was adapted by substituting A0 using Equation 3-15 when no 
fouling occurs. 
With k the mass transfer coefficient in the feed channel and K the resistance to solute diffusion 
(s.m-1). In a situation when fouling occurs, and based on the resistance–in–series theory, Rt will 
impact the flux. Rt is then calculated in Equation 3-17 by adapting Equation 3-16. 
After five consecutive batches of fouling, high CFV cleaning and osmotic backwashing were 
tested on the fouled membranes. High CFV cleaning and osmotic backwash cleaning strategies 
were performed as previously described. When operating with the Porifera FO membrane, 
fouling was more severe (see chapter 8) and therefore osmotic backwashing was tested also 
during 1hr at low and high CFV (i.e. 0.1 and 0.25 m.s-1 respectively). 
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  : Validation of PAO - impact of Chapter 4
hydraulic pressure 
This chapter is adapted from: 
Blandin, G., Verliefde, A.R.D., Tang, C.Y., Childress, A.E., Le-Clech, P. Validation of assisted 
forward osmosis (AFO) process: impact of hydraulic pressure (2013) Journal of Membrane 
Science, volume 447, pages 1-11 
54 
In this study, the performances of PAO are initially assessed using the state-of-the-art CTA 
membrane from HTI. In a first instance, the impact of hydraulic pressure on FO membrane 
properties is characterised, and a critical study on the current state-of-the-art method used in 
literature to measure the A and B parameters is proposed. Then, the separation properties, as 
well as the water and salt mass transfer in FO and PAO operations are analysed and compared 
to existing models. 
4.1  Initial assessment of PAO 
Initial tests were performed using the PAO setup by applying hydraulic pressure on the feed 
side from 0 to 2 bar and with AL-FS membrane orientation (Figure 4-1). 
Figure 4-1: Water permeation flux (Jw) evolution over time for 0, 1 and 2 bar applied hydraulic 
pressure on the feed (AL-FS membrane orientation, DI water as feed, 35g.L-1 RSS as draw, CFV 0.1m.s-
1). 
These experiments confirmed that the system required a maximum of 3 h to stabilize for all 
experiments. This issue was found to be the consequence of air bubbles in the draw channel at 
the initial stage of the experiment. This problem has been solved later on and then less than 
one hour of stabilization was required for all the experiments performed in the other chapters. 
After this initial stabilization period, a subtle but constant decrease of the permeation flux was 
observed. This decrease was due to the batch operation mode used in these experiments, 
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which lead to the dilution of the draw solution and concentration of the feed solution, thus 
lowering the osmotic pressure differential. A positive impact of the applied hydraulic pressure 
on the water permeation flux was clearly observed. As an example, after 4 h, the application of 
2 bar of hydraulic pressure lead to an increase of permeation flux from 4.4 to 6.0 L.m-2.h-1, 
which represented an improvement of 36%. This confirmed the potential benefit of PAO, but it 
was not possible to selectively and accurately assess the effect of hydraulic pressure on the 
flux, nor the impact of pressure on membrane properties and evolution of osmotic pressure. 
Therefore, further experiments were carried out to evaluate systematically if hydraulic 
pressure affects membrane and separation properties. Also, in order to better assess both 
hydraulic and osmotic pressure efficiencies in PAO, further performances indicators were 
evaluated and validated. 
4.2  Impact of hydraulic pressure on membrane 
properties 
The current methodology to measure pure water and solute permeability of dense membranes 
is based on RO cross-flow setup tests, as described in 3.1.2. However, in PRO experiments,  
due to the use of spacers and hydraulic pressure, membrane deformation has already been 
observed to affect pure water permeability [96]. Since PAO experiments also use hydraulic 
pressure and feed spacers on both sides of the membrane, membrane deformation is also 
expected to occur. It is therefore important to assess if hydraulic pressure may impact the 
membrane intrinsic parameters (A and B values) to better define the actual contribution of the 
hydraulic pressure on performance in PAO mode. A study of membrane deformation is also 
useful to estimate whether the RO setup could be adapted to mimic conditions in PAO mode. 
4.2.1 Determination of pure water and solute 
permeability 
Tests were performed with the RO setup with the two aforementioned support materials used 
as permeate spacer. Increasing hydraulic pressure was applied to observe the potential impact 
of membrane deformation under pressure on the water and solute permeation fluxes. Solute 
permeation was assessed for NaCl (BNaCl), as well as for the Red Sea salts solution (BRSS). 
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Figure 4-2: Pure water permeability (a) and solute permeability (b) in function of the applied hydraulic 
pressure on the feed for two different membrane supports with RO setup (AL-FS membrane 
orientation, CFV 0.1 m.s-1) 
Figure 4-2a shows that, while using a frit support as permeate spacer, pure water permeability 
in RO mode remained constant and independent of the applied hydraulic pressure. An average 
value of 0.72 L.m-2.h-1.bar-1 was obtained for the CTA membrane. The use of a feed spacer as 
permeate support, however, led not only to higher pure water permeability, but also to a 
substantial increase of this pure water permeability with applied pressure. These results 
already revealed significant impact of the hydraulic pressure on membrane structure. The 
constraint inherent to the application of hydraulic pressure on the thin FO membrane certainly 
affects its structure depending on how the membrane is supported. Frit support provides a 
homogeneous support to limit physical constraint while spacer can be considered as a more 
loose support leading to membrane stretching, and potentially being responsible of 
permeability increase. This mechanism will be further discussed in the next section. 
Solute permeability was measured for both NaCl and sea salt solutions at 100mM. For both 
solutions, tests were again performed with the feed spacer and the frit support as permeate 
support. Results in Figure 4-2b showed a similar solute permeability coefficient in RO mode for 
both NaCl and sea salt solutions when a frit support was used. A slight increase in salt 
permeability coefficient was observed with pressure, possibly due to a slight underprediction 
of the concentration polarization by the model used for the calculation of k. Under the tested 
conditions, an average B value of 0.8x10-7 m.s-1 was calculated. When using the feed spacer as 
permeate support, however, an increase of solute permeability coefficient was observed with 
increasing applied hydraulic pressure from 2 to 6 bar (from 1.7 up to 4.2x10-7 m.s-1 and from 
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2.7 up to 5.4x10-7 m.s-1 for BRSS and BNaCl respectively). This trend was similar to the one 
observed with pure water permeability. This confirmed an overall increase of the membrane 
permeability due to the combined action of hydraulic pressure and spacer support. Also, a 
slightly higher permeability to NaCl was noticed, compare to those obtained for the sea salts. 
This was expected, since sea salt comprised divalent salts which are better rejected by this 
type of membrane.  
Finally, all trends indicated a salt permeability coefficient value of 0.8 ± 0.3 x 10-7 m.s-1 when 
extrapolating to zero hydraulic pressure (Figure 4-2b). This value can thus be considered as the 
closest to the actual one observed in FO operation when no hydraulic pressure is applied. 
Table 4-1: Solute and water permeation performances as function of membrane support and applied 
hydraulic pressure.  
Frit support Feed spacer 
P bar 2 4 6 2 4 6 
Js g.m
-2.h-1 120 159 202 263 583 852 
Jw L.m
-2.h-1 1.10 2.56 3.87 1.55 4.00 6.31 
A L.m-2.h-1.bar-1 0.70 0.75 0.72 0.87 1.01 1.16 
BNaCl x10
-7 m.s-1 0.7 0.8 0.8 2.7 3.4 5.4 
BRSS x10
-7 m.s-1 0.7 0.8 0.9 1.7 3.3 4.2 
R % 81 89 91 69 75 77 
 
As described in Table 4-1, when the frit support was used, both solute and water fluxes 
increased with hydraulic pressure. The water flux increased faster than the solute flux, while 
the overall rejection rate rose up to 91%. When a feed spacer was used as permeate support, 
both solute and water fluxes were much higher as already observed through the analyses of A 
and B values. The solute flux was comparatively much higher than the water flux, leading to a 
low rejection rate. However, similar to the frit support, the pressure increase was observed to 
have a stronger impact on water flux enhancement than on solute flux, leading to an overall 
rejection rate improvement. 
These analyses performed with the RO setup revealed that, when a feed spacer is used as 
permeate support in RO experiments to simulate FO and PAO experiments, a higher 
permeability but lower selectivity of the membrane is observed than when a dense frit spacer 
is used. This underlines the importance of using representative conditions to simulate FO and 
PAO.  Thus, comparative tests to the RO experiments were performed with the PAO setup. 
Also, the impact of membrane orientation on the water permeability was assessed. PAO setup 
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tests were performed with feed spacers on both feed and draw sides, which is similar to the 
RO setup while a feed spacer is used as permeate support. The only difference remaining is 
that in the RO setup, free permeation to atmospheric pressure on the permeate side is 
observed, while in the PAO setup it permeates to the draw loop at pressure slightly higher 
than atmospheric. Experiments with PAO setup did not show any significant draw 
pressurisation in our laboratory conditions (besides the pressure drop needed to obtain cross-
flow).  
When comparing pure water permeability results of the two set-ups, similar results were 
observed (Table 4-2), which confirms that measurement of pure water permeability 
representative for PAO operation is possible with the RO setup as long as the same spacer is 
used as support [53]. 
Table 4-2: Comparative results of pure water permeability (L.m-2.h-1.bar-1) in RO and PAO modes with 
feed spacer on both membrane sides (DI water, CFV 0.1 m.s-1). 
RO setup PAO setup 
Pressure 
(bar) 
AL-FS AL-FS AL-DS 
2 0.87 ± 0.08 0.72 ± 0.09 0.85 ± 0.06 
4 1.02 ± 0.05 0.98 ± 0.07 1.02 ± 0.09 
6 1.16 ± 0.04 1.12 ± 0.04 1.22 ± 0.09 
The HTI CTA FO membrane being asymmetric, it was to be assessed whether pure water 
permeability and membrane deformation were dependent on membrane configuration during 
pressurization. Tests were conducted with PAO setup with AL-FS and AL-DS membrane 
orientations. Table 4-2 clearly shows that results obtained in AL-FS and AL-DS were virtually 
the same at similar applied pressure within the interval of uncertainty. As such, membrane 
orientation does not appear to have a significant impact on pure water permeability in PAO 
setup, i.e. when only hydraulic pressure is applied. That is in contrast to normal FO operation, 
where the AL-DS orientation usually shows higher fluxes than the AL-FS orientation, due to 
differences in internal concentration polarisation in the different orientations. Also, membrane 
coupons were controlled after the tests to check whether delamination occurred. No 
delamination was observed, confirming that the membrane maintains its integrity, even in the 
AL-DS orientation (in contrast to the Dow90 membrane, as discussed in 6.2.2) 
From the above results, it can be concluded that pure water permeability does not remain 
constant with applied pressure in PAO operation (and by extension in PRO operation). From 
Figure 4-2a, a linear relationship between pure water permeability and applied pressure could 
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be determined. It is therefore reasonable to assume that pure water permeability in PAO/PRO 
mode is dependant on pressure. Thus, pure water permeability will be further calculated in 
this study following Equation 4-1 which was determine by the equation of the trendline for RO 
feed spacer support in Figure 4-2a: 
PA  1.06.0    4-1 
4.2.2 Assessment of pressure impact on membrane 
structure 
To assess the impact of compaction on PAO operation, 3 bar hydraulic pressure was applied 
during 24 h on the FO membrane using the RO setup and with frit support. After the initial 
stabilisation of the system, the pure water permeability remained constant during the 24 h of 
the test with no flux reduction, indicating that no compaction was observed in PAO conditions. 
The applied hydraulic pressure remained relatively low in comparison to those normally 
applied in RO application, so it was not surprising that no significant compaction was observed. 
In order to further assess membrane deformation or stretching due to pressurisation, digital 
and SEM pictures were taken of the membranes before and after permeability tests. Digital 
pictures of membrane after test at 6 bar (Figure 4-3) showed no evidence of deformation 
when using frit support. This contrasted with the apparent membrane deformation when using 
the feed spacer as permeate support, as already described in former studies [96, 97].  
 
Figure 4-3: From left to right, membrane after RO setup water permeability test at 6 bar with feed 
spacer, and frit support respectively 
60 
SEM pictures were taken of the cross sections, active and support layers of the HTI membrane. 
No signs of potential compression or stretching were particularly observed from the cross 
section analyses. This statement, however, should be taken with care, since the preparation 
method was thought to lead to further membrane deformation not allowing an accurate 
analysis. Improved methodology for HTI CTA FO membrane cross section preparation should 
be considered. Analyses of active and support layer confirmed that stretching, rather than 
compaction is responsible of the increase of flux while using feed spacer as support. 
Considering the membrane sample after pressurisation at 6 bar with feed spacer support, no 
cracking was observed on the active layer indicating no loss of integrity. However, the support 
layer was observed to be damaged. Such observations have already been observed in the 
literature and described as a potential consequence of membrane drying between the 
preparation and the analysis steps [119]. It could also be a consequence of the local stretching 
of the membrane on the feed spacer support. Although the membrane potentially suffered 
from cracking due to its pressurisation on the spacers, this phenomenon alone does not 
explain the increase of permeability since the selective active layer was not affected in the 
range of pressure applied (up to 6 bar). 
Figure 4-4: SEM photography of active (a) and support (b) layer of HTI membrane after pressurisation 
at 6 bar without RO setup and using feed spacer support. 
To better assess the reversibility of the HTI membrane deformation upon pressurisation, the 
following experiment was carried out: after operating with increasing increments of pressure 
up to 6 bar, then a decreasing increment was proceeded immediately after. The membrane 
was then kept during one night in the test rig without applying pressure and pure water 
permeability was measured again at 2 bar (Figure 4-5).   
(a) (b) 
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Figure 4-5: Pure water permeability against the applied hydraulic pressure on the feed with feed 
spacer support in RO setup with increasing and decreasing pressure gradient and after one night 
relaxation (DI water as feed and draw, CFV 0.1 m.s-1). 
Figure 4-5 demonstrates that after being pressurised at 6 bar, the permeability of the FO 
membrane at 2 bar increased significantly up to 10%, compared to initial performances (i.e., 
from 0.88 before pressurisation to 0.97 after pressurisation), demonstrating the relative 
memory of the membrane. However, after relaxation for 24 h, the membrane permeability 
decreased to its initial state. This result showed that, for HTI CTA membrane, the use of 
moderate pressures leads to a reversible deformation without loss of integrity. Further work is 
required to evaluate if similar behaviour is observed with other types of membranes. More 
observations and discussions on membrane deformation and relaxation are provided in 
chapter 5 for TFC membrane. 
All these experiments confirmed the relative visual observations of membrane deformation, as 
mentioned in the literature [96, 97]. However, it is now shown that it is the combination of the 
use of a feed spacer as permeate support and the application of hydraulic pressure that leads 
to membrane deformation. Additionally, SEM pictures and pressurisation-relaxation tests 
enlightened that improvement of the membrane permeability is most likely due to a stretching 
of the membrane but no loss of integrity is observed, given that, after relaxation, the 
membrane performances recovered its initial performances. Also, the adverse shadow effect 
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62 
observed in former study [96] was found not to be significant in our study, since the overall 
performance, showed an increase of water permeability. 
4.2.3 A and B measurement methodology 
While comparing data obtained from the literature for values of A and B for similar HTI CTA FO 
with a polyester mesh embedded within the porous support layer, it could be observed that 
both values, as well as measured rejection rates vary significantly between different studies 
(from 0.36 to 1.23 L.m-1.h-1.bar-1 for A and from 0.5 to 11.1x10-7 m.s-1 for B), even for a 
similar operating temperature conditions (20-25°C) as described in Table 4-3. 
Table 4-3: Reported pure water and solute permeability of HTI CTA membrane and operating 
conditions for measurement (*: Not reported, **: estimated values) 
Set-up 
Pre-
compaction 
Membrane 
support 
Pressure 
range 
A B R Study 
bar 
L.m-2.h-
1.bar-1 
10-7.m.s-
1 % 
RO No frit 2-6 
0.62-
0.72 
0.7-1.0 82-91 
current 
study 
RO No Feed spacer 2-6 0.8-1.12 2.7-5.4 70-78 
current 
study 
PAO No Feed spacer 2-6 0.8-1.15 
current 
study 
PRO 12.5 bar Feed spacer 3-12.5 1.23 2.7-11.1 72-80 [96] 
RO n.r* n.r* 0-15.5 0.8 1.7 90 [14] 
RO No n.r* 3.4-10.3 0.68 1.1 94 [13] 
RO 27.6 bar n.r* 6.9-27.6 0.44 0.7 89-96 [53] 
FO No 
No feed 
spacer 
0 0.7 [53] 
RO 27 bar n.r* 27 0.36 1.7 94 [79] 
RO n.r* n.r* 2.7-11 1.02 1.0  [97] 
RO n.r* n.r* 0-17 1.1 0.5 [46] 
RO No n.r* 8.6 
0.5-
1.0** 
1-3** 80-91 [80] 
RO n.r* n.r* 1-5 1.19 2.6 79 [83] 
RO 8.6 bar n.r* 3.4-8.6 0.55 0.5 [84]
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It is understood that most of the tests reported in the literature were performed in cross flow 
cell RO setup with high pressure for pre-compaction and measurement (up to 27 bar) and with 
a frit support (even if not always clearly specified). These operating conditions are well 
adapted to RO but poorly reflected FO, PRO or PAO operation. It is therefore questionable that 
this methodology is well adapted to these operations especially taking in consideration 
membrane stretching observations observed in the current study. 
A standardized methodology adapted to osmotically driven membrane processes has been 
recently proposed and tested through a round-robin test in seven independent laboratories 
[80]. This study certainly demonstrated the benefit of standardised operating conditions (CFV, 
temperature, pressure and draw solution) to compare different type of membrane. However, 
although the proposed hydraulic pressure applied (8.6 bar) remains lower than for RO, the 
current work demonstrated that membrane properties are still highly affected by deformation 
depending on the type of membrane support. This element should be also defined and 
specified in the scope of further standardisation of the system. 
A previous PRO study [96] has already mentioned the limitation of using a conventional RO 
setup to measure A and B values, and instead proposed a PRO setup with feed spacers as 
permeate support to clearly measure the relevant A and B.  Comparatively, higher A and B 
values were observed as a consequence of membrane deformation due to the application of 
hydraulic pressure and feed spacers as support layer. Another study [53] comparatively 
assessed B values determined with RO and FO/PRO setups. Interestingly, similar solute 
permeabilities were obtained for both operating modes. No deformation occurred in the 
different setups since, in the RO setup, frit support was used, and in the proposed FO setup, no 
hydraulic pressure was applied. This confirmed that similar results can be obtained with RO 
and FO setups, when a frit support is used in the RO setup. The current work also confirmed 
that RO setup could result in similar results values than PAO/PRO configuration, as long as the 
impact of membrane stretching is considered. 
As a recommendation, characterisation conditions should match as close as possible the actual 
operating conditions. If the standardised methodology recently proposed using a RO setup 
could be used [80], a special attention should be given to the appropriate applied hydraulic 
pressure and membrane support. For FO operations, it is recommended to use frit support and 
moderate pressure; while for PAO and PRO operation, spacer should be used as support and 
with hydraulic pressure similar to the operating conditions. 
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4.3 Hydraulic performance of PAO 
4.3.1 Validation of performance indicators 
To better assess the interest of these indicators and their evolution over time in batch 
operation mode, tests have been performed with DI water as feed and seawater as draw 
during 24 h; water permeation flux, osmotic pressure as well as σCP and AFOapp were calculated 
during the entire duration of the tests (Table 4-4).  
Table 4-4: Permeation flux, osmotic pressure difference, apparent FO water permeability and 
concentration polarisation coefficient evolution for PAO test (membrane orientation AL-FS, ΔP=1 bar, 
DI as feed, 35 g.L-1 RSS as draw, CFV 0.1 m.s-1). 
Time h 2 6 12 18 24 
Jw L.m-2.h-1 5.8 5.4 4.9 4.5 4.1 
Δπ bar 22.9 20.7 18.2 16.3 14.7 
AFOapp L.m
-2.h-1.bar-1 0.242 0.248 0.257 0.259 0.259 
σCP 0.390 0.395 0.400 0.393 0.393 
In batch operation mode, a dilution of the draw and a concentration of the feed was observed, 
leading to a decrease of the osmotic pressure difference, and thus an inherent permeation flux 
decline was observed. Both PAO performance indicators remained constant over time (i.e. 
0.253±0.008 L.m-2.h-1.bar-1 for AFOapp and 0.394±0.004 for σCP). This indicates that in a FO/PAO 
system, in the tested configuration without significant fouling (at least in the range of osmotic 
pressure differences tested here) and without external concentration polarisation, the 
efficiency of the osmotic pressure to generate flux, remained constant and therefore flux 
decline is uniquely due to the osmotic pressure decline over time. This confirms previous 
observation of Cath and co-workers [11] and more generally the equation governing the flux in 
osmotic systems. Similar results were obtained in PAO mode for the whole range of hydraulic 
pressures tested (up to 6 bar).  
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As the two indicators remained stable over time during the batch operations, the problem of 
integrating the effects of feed concentration and draw dilution on flux, so to filter out possible 
effects of fouling is solved by using these indicators. After 2 h of stabilization, the system could 
be considered stable. This gives a much better evaluation of the system than strictly the 
permeation flux, as described in 0, and allows discriminating impact of osmotic and hydraulic 
pressures. Alternatively, the decrease of these indicators over time in a more complex system 
could be used to estimate effects of fouling. 
4.3.2 Water permeability in PAO 
Experiments were performed with both membrane orientations and with applying pressure in 
the range of 0 to 6 bar on the feed side (PAO mode). Each test was run during at least 2 h after 
stabilised operation (Table 4-5). 
Table 4-5: Impact of hydraulic pressure on AFOapp and concentration polarisation coefficient σCP for 2 
membrane orientations (DI as feed, 35g.L-1 RSS as draw, CFV 0.1 m.s-1). 
    AL -FS  AL - DS 
Pressure bar 0 2 4 6 0 2 4 6 
A L.m-2.h-1.bar-1 0.6 0.8 1.0 1.2 0.6 0.8 1.0 1.2 
AFOapp L.m
-2.h-1.bar-1 0.32 0.38 0.4 0.46 0.56 0.64 0.72 0.77 
σCP   0.56 0.40 0.33 0.19 0.99 0.81 0.71 0.58 
 
The application of hydraulic pressure resulted in a clear positive impact on AFOapp. A significant 
increase of 50% of AFOapp at an applied pressure of 6 bar was observed. This is especially 
interesting, since the applied hydraulic pressure (6 bar) is still moderate compared to the 
osmotic pressure (>20 bar). This shows that hydraulic pressure is comparatively more efficient 
than osmotic pressure within PAO process. 
By definition (and in the context of feed solutions without foulants), the parameter σCP 
estimates the impact of CP on the efficiency of osmotic processes, thus the osmotic pressure 
efficiency; in solutions not containing foulants nor salts (which is the case here, since the 
pressure is applied on the feed side, which is DI water), hydraulic pressure efficiency is not 
affected by CP. As can be seen in Table 4-5, for AL-FS orientation, without applying pressure, 
only 56% of the osmotic pressure is effectively used. The 44% loss is due to effects of ICP and 
ECP. For AL-DS orientation, however, σCP was close to 1 which indicated that nearly no CP 
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occurred (no ICP can occur, since the feed is just DI water; the only CP is external CP on the 
draw solution side). The more efficient use of osmotic pressure in AL-DS orientation confirms 
former observations reported in the literature [45, 47]. 
An important decrease of σCP was observed with increasing hydraulic pressure applied on the 
feed side, for both membrane orientations. This was largely due to the increase of the 
permeation flux, leading to more severe CP effects. As already mentioned, the increase of 
permeation flux is not only a consequence of extra driving force but also of the membrane 
deformation leading to an increase of membrane water permeability. Thus, despite a decrease 
of the σCP, the membrane deformation was found to impact positively the use of osmotic 
pressure thanks to the resulting higher membrane water permeability. 
Therefore, applied hydraulic pressure on the system can be described to have (1) direct impact 
as an extra driving force but decreasing osmotic pressure efficiency due to higher permeation 
flux and CP, (2) indirect impact on membrane deformation significantly increasing permeation 
flux and therefore a resulting greater use of both hydraulic and osmotic pressures. 
Taking these elements into consideration, the relative direct osmotic (direct π) and hydraulic 
pressure (direct P) contributions to the permeation flux have been calculated and plotted, 
together with the indirect contributions (i.e. extra π and P due to deformation) for both 
membrane orientations in Figure 4-6 and calculated as describe in equations 4-2, 4-3, 4-4, 4-5). 
Direct P and direct π were calculated based on Equation 3-5 and considering the water 
permeability of the undeformed membrane (A0= 0.6 L.m
-2.h-1.bar-1) and σCP values from Table 
4-5. Extra π and P were calculated using the extra water permeability obtained when pressure
was applied in comparison with the undeformed membrane. 
PAJ DirectP  0     4-2
 bulkCPDirect AJ   .0 4-3
PAAJExtraP  )( 0  4-4
 bulkCPExtra AAJ   .)( 0 4-5
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Figure 4-6: Relative direct and indirect (due to membrane deformation) contributions of osmotic and 
hydraulic pressure to the initial permeation flux for two different membrane orientations AL-FS (a) 
and AL-DS (b), calculation for DI water as feed solution and seawater 35 g.L-1 as draw. 
For both membrane orientations, hydraulic pressure is observed to impact positively and 
steadily the permeation flux. The use of 6 bar led in both cases to a significant increase of 
permeation flux, 59 and 69% (i.e from 7.9 to 12.6 and from 14 to 23.6 L.m2.h-1) for AL-FS and 
AL-DS respectively. For both membrane orientations, osmotic pressure remains the main 
driving force in the range of pressure tested. Only at 6 bar in AL-FS orientation, hydraulic 
pressure contribution became slightly the predominant driving force for flux. This is due to the 
lowered efficiency of osmotic pressure as a result of concentration polarisation. Deformation 
largely impacts both hydraulic and osmotic pressure contributions in AL-DS mode. 
Interestingly, osmotic pressure contribution remains important for both membrane 
orientations, the higher CP being counterbalanced by the increase of water permeability of the 
membrane with applied hydraulic pressure.  
These results differ from those reported in [84], in which no significant impact of hydraulic 
pressure on the permeation flux was observed. In addition, this study differs from our current 
work in several points: tricot was used as spacer leading to less deformation (i.e. no increase of 
permeability with pressure as observed in Figure 4-2a, i.e. Extra P and Extra Π negligible), 
applied hydraulic pressure was lower (maximum 3.5 bar) and much higher osmotic 
pressure/hydraulic pressure ratio was used, i.e. 12.9 vs. 4.1. All these conditions limit the 
relative impact of hydraulic pressure (Direct Π high and direct P minimal) and could explain 
that much lower impact on water permeation flux was observed..  
Operating conditions described in Figure 4-6 (i.e. DI water as feed solution and seawater 35 
g.L-1 as draw) are representative of the initial state of PAO process, when an important 
difference of osmotic pressure is observed. With recovery increasing, osmotic pressure 
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contribution is expected to decrease due to the decrease of Δπ. Therefore, the hydraulic 
pressure contribution will increase with the recovery of the process. This trend reveals the 
interest of implementing hydraulic pressure for high recovery rate to compensate osmotic 
pressure driving force decrease. In practice, apart from the necessity to add hydraulic pressure 
in FO modules for cross-flow velocity, PAO may be of interest to assure constant water 
permeation by adjusting hydraulic pressure gradually to compensate for the loss of osmotic 
pressure driving force with recovery. 
The justification of PAO in comparison with FO relies on the fact that additional energy input in 
the system is counterbalanced by further savings due to synergetic effects of hydraulic and 
osmotic pressures. Figure 4-7 describes the comparative performances of a theoretical 
permeation flux with regards to the performance observed with PAO. The theoretical 
permeation flux has been calculated using Equation 3-5 with σCP and A values obtained for a 
FO system. 
  
Figure 4-7: Evolution of experimental and modelled permeation flux as function of the applied 
hydraulic pressure on the feed for two different membrane orientations AL-FS (a) and AL-DS (b), (DI as 
feed, 35g.L-1 RSS as draw, CFV 0.1 m.s-1). 
For both membrane orientations, PAO performances are higher than the model prediction for 
hydraulic pressure higher than 2 bar in AL-FS orientation and for all tested pressure in AL-DS 
orientation. This indicates that PAO, despite the more severe concentration polarization 
occurring with the higher permeation flux, is more efficient than the strict addition of osmotic 
and hydraulic pressure driving forces. Such behavior is the consequence of the water 
permeability increase resulting from membrane deformation under pressure. This 
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demonstrates the synergetic impact of the two types of driving forces on PAO performances 
and the potential it holds for energy savings. 
4.3.3 Solute diffusion 
Solute flux and permeability have been evaluated in PAO configuration for both membrane 
orientations and for pressure from 0 to 6 bars. The ratio Js/Jw was calculated for each 
experiment and compared to model results based on the solution-diffusion theory as adapted 
in Equation3-8, taking the previously determined A,B and σCP values (and their dependency on 
applied hydraulic pressure) into account.  
 
Figure 4-8: Evolution of experimental and modelled reverse salt diffusion (Js/Jw) as function of the 
applied hydraulic pressure on the feed for two different membrane orientations AL-FS (a) and AL-DS 
(b), (DI as feed, 35g.L-1 RSS as draw, CFV 0.1 m.s-1). 
Results described in Figure 4-8 show for both membrane orientations a relative stable reverse 
salt diffusion, with a Js/Jw ratio remaining between 0.5-1.0 g.L-1. In AL-FS operation a decrease 
of the Js/Jw ratio is even observed. This could be explained by the combination of the increase 
of water permeability and limitation of reverse salt diffusion. This was observed despite a 
strong increase of the solute permeability with pressure. Indeed, the overall increase of 
membrane permeability with pressure leads to more CP, as observed earlier with the decrease 
of the concentration polarisation coefficient. This phenomenon positively acted as decreasing 
the effective concentration difference on both sides of the membrane active layer and then 
limited the reverse salt diffusion 
While comparing the experimental data with the solution diffusion model, without applied 
hydraulic pressure, good fitting was observed for both membrane orientations, confirming the 
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application of the model in FO configuration. However, when applying hydraulic pressure, a 
slight deviation from predictions calculated based on Equation 3-8 was observed with 
experimental values of reverse solute diffusion being significantly lower than predicted by the 
model. Solution diffusion model for water and salt transfer has been largely described in the 
literature and validated for FO and PRO configurations [44, 47, 48] as discussed in section 
2.3.1, but only very limited information exist for PAO [94] and thus it certainly requires further 
calibration. The deviation observed could be the consequence of an underprediction of the 
concentration polarization by the model in PAO operation. It may also indicates that additional 
phenomenon, like competition of forward and reverse salt diffusion already mentioned in the 
literature [84], could governs the solute diffusion in the specific PAO configuration, where 
hydraulic pressure is in the opposite direction of the solute flux. Also, this initial model was 
adapted from the FO solution-diffusion model and using σCP to account for the effective 
osmotic driving force. The author agrees that the use of σCP has some limitations and for all 
other chapters more extended models of solute diffusion and associated equations were used. 
This could be confirmed through a specific study. However, a clear interest is observed in using 
PAO in AL-FS orientation to improve the water permeation while limiting the reverse salt 
diffusion. 
4.4  Concluding remarks 
The work conducted in this Chapter confirmed the deformation suffered by FO membrane 
during pressurisation against typical feed spacer. The resulting stretching of the membrane 
needs to be further considered, assessed and monitored, especially during long-term 
operation. However, for the limited test duration used in this study, all membrane samples 
retained their integrity. In addition to the expected extra driving force on the permeation flux, 
hydraulic pressure has shown to be very promising in increasing the water permeability and 
limiting RSD. This Chapter validates the interest of the PAO concept for a potential wide range 
of engineered osmosis applications and confirms the need for further assessment. The 
technical evaluation will be continued in Chapter 5 with the assessment of new generation of 
commercial FO membrane. 


 : Impact of hydraulic pressure Chapter 5
on membrane deformation and trace 
organic contaminants rejection by PAO  
This chapter is adapted from: 
Blandin, G., Vervoort, H., D’Haese, A., Schoutteten, K., Vanden Bussche, J., Vanhaecke, L., 
Myat, D.T., Le-Clech, P, Verliefde, A.R.D. Impact of hydraulic pressure on membrane 
deformation and trace organic contaminants rejection by pressure assisted osmosis (PAO), 
Submitted (October 2015) to Journal of Process Safety and Environmental Protection. 
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Following the initial observations of membrane deformation and impact of PAO on improving 
water flux and limiting RSD with HTI CTA membrane, reported in the previous chapter, further 
tests are conducted to characterise the behaviour of the second generation of commercial TFC 
FO membranes from HTI and Porifera in PAO operation. In addition to A and B parameters, 
further analyses of the structural parameter (S) as well as membrane surface and SEM cross 
section are shown to demonstrate membrane deformation. Finally, the impact of membrane 
intrinsic parameters and hydraulic pressure on trace organic contaminants (TrOC) rejection is 
investigated. 
5.1  Membrane characterization 
RO permeability tests were performed in the pressure range from 2 to 6 bar using the RO 
setup, to determine water (A) and salt (B) permeability for all three membranes using the two 
aforementioned support materials used as permeate spacer (i.e., the RO feed spacer and the 
permeate spacer). Increasing hydraulic pressure was applied to observe the potential impact 
of membrane deformation under pressure for the different membrane support materials 
(Figure S 1 and Figure S 2 of Appendix A). A and B values at 4 bar for both spacer supports, as 
well as the estimated value of A and B at 0 bar (also referred to at A0 and B0, which correspond 
to the ordinate of linear trend lines extrapolated from the data under hydraulic pressure as 
explained in Figure S 1 and Figure S 2 of Appendix A) are presented in Table 5-1: 
Table 5-1: Water (A) and solute (B) permeability to NaCl as function of pressure and membrane 
support for three tested commercial membranes (RO mode) and structural parameter defined in FO 
mode 
A (L.m-2.h-1.bar-1) B (10-7.m.s-1) S0 
0 bar 
4 bar / 
permeate 
spacer 
4 bar / 
RO feed 
spacer 
0 bar 
4 bar / 
permeate 
spacer 
4 bar / 
RO feed 
spacer 
μm 
HTI CTA 0.7 0.9 1.0 1.5 2.1 3.1 663 
HTI TFC 1.3 1.7 2.1 0.3 0.6 0.7 1227 
Porifera 
FO 
2.1 2.2 2.2 1.2 1.4 1.4 344 
The estimated A and B values obtained at 0 bar for both HTI membranes are in the range of 
values observed ([84] and chapter 4). The impact of hydraulic pressure on membrane 
deformation (as already documented [96], chapter 4) was clearly observed for the CTA 
membrane: larger A and B values were observed with increasing pressure, especially when the 
RO feed spacer was used to support the membrane. Interestingly, the A value of the HTI TFC 
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membrane was observed to be much more dependent on applied hydraulic pressure (when 
using the RO feed spacer as support) compared to the HTI CTA membrane. This demonstrates 
important stretching/deformation of this TFC membrane and indicates a lower mechanical 
resistance. The lower salt permeability observed demonstrated the higher selectivity of the HTI 
TFC membrane compared to the CTA, and this selectivity remained high, even at elevated 
applied pressures (i.e., in more severe deformation conditions).  The Porifera FO membrane 
demonstrated the highest A value among the different tested membranes, but with a salt 
permeability in-between that of the two HTI membranes. Very little variation of A and B values 
with increasing pressure (regardless of the spacer type used) was observed for the Porifera FO 
membrane, indicating a high mechanical resistance. 
The S0 value calculated for HTI CTA membrane was in the range of values reported [80]. Higher 
So value was expected for HTI TFC [84] but not in such extent. The benefit of higher water 
permeability might be lost in FO mode as a consequence of more intense ICP in the membrane 
support layer (see further). Porifera FO membrane presented a much lower structural 
parameter which is of high interest in combination with high water permeability toward better 
use of osmotic pressure driving force. 
Zeta potential tests (Figure 5-1) confirmed data from literature that the HTI CTA membrane is 
only slightly negatively charged over the pH range from 5 to 8 [151, 180]. Both TFC membranes 
(HTI TFC and Porifera FO) were more negatively charged than the HTI CTA, as also observed 
with the commercially available TFC membrane from Oasys [155]. Interestingly, all three 
membranes featured very different zeta potential values, with the Porifera FO membrane 
being the most negatively charged.  
 
Figure 5-1: Zeta potential of tested membranes as function of pH using 1 mM KCl background 
electrolyte solution  
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5.2  Water and salt permeability in FO and PAO 
operation 
Experiments were conducted with the three commercial membranes in FO (0 bar) and PAO (4 
bar) mode. The tests in PAO mode were performed twice, once with the permeate spacer and 
once with the RO feed spacer on the draw side of the membrane. Each test was run for at least 
2 h after stable operation, and water flux and RSD over the 2 h of operation were calculated 
(Figure 5-2). Respective contribution of osmotic and hydraulic pressure in water permeation 
flux using similar methodology as described in section 4.3.2. 
Figure 5-2: Respective contribution of osmotic (π) and hydraulic (P) pressures to water permeation 
flux (Jw) and reverse salt diffusion (Js/Jw) observed for (a) HTI CTA, (b) HTI TFC, (c) Porifera FO, in FO 
and PAO mode (DI water as feed, 0.5M NaCl as draw, CFV=0.1m.s-1). 
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Results obtained for the HTI CTA membrane corroborated trends fromChapter 4, namely that 
the use of hydraulic pressure on the feed side in FO (so basically PAO) leads to water flux 
enhancement and a decrease of RSD. In FO operation, the HTI TFC membrane demonstrated a 
similar flux as the HTI CTA (6.5 L.m-2.h-1), despite its much higher A value. For the HTI TFC, the 
benefit of the higher water permeability was counterbalanced by a higher structural 
parameter (S), leading to more severe ICP [84]. In PAO operation at 4 bar, the permeation flux 
of the HTI TFC was doubled compared to the flux in FO, even when the permeate spacer 
(whereby there is limited deformation of the membrane active layer as demonstrated in 
Chapter 4) was used as support. In fact, the higher A value of the HTI TFC directly translated in 
higher fluxes when hydraulic pressure was increased, due to the fact that ICP was not limiting 
water flux under hydraulic pressure. In PAO mode, the hydraulic pressure became the 
predominant driving force for water flux for the HTI TFC membrane. Further increase of the 
water flux was observed when the RO spacer was used to support the membrane, as a result 
of more severe membrane stretching/deformation, increasing the A value (Table 5-1) and 
consequently improving the efficiency of both osmotic and hydraulic pressures (Chapter 4). 
The Porifera FO membrane resulted in much higher fluxes than both HTI membranes in FO 
mode (17.6 L.m-2.h-1), as a consequence of its higher A value, as well as its lower S-value, which 
limited ICP (Table 5-1). In PAO mode, a clear flux enhancement was also observed for the 
Porifera FO membrane, for similar reasons than for the HTI TFC membrane (i.e. high A value). 
Both the HTI TFC and Porifera FO membranes featured low RSD when being operated in PAO 
mode. This is mainly due to the fact that in PAO mode, the hydraulic pressure contribution to 
the flux becomes significant, and the high water flux results in very high ICP that decreases the 
effective osmotic pressure difference across the membrane (and thus the osmotic driving 
force, but also lowers RSD). This explains why RSD decreases with a water flux increase in PAO. 
All these results confirm former observations that PAO operation can be used to tackle the 
current water flux/salt flux trade-off of FO (chapter 4 and [95]). The use of RO feed spacers as 
membrane support, leading to membrane deformation, allows for higher water fluxes, but also 
a higher contribution of the osmotic pressure to the flux, despite more intense ICP, as already 
discussed in Chapter 4. The observed differences in water fluxes and RSD for the different 
membranes and the different modes of operation (FO vs PAO) might be factors that will help in 
understanding mechanisms driving TrOC transport in FO/PAO in the following sections. 
5.3  Membrane compaction and deformation 
78 
In a first attempt to estimate membrane deformation, experimental FO and PAO fluxes were 
compared to simulated values for the two types of spacers (Figure 3). The theoretical water 
flux for all membranes in FO and PAO mode was calculated using the existing PAO flux model 
from Equation 2-9. In this calculation, the A, B and S0 (Table 5-1) values determined before, 
and the feed and draw osmotic pressures were used. A and B values specific to each hydraulic 
pressure and spacers configuration were used, thus accounting for differences in A and B 
values due to deformation; only the structural parameter S0 was considered constant. 
Figure 5-3: Comparison of experimental and simulated fluxes for HTI CTA and TFC and Porifera FO 
membranes in FO and PAO operation with both permeate and RO feed spacers as membrane support 
on the draw side ((DI water as feed, 0.5M NaCl as draw, CFV=0.1m.s-1). 
For the HTI CTA membrane, the simulated flux values were very similar to experimental ones, 
confirming that deformation mainly impacts the membrane selective layer (which determines 
the A and B values), and not significantly the S value (which means that ICP behavior is only 
impacted by flux). The batch of CTA membranes used in this study showed less flux increase 
under pressure (higher mechanical strength) and lower water fluxes in FO mode (Figure 2) 
than in our previous studies [30]. The lower extent of deformation and lower permeation 
fluxes could be hypothesized to be the consequence of a thicker support layer of this batch 
(20% difference in performances could happen as confirmed by the supplier). 
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For the Porifera membrane, and to an even higher extent for the HTI TFC membrane, 
simulated flux values in PAO mode showed a clear deviation from the experimental results. For 
both membranes, experimental fluxes were clearly higher than the simulated values which 
already accounted for deformation effect (A and B values increase due to stretching against 
spacer strands). This indicates that the increased flux observed in PAO operation must be due 
to a changing S value with increasing applied pressure. More specifically, a decrease of the S 
value is hypothesized at higher pressures, limiting ICP and thus increasing flux. This implicates 
that hydraulic pressure applied on these membranes not only influences the active layer 
(which determines A and B values), but also clearly affects the support layer. To be more 
precise, in order to explain the lower S values with applied pressure, a compaction of the 
support layer under pressure is expected to occur, as already observed in [94] and in [181] for 
TFC RO membranes.[181]To get further insight in the effects of applied pressure on HTI TFC 
and Porifera FO membranes, FO experiments on the coupons before and immediately after 
compaction, as well as after one night of relaxation were carried out. The compaction was 
operated in PAO mode at 4 bar during 4 h, using the RO spacer as support. In addition to FO 
performances (Table 5-2), the membranes used for these experiments were characterized 
using digital photography and SEM characterization of the cross-section, before and after 
compaction (Figure 5-4). Membrane thicknesses were calculated using Image J software by 
measuring 10 times the membrane thickness on five different samples for both HTI TFC and 
Porifera FO membranes at higher magnification (x500), values are reported in Table 5-2. 
The evidence that membrane deformation occurs due to the stretching of the membrane over 
the spacer strands was confirmed by digital photography of the active layers of the 
membranes (Figure 5-4a), and corroborates as previous observation for the HTI CTA 
membrane (Chapter 4 and [97]). SEM images of the cross sections at low magnification (x35) 
(Figure 5-4b) also showed that initially flat membranes (before compaction) bended over 
spacer filaments (after compaction). 
 SEM cross sections at higher magnification (x500) in Figure 5-4c and associated membrane 
thickness measurements in Table 5-2 clearly showed that the Porifera FO membrane was 
much thinner than HTI TFC, corroborating S value results. These observations provided a clear 
indication that the higher efficiency of the Porifera FO membrane was indeed due to its 
thinner support layer, limiting ICP. Based on comparative SEM cross section images (Figure 
5-4), surface deformation was seen after compaction for both membranes. However, the 
impact of this compaction on calculated thickness (t) was not confirmed (Table 5-2). This 
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appeared to indicate reversibility (relaxation) of the support layer compaction, when moderate 
pressure was applied (as is the case here). 
(c) Before compaction After compaction 
HTI TFC 
Porifera 
FO
Figure 5-4: (a) Digital photography of membrane active layer, SEM cross section at (b) x35 and (c) x500 
magnification before and after compaction for HTI TFC and Porifera FO membranes. 
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Porifera 
Before compaction
After compaction
After compaction
Before compaction
(a) (b) 
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Table 5-2: Impact of compaction and relaxation on water flux (Jw), reverse salt diffusion (Js/Jw) in FO 
mode (DI water as feed 0.5M NaCl as draw) and membrane thickness (t) for HTI TFC and Porifera FO 
membranes. 
      
Before 
compaction 
after compaction 
after compaction 
and one night 
relaxation 
HTI TFC 
Jw L.m-2.h-1 5.6 ±0.2 5.6 ±0.3 5.8 ±0.3 
Js/Jw g.L-1 0.49 ±0.06 0.77 ±0.03 0.58 ±0.02 
t μm 127 ±5 125 ±6 
Porifera 
FO 
Jw L.m-2.h-1 15.6 ±0.5 16.6 ±0.6 15.7 ±0.5 
Js/Jw g.L-1 0.66 ±0.02 0.64 ±0.03 0.67 ±0.11 
t μm 45 ±3     43 ±3 
 
For both HTI TFC and Porifera FO membranes, the FO water flux (Jw) was unchanged neither 
after pressurisation at 4 bar for 4 h, nor after one night of relaxation (Table 5-2). This differs 
from our previous observations with the HTI CTA membrane, where (1) water flux was 
improved after compaction and (2) relaxation for one night allowed for recovery of initial 
characteristics (Chapter 4), showing different compaction behaviour for TFC and CTA 
membranes. In the case of HTI TFC, membrane deformation was detrimental to RSD (i.e. Js/Jw 
ratio increased just after compaction). This corroborates the fact that for HTI TFC, B value 
increased in a larger extent than A when hydraulic pressure is applied (Table 5-1), indicating a 
loss of selectivity with deformation. The Porifera FO membrane did not show significant 
differences in water and salt fluxes before and after pressurisation, confirming its higher 
mechanical resistance to hydraulic pressure as already observed in Table 5-1. The fact that 
water flux, in FO mode, for both membrane remained similar before and after compaction also 
confirmed that the hypothesis of compaction of the support layer, resulting in lower S value, 
occurred only during pressurisation. As soon as hydraulic pressure was released, support layer 
thickness came back to its initial state. As a result, for both TFC membrane tested, hydraulic 
pressure had a low to negligible impact on its intrinsic separation properties since: 
 Only HTI TFC membrane suffered from slight decrease of rejection layer selectivity 
 Compaction of the support layer was fully reversible as soon as the hydraulic pressure 
was released 
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5.4  Trace organic contaminant rejection 
5.4.1 Impact of membrane type on TrOC rejection in FO 
mode 
TrOC rejection experiments were carried out with the three different membranes in FO mode 
(0 bar). Each test was conducted using a feed solution containing 26 TrOC dosed at 20 μg.L-1 
each. Experiments were run until 50% water recovery was reached. Rejections of the TrOCs 
were plotted as a function of charge and increasing molecular weight (MW) per charge 
categories in Figure 5-5. 
 
Figure 5-5: TrOC rejection with HTI CTA, HTI TFC and Porifera FO membranes operated in FO mode (0 
bar, DI water +TrOC as feed, 0.5M NaCl as draw, CFV=0.1m.s-1). 
The benchmark HTI CTA membrane showed a high rejection of all charged compounds (>88%), 
but a much poorer rejection of neutral TrOCs compared to charged ones. This corroborates the 
reported mechanisms that electrostatic repulsion plays a major role in TrOC rejection for the 
HTI CTA membrane [142, 150, 182]. Neutral compound rejection values by the CTA membrane 
varied to a much larger extent (from 3 to 99%). Neutral TrOCs with higher MW (Figure 5-6a: 
carbamazepine, pentoxyfylline and hydrochlorothiazide) were certainly better rejected, 
however plotting rejection as a function of MW did not allow to draw a clear correlation. This 
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confirms findings that for neutral compounds, rejection was not solely driven by steric 
hindrance, but non-electrostatic solute-membrane affinity (i.e. Lifshitz-van der Waals which 
are often referred to as hydrophobic and polar interactions) played a role as well. This was in 
accordance with findings for high-pressure membranes (NF/RO) [143]. High variability on 
rejection (i.e. 3% for diuron, 88% for carbamazepine) of hydrophobic neutral compounds 
(Figure 5-6b) could however not directly confirmed the hypothesis of rejection driven by 
hydrophobic interactions only, as often mentioned in the literature [143]. 
  
Figure 5-6: Rejection of neutral compounds by HTI CTA membrane as function of respectively (a) 
molecular weight (MW) and (b) hydrophobicity (Log D) 
Experiments conducted with the HTI TFC showed high rejection values for the whole range of 
tested TrOC (>80%, Figure 5-5). As such, the HTI TFC offered improved TrOC rejection 
performance in comparison with HTI CTA membrane, especially for neutral compounds. Higher 
rejection by TFC (HTI and Porifera FO) membranes corroborated findings for the Oasys TFC FO 
membrane [155]; and confirmed the benefit of the polyamide-based selective layer in TFC 
membranes in improving membrane selectivity. The HTI TFC showed very high rejections of 
negatively charged compounds (>99%), high rejections of neutral compounds (>90%), and 
slightly poorer rejections of positively charged ones (down to 80%). The latter has also been 
observed for negatively charged NF/RO membranes [20]. The generally higher rejection of 
TrOC by the HTI TFC compared to the HTI CTA might be attributed to the following elements: 
 Most likely smaller average pore size [155] of the TFC membrane, allowing for a more 
efficient steric hindrance 
 The higher surface charge of the HTI TFC. Negatively charged TrOC rejection was 
further improved by a strong electrostatic repulsion, with the HTI TFC active layer 
being more negatively charged than HTI CTA membrane (Figure 5-1). Reversely, 
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positively charged compounds were assumed to be more attracted by membrane 
active layer, explaining their lower comparative rejection. [147] 
 Potential changes in non-electrostatic solute-membrane affinity. Since membranes
differed in surface chemistry, uncharged compounds will have different solute-
membrane interactions with the different membranes. This would require calculation
of interaction energies, which was beyond the scope of this study [50]. 
The Porifera FO membrane showed the highest rejection of TrOCs (minimum 90% for all 
compounds) amongst the three tested membranes. Similar rejection performance was 
observed for the Porifera FO membrane compared to the HTI TFC for negatively charged 
and neutral TrOC, but a higher rejection was observed for positively charged TrOCs. 
Interestingly, the TFC membrane from Porifera FO showed higher TrOC rejections than the 
HTI TFC membrane, despite its higher water and salt permeability (Table 5-1). In addition, 
despite being more negatively charged, the Porifera FO membrane better rejected 
positively charged TrOC than the HTI TFC. The overall higher TrOC rejection of the Porifera 
FO membrane was mainly a consequence of the higher water flux at similar driving force 
as applied in these experiments, resulting in more dilution of permeate TrOC 
concentrations (i.e. water permeating much faster than TrOC). In addition, it was possible 
that a higher RSD in the Porifera FO membrane (due to the higher B value and lower ICP) 
might have had an effect. Xie et al. suggested that RSD may act as a restraint to forward 
TrOC diffusion [152].   
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5.4.2 Impact of hydraulic pressure on TrOC rejection 
TrOC rejection experiments were performed in PAO mode (4 bar), using the two spacer types 
on the draw side to support the membrane:  a) the permeate spacer - to limit membrane 
deformation and b) the RO feed spacer – with higher extent of deformation). TrOC rejections 
are shown as a function of charge and increasing molecular weight (MW) for each membrane 
in Figure 5-7. 
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Figure 5-7: Impact of hydraulic pressure and spacer type on TrOC rejection with HTI CTA (a), HTI TFC 
(b) and Porifera FO (c) membranes for FO (0 bar) and PAO operation (4 bar) with the permeate spacer 
and the RO feed spacer as membrane support on the draw side (DI water +TrOC as feed, 0.5M NaCl as 
draw, CFV=0.1m.s-1). 
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From Figure 5-7, it was apparent that the application of hydraulic pressure in PAO mode 
resulted in a significant decrease of rejection for most TrOCs for all three membranes, despite 
the higher fluxes obtained (normally, as indicated by the solution-diffusion model, higher 
fluxes will always lead to higher rejection due to permeate dilution). Clearly, all membranes 
operated in PAO using the RO feed spacer to support the membrane, featured the lowest TrOC 
rejections. The RO spacer has been shown to have the most impact on membrane 
deformation. This demonstrated that membrane deformation had a tremendous impact on 
TrOC passage. Most likely, the stretching of the selective layer of the membranes, led to a 
decrease in steric hindrance by the membranes. The fact that TrOC rejection decreased 
similarly for all TrOC regardless of their MW, hydrophobicity and charge, appeared to indicate 
that only one parameter affecting TrOC partitioning in the membrane was altered. Most likely, 
this would indeed be the membrane average pore size, as neither surface charge, nor solute-
membrane affinity was expected to be altered by membrane deformation. 
As stated above, RSD has been shown to impact TrOC rejection, with higher RSD leading to 
higher TrOC rejection [151]. However, based on Figure 2, it was clear that for all membranes, 
similar RSD values were observed in PAO mode for both spacers, and thus the decrease in 
TrOC rejection upon applying hydraulic pressure for these membranes cannot be due to RSD 
effects. 
The most significant changes in TrOC rejection in PAO mode were observed for the HTI TFC 
membrane. TrOC rejections decreased by about 10 and 20% when using the permeate and the 
RO feed spacers as support, respectively, regardless of the TrOC MW, charge and 
hydrophobicity. The stronger impact of PAO on the HTI TFC membrane TrOC rejection 
corroborated with findings as shown above (Table 5-1) of higher extent of deformation 
observed for this membrane and the associated increase in salt permeability (B value). The 
Porifera FO membrane also showed decreases in TrOC rejection when operating in PAO mode. 
Negatively charged and neutral compounds rejection was not significantly impacted (less than 
10% loss), in contrast with HTI TFC membrane results. This was most likely explained by the 
stronger mechanical resistance of the Porifera FO membrane, in addition to the fact that the 
flux in PAO mode with Porifera FO membrane remained mainly osmotically driven. Positively 
charged TrOC rejection observed here with more negatively charged membranes (HTI TFC and 
Porifera FO) remained high in FO operation but dropped significantly in PAO operation. It has 
been previously explained for NF/RO membranes that this behaviour is most likely due to a 
combination of more attraction of positive charged compounds towards the  more negatively 
88 
charged membrane (charge concentration polarisation), which is in the case of PAO combined 
with a loss of selectivity due to deformation. 
5.5  Concluding remarks 
It was demonstrated that commercial TFC membranes allowed for higher water fluxes and 
higher selectivity than the CTA benchmark allowing for higher TrOC rejection in FO. As a result 
of higher permeability, the TFC membranes were also more responsive to hydraulic pressure 
applied in the PAO process, and thus showed significant flux enhancement with increased 
hydraulic pressure. TFC membranes suffered from membrane deformation under hydraulic 
pressure (especially HTI TFC membrane); interestingly, not only the stretching of the active 
layer was observed, but also the compaction of the support layer, potentially resulting in 
reduced ICP and leading to a general decrease of TrOC rejection. Thus, evaluating higher 
permeability membrane with better mechanical resistance such as NF is of potential interest 
and will be conducted in Chapter 6. 


 : Pressure assisted osmosis Chapter 6
using nanofiltration membranes (PAO-NF) 
- towards higher efficiency osmotic
processes
This chapter is adapted from: 
Myat, D.T., Blandin, G., Verliefde, A.R.D., Le-Clech, P. Pressure assisted osmosis using 
nanofiltration membranes (PAO-NF): towards higher efficiency osmotic processes, Submitted 
(January 2015) to Journal of Membrane Science. 
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In contrast to normal FO operation, membranes featuring high water permeability produce 
high water flux and small RSD. Therefore, given the outcomes from previous chapters, the use 
of a more porous membrane, such as NF membranes, in PAO configuration (named as PAO-NF 
concept) could offer an interesting alternative to conventional FO and PAO operation, thanks 
to the potential greater impact of hydraulic pressure towards flux enhancement. One should 
keep in mind that PAO-NF and NF processes as such could not be compared as the produced 
water quality is different (i.e. a diluted draw solution for PAO-NF and fresh water for NF), but 
this was also not the objective of this study. In this chapter, the performance of a wide range 
of conventional NF membranes with different MWCO (from dense to more open) was assessed 
under PAO conditions and compared to FO and PAO. Given the more porous nature of the NF 
membranes used in this concept, the overall transmission of salt in-between feed and draw 
solutions (i.e. total salt transport, TST) is studied. Finally, the relative contribution of osmotic 
and hydraulic pressures towards flux enhancement is assessed and modelling of the potential 
optimisation of current commercial NF membrane in PAO applications is proposed.  
6.1  Membrane characterization 
The membrane characteristics (A, B and R) of all NF and FO membranes used in this chapter 
were experimentally measured (Table 6-1).  
Table 6-1: Detailed characteristics of both NF and FO membranes used in this study 
Membrane Type
Water 
permeability, 
A
Water 
permeability, 
A
Solute 
diffusivity, 
B
Selectivity
(Model) (L.m-2.h-1.bar-1) (x 10-7 m.s-1) (x 10-5 m.s-1) A/B
CTA FO
Cellulose 
triacetate
0.6±0.5 1.7±1.4 0.01±0.01 1.56 86±2
Dow90 (NF-90) 90-100 Polyamide 9.8±0.4 27.2±1.1 0.2±0.1 1.36 84±1
Dow270 (NF-
270)
300 Polyamide 16.1±0.4 44.7±1.1 4.8±0.5 0.09 24±2
Hydra200 
(ESNA1-LF2)
200 Polyamide 8.2±0.6 22.8±1.7 0.3±0.1 0.76 70±4
Hydra1000 
(Hydracore 50)
1000
Sulfonated 
polyethersulfone
13.4±0.3 37.2±0.8 11.1±0.1 0.03 12±1
GE-150 (GE DK) 150 Proprietary 8.5±0.1 23.6±0.3 0.9±0.1 0.26 45±2
MWCO 
(Da)
a
Membrane 
Materials
RSS 
rejection
, R (%)
a: data taken from the manufacturers websites and [183] 
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All NF membranes showed significantly higher water permeabilities than the HTI CTA FO 
membrane. Similarly, CTA FO membrane demonstrated also a higher permeability to salt (i.e. 
lower B value) confirming an overall much lower permeability of FO membrane than for all NF 
membranes. However, the CTA FO and Dow90 membranes demonstrated similar salt 
rejections, despite having very distinct A and B values, as a consequence of similar range of 
selectivity (A/B). Such behaviour makes them suitable for comparison, and these membranes 
were more specifically targeted to carry out most of the tests.  
6.2  Initial assessment of PAO-NF performance 
6.2.1 Impact of hydraulic pressure on water flux  
In the first series of experiments, both commercial CTA FO and Dow90 membranes were used 
under (1) FO and (2) PAO operating conditions at 2 bar feed pressure. It is important to note 
that both membranes have similar intrinsic salt rejection (84-86%) and selectivity (A/B), but 
different A values (0.6 and 9.8 L.m-2.h-1.bar-1 for CTA FO and Dow90, respectively, Table 6-1). 
Under FO mode, a very low water flux (Jw, 1.0 ± 0.3 L.m
-2.h-1) was observed for Dow90, 
significantly smaller than for CTA FO (4.9 ± 0.1 L.m-2.h-1) (Figure 6-1). 
 
Figure 6-1: Water flux (Jw) of CTA FO and Dow90 NF membranes during FO and PAO experiments at 2 
bar, using DI water and 35g.L-1 RSS as feed and draw solutions respectively. 
These results clearly confirm the poor performance of NF membranes under FO operation. 
This is mainly due to the nature of the Dow90 NF and the presence of the thick polysulfone 
support layer [126], compared to the CTA FO, of which the thin support layer is optimized for 
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use in osmotically driven processes. Therefore, the difference in support layer thickness 
between CTA FO and Dow90 membranes is expected to be the main factor impacting on water 
fluxes in FO mode.  
When moderate hydraulic pressure was applied on the feed side (PAO mode), Jw increased 
considerably to 23.4 L.m-2.h-1 for the Dow90 membrane, while only approximately 20% 
increase in Jw (i.e. from 5.0 to 5.8 L.m
-2.h-1) was observed with CTA FO used under the same 
PAO conditions (Figure 6-1). The large flux increase for the NF was observed despite the minor 
increase in applied hydraulic pressure (i.e. 2 bar) compared to the osmotic pressure (> 20 bar). 
As expected, the Dow90 membrane was thus much more responsive to the hydraulic pressure 
driving force, resulting from its higher water permeability (i.e. 9.8 L.m-2.h-1.bar-1 in Table 6-1). 
This value is in the low range of values found in the literature DOW90 membrane, i.e. 12.5 
[183] and 11.2 L.m-2.h-1.bar-1 [126]).
In addition to water permeation flux (Jw), TST was also calculated for both membranes during 
both FO and PAO tests. Since salt is present only in the draw solution, salt transport was 
assumed to be mainly due to RSD in such operating conditions (Fig. 2). However, given the 
porous nature of the membrane, forward salt passage was also expected to occur to some 
extent, and the term TST was considered to better represent the overall salt movement 
through the membranes.   
Figure 6-2: TST for CTA FO and Dow90 membranes during FO and PAO experiments at 2 bar (DI water 
as feed, 35 g.L-1 RSS as draw, CFV=0.1m.s-1). 
As shown in Figure 6-2, under FO conditions, TST calculated was 0.33 g.L-1 for the NF, already 
significantly lower than for the FO membrane (0.64 g.L-1) possibly due to the lower water flux 
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achieved (1.0 ± 0.3 L.m-2.h-1). The use of hydraulic pressure under PAO mode resulted in a 
small change in TST for the FO membrane, but significantly decreased the TST value in PAO-NF 
(down to 0.04 g.L-1). The decrease in RSD was already observed with CTA FO membrane in 
recent study on PAO operation (Chapter 4 and [95]), but is reinforced here with NF membrane. 
The decrease in TST with increasing water flux in the NF could be related to the thick support 
layer of the NF membrane, within which severe ICP occurs. Interestingly, ICP phenomenon 
appears to act as a salt barrier here, limiting the reverse salt flux. Indeed, this phenomenon is 
expected to strongly impact salt diffusion when high fluxes are produced in PAO-NF. One of 
the expected limitations of using NF membranes in osmosis-based operations is the 
permeation of draw components through the active layer of the open membrane into the feed 
side of the process (phenomenon named RST in this study). The initial results obtained in this 
study clearly demonstrated that the high flux obtained during PAO-NF helped to further 
decrease RST, making this concept of potential interest for practical implementation. 
Moreover, the Dow90 membrane used under PAO condition generally outperformed the NF-
like FO membranes previously tested in FO applications [60, 61, 74, 75], in terms of achieving 
higher water flux and lower salt transport. 
6.2.2 Impact of membrane orientation  
As discussed in previous section, the water flux achieved by the Dow90 membrane in FO 
operation was hindered due to ICP phenomenon. Higher fluxes are therefore expected in the 
AL-DS membrane orientation, for which ICP will be negligible under our experimental 
conditions (i.e. DI water on feed side). As a result, and in order to better characterise the 
permeation flux and salt transport, the impact of membrane orientation was therefore 
assessed under PAO operation (2 bar) for both CTA FO and Dow90 membranes. During AL-DS 
experiments with the Dow90 membrane, it was observed that the use of hydraulic pressure 
caused the delamination of the porous support from its nonwoven fabric support. Hence, the 
AL-DS experiments were conducted using a commercially available RO permeate spacer on the 
draw side to better support the membrane and avoid delamination [95]. 
Table 6-2: Water flux (Jw) performance and TST (g.L
-1) for CTA FO and Dow90 membranes during PAO 
experiments at 2 bar in both AL-FS and AL-DS configurations 
 AL-FS AL-DS 
 Jw, L.m
-2.h-1 TST, g.L-1 Jw, L.m
-2.h-1 TST, g.L-1 
CTA FO  5.8±0.2 0.64±0.10 7.9±0.4 0.48±0.10 
Dow90 23.4±4.0 0.04±0.01 26.8±0.4 0.04±0.02 
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As shown in Table 6-2, under PAO-2 bar mode, approximately 30% increase in water flux was 
observed with the CTA FO membrane in the AL-DS orientation compared to the AL-FS 
orientation, i.e. from 5.8±0.2 and 7.9 ±0.4 L.m-2.h-1 in AL-FS and AL-DS configurations 
respectively. The water flux increase with the CTA FO membrane in AL-DS configuration was 
already reported in literature (Chapter 4 and [47]. For the Dow90 membrane, only a slight 
increase of around 10% in water flux performance between AL-FS and AL-DS configurations 
was observed. TST calculated for CTA FO membrane in AL-DS configuration (0.48±0.10 g.L-1) 
was approximately 40% lower compared to AL-FS configuration (0.64±0.10 g.L-1). TST 
calculated for Dow90 membrane remained low, regardless of the membrane configuration.  
It is surprising to observe that operating the PAO-NF process in AL-DS did not result into much 
higher permeation flux (i.e. 23.4 vs. 26.8 L.m-2.h-1 for AL-FS and AL-DS respectively), despite an 
expected low ICP (as support layer was facing DI water). This observation is different from 
previous studies using NF-like membranes in FO mode [71-73] in which a significant increase in 
water flux was observed when the membrane was operated under AL-DS orientation, 
compared to the AL-FS orientation. Although previously studied NF-like membranes featured 
thin support layers for minimizing ICP effects, significant RSD were recorded (0.5 g.L-1) when 
tested under FO (AL-FS) conditions [75]. For those membranes, the use of AL-DS mode resulted 
in lower ICP, and therefore higher fluxes. Given the very low TST values obtained for PAO-NF in 
both configurations, the impact of ICP was considered to be minimal on the performances 
obtained here with clean feed solutions, thus explaining the only slight increase in flux in AL-DS 
mode. The slight increase in flux in AL-DS mode is expected to be also due to the ECP on the 
draw side [95]. In addition, the hydrophobicity of the support layer as demonstrated in [69] 
could hinder the increase in water flux in AL-DS mode. 
6.3  Impact of NF membrane type  
6.3.1 Water and salt fluxes with DI water as feed 
A range of commercially available NF membranes (Table 1) were tested under PAO mode to 
further validate the PAO-NF concept. Water fluxes (Jw) during the PAO experiments (at 2 bar) 
performed for five different types of NF membranes were shown in Figure 6-3 and compared 
to the CTA FO membrane.  
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Figure 6-3: Water flux (Jw) and TST during the PAO experiments performed for five different types of 
NF membranes at 2 bar hydraulic pressure (DI water as feed, 35 g.L-1 RSS as draw, CFV=0.1m.s-1) 
Once operated under PAO mode, all the tested NF membranes featured superior water fluxes 
than the FO membrane, with Jw up to 35.9 ± 5.3 L.m
-2.h-1 for the Dow270 membrane. As 
expected, the Jw obtained during PAO-NF operation was proportional to the A value of each NF 
membrane (Table 6-1). The TST measured for CTA FO membrane was 0.56 g.L-1, and less than 
0.04 g.L-1 with all tested NF membranes. Under the tested conditions, TST was again expected 
to be mainly due to RSD or RST, confirming that PAO-NF process presents the advantage in 
increasing water permeation flux with negligible reserve salt passage. Apart from the Dow90 
membrane, all the other membranes resulted in TST below our limit of quantification of 0.01 
g.L-1. Given the small changes in conductivity measured during the short term tests, it was 
difficult to report with the appropriate accuracy the resulting TST, and in practice this TST 
could potentially be one order of magnitude lower than this current limit of quantification.  
As mentioned earlier, the permeation of draw components through the more open NF 
membrane surface into the feed side of the process could be a limitation when NF membranes 
are used in osmosis-based operations. For example, it has been demonstrated that the 
fabricated polyamide-imide (PAI) NF-like flat sheet FO membrane (A = 15.0 L.m-2.h-1.bar-1 and 
65% MgCl2 salt rejection) resulted in high RSD of 18.8 g.L
-1 [75] compared to 0.37 g.L-1 by PAI 
NF-like FO hollow fibre membrane (A = 2.2 L.m-2.h-1.bar-1 and 91% MgCl2 salt rejection) under 
AL-FS conditions in FO  [74] . In this study under PAO conditions, even Dow270 and Hydra1000 
membranes, which feature high A values given their large MWCO, resulted in significantly 
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lower TST (below our level of quantification of 0.01 g.L-1). At a first glance, these results would 
imply that NF pore size does not seem to be a limiting factor in term of water permeation flux 
and TST, as TST appears to decrease proportionally to the increase in flux. However, high 
permeability is expected to limit the capability of the NF membrane to act as physical barrier 
against the transmission of pollutants and salts from the feed to the draw solutions (i.e. FST). 
As such, within the validation of the PAO-NF concept, the extent of FST needs to be assessed in 
details. Salts transport, i.e. FST, RST and TST are described in Figure 3-2. 
6.3.2 Water and salt fluxes with salt in the feed solution 
During PAO operation, the nature of the NF membrane and its relatively lower salt rejection is 
expected to have an important impact on the overall salt movement within the system. 
Moreover, the impact of concentrative ECP cannot be ignored when salt is present in the feed 
solution. ECP is also expected to be exacerbated as a result of higher permeation fluxes 
(Equation 2-4). These phenomena directly impact on the ability of the membrane to reject 
feed salts and pollutants and to stop them transmitting in the draw solutions (named FST in 
this study). Overall salt transport (i.e. TST) was assessed under PAO mode (2bar) with a small 
concentration of salt in the feed. Under those conditions, a negative value of TST testifies for 
the dominance of FST in the overall salt transport. Table 6-3 shows the comparison of the 
initial water flux (Jw10), the water flux at 50% water recovery (Jw50) and the calculated TST using 
Equation 3-11 for all membranes. The S values were estimated using Equation 3-4. 
Table 6-3: Water fluxes at 10 and 50% recovery (Jw10 and Jw50) and TST for the FO and five NF 
membranes using 1.2 and 35 g.L-1 of RSS as feed and draw solutions in PAO – 2 bar mode 
S (mm) Jw10, L.m
-2.h-1 Jw50 , L.m
-2.h-1 TST, g.L-1 
CTA FO 0.6±0.4 6.1±0.2 5.8±0.4 0.51±0.02 
Dow90 18±2 11.0±0.4 6.5±0.4 -0.26±0.08 
Dow270 11±1 25.2±0.1 25.0±0.5 -0.72±0.15 
Hydra200 16±2 10.4±0.4 7.8±0.3 -0.35±0.07 
Hydra1000 11±1 16.0±4.2 14.5±2.8 -0.96±0.09 
GE 11±1 11.0±0.1 10.8±0.2 -0.82±0.19 
As can be seen from Table 6-3, the S values for NF membranes is much higher than CTA FO 
membrane, but comparable to the previously reported S value for TFC RO membranes (10 – 12 
mm) and as such, prove to be relevant [79]. However, due to the very low fluxes achieved in
FO mode (as shown in Figure 6-1 for Dow90 membrane), the calculated S values for NF
membranes are high with low precision. Therefore, the calculated S value of all NF membranes
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were estimated to be >10 mm (i.e., nearly 1 order of magnitude greater than the S value 
obtained for CTA FO membrane). Compared to the water fluxes obtained with DI water as feed 
(Figure 6-3), water permeation fluxes were observed to decrease upon the addition of salt to 
the feed solution as shown in Table 6-3, revealing the significant presence of ECP. At 50% 
water recovery, the high salt rejecting NF membranes (i.e. Dow90 and Hydra200) showed 
significant water permeation flux decrease, whereas the low salt rejecting membranes 
(Dow270, Hydra1000 and GE) featured no significant decrease in water flux. This could be 
explained by the concentration of the salts in the feed water of the higher salt-rejecting NF 
membranes, resulting in significant osmotic pressure build up in the feed bulk and near the 
membrane surface (i.e. concentrative ECP).  
For HTI CTA membranes, TST was observed to be similar for the two types of feed tested (i.e. 
DI water and 1.2 g.L-1 of RSS). Such results confirm that with FO membrane, even in PAO mode, 
the main salt transfer occurs from the draw to the feed solution as a result of concentration 
profile. For the various NF membranes tested, it is interesting to observe that whenever salt is 
present in the feed, negative TST is observed, i.e. dominance of FST. Negative TST also implies 
that the effective osmotic pressure is low since more salts moving from the feed to the draw 
solution. As TST was reported to be negligible (less than 0.01 g.L-1) during tests conducted with 
DI water as feed, the TST values reported for those tests are therefore expected to indeed 
reflect FST. This clearly demonstrates that FST, rather than RST could be the main limiting 
factor for PAO-NF process. As shown in Table 3, Dow90 and Hydra200 demonstrated a relative 
low TST of 0.26 and 0.35 g.L-1 respectively. As expected, the medium and lowest salt rejecting 
membranes, such as Dow270, Hydra1000 and GE membranes, lead to higher FST, i.e. up to 
0.96 g.L-1 for Hydra1000.  
Although FST and salt rejection (as reported in Table 6-1) are intrinsically similar in nature, it is 
still important to assess the relationship between those two parameters, as they were 
obtained under different operating conditions. The TST values reported in Table 6-3 were used 
as appropriate approximation for FST in PAO-NF trials. In addition, FST values were calculated 
under normal NF operating conditions (without draw solution) to investigate any effect of 
draw solutes on rejection thus FST. The FST values obtained under PAO and NF operating 
conditions were compared in Figure 6-4.  
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Figure 6-4: Relationship between FST (g.L-1) and salt rejection (%) for all tested NF membranes in PAO 
mode (2 bar) and NF mode (2 bar), 1.2 g.L-1 RSS as feed, 35 g.L-1 RSSl as draw, CFV=0.1m.s-1. 
As expected, the FST values for PAO-NF followed a linear relationship with the salt rejection 
performance of the membranes reported in Table 6-1 and no significant difference were 
observed in PAO-NF or NF configuration (Figure 6-4). This also indicates that no additional loss 
of membrane rejection is observed for NF membranes when a highly saline solution is present 
on the draw side of the membrane. This is also confirmed with the FST values obtained under 
normal NF operating conditions.  
The selection of membrane and the operation mode for a given application is often a trade-off 
between flux and rejection performances. In the case of PAO-NF operation, similar challenges 
will need to be considered for the various industrial applications in which PAO-NF could be 
applied. However, high salt rejection, and limited FST, is expected to be the priority for most of 
the applications considered for purely-osmotic processes so far, including seawater pre-
dilution or synthetic salt close loop operation. As a result, the use of tight NF membranes will 
limit potential issues with the downstream salt recovery process. 
In this study, initial validation of the PAO-NF concept with simple solutions mimicking pre-
dilution of seawater was showcased with a series of NF membranes; however, more 
applications, which have been previously considered for FO systems (e.g. shale gas wastewater 
treatment, liquid food concentration in food/dairy application and protein/enzyme enrichment 
in pharmaceutical application), still need to be assessed under PAO-NF operation.  
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6.4  Relative impact of hydraulic and osmotic 
driving forces on PAO-NF performance  
6.4.1 Hydraulic pressure  
The Dow90 membrane was selected to further assess the relative impact of hydraulic pressure 
in the PAO-NF process.  
  
Figure 6-5: Relative impact of hydraulic and osmotic pressures on water flux performances of Dow90 
for various applied hydraulic pressures (DI water as feed, 35 g.L-1 RSS as draw, CFV=0.1m.s-1). Jw, Jw,p 
and Jw,π denoted as the overall, hydraulic-driven and osmosis-driven water fluxes respectively. 
As shown in Figure 6-5, the water permeation flux, Jw, significantly increased from 23 ± 4 to 63 
± 5 L.m-2.h-1 with increasing applied hydraulic pressure (from 2 to 5 bar). In order to further 
understand the contribution of hydraulic and osmotic pressures to the Jw value, the hydraulic-
driven water flux Jw,p and the osmotically-driven water flux Jw,π were estimated [47]. In order to 
obtain the relative fluxes from applying hydraulic pressure only, the Jw,p was evaluated by 
operating the NF membrane under feed pressures ranging from 2 to 5 bar with DI water on 
both sides of the membrane. With Jw and Jw,p values at each hydraulic pressure known, Jw,π can 
be obtained as the resulting difference (Figure 6-5). 
As shown in Figure 6-5, the hydraulic pressure is clearly the main driving force responsible for 
the significant increase in water flux, within the range of pressures tested. Such observation 
was expected with current commercial NF membranes, which have a relative thick support 
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layer, limiting the efficiency of the osmotic pressure as driving force. However, osmotic 
pressure proved to have a non-negligible impact on the process. This demonstrates that PAO-
NF could lead to higher permeation flux than those observed in simple pressure-driven NF 
configurations, thanks to the contribution of osmotic pressure. PAO-NF and NF processes as 
such could not be compared as the produced water quality is different (i.e. saline solution for 
PAO-NF and fresh water for NF). Interestingly, it was also observed that Jw,π increased with the 
applied hydraulic pressure. For example, at 5 bar hydraulic pressure, the increase in Jw under 
PAO mode was approximately 20% higher than under hydraulic pressure only (Figure 6-5). 
Such behaviour differs from PAO operation with FO membrane, for which the osmotic 
pressure was observed to be the main driving force, for feed pressure up to 6 bar (chapter 4).  
In this series of experiments, it was observed that a linear increase of the osmotic pressure 
contribution with the hydraulic pressure, which was not expected since higher flux normally 
leads to higher ICP and therefore reduces the efficiency of osmotic pressure. This could be the 
consequence of a potential compaction of the membrane at higher hydraulic pressure (already 
reported in chapter 4). Similarly, a previous study [181] demonstrated that after compaction at 
high hydraulic pressure the thickness and porosity of the porous support (i.e., polysulfone) 
material of TFC membrane was significantly reduced.     
In order to confirm the potential effect of membrane compaction occurring at high pressure, 
the water flux of the Dow90 NF membrane obtained during PAO at 2 bar was compared before 
and after compaction of the NF membrane prior to the PAO experiment (compaction by 3 h of 
pressure-driven filtration at 5 bar). In this set of experiment, the water flux in PAO-NF mode 
after compaction was found to increase significantly (up to 10% compared to initial 
performance, i.e. from 22.2 to 24.6 L.m-2.h-1 for before and after compaction respectively) 
while no significant increase of the A value was observed. This indicates that the increase of 
flux after compaction could only be the consequence of compaction, i.e. that the compressed 
support layer is responsible for the increased contribution of osmotic pressure on the water 
flux in PAO-NF.  
Based on the method used to estimate the relative contribution of Jw,π and on Equation 2-9, 
the S values for NF membranes in PAO were also approximated. The resulting S values were 
observed to decrease significantly when the hydraulic pressure was applied, from 
approximately 15 to 0.3 mm in FO and PAO (5 bar) respectively. Although the decrease in S 
could be considered as an overestimation, this result confirms that the compaction of the 
support layer is expected to contribute to the increased osmotic pressure efficiency towards 
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water flux in PAO-NF. As reported in chapter 4 for FO membranes, it is expected that the 
extent of the compaction varies for various NF membranes. Compaction is a well-known 
phenomenon in NF operation; however, the phenomenon observed here should be 
differentiated from those reported with NF operation at higher pressure [181, 184]. In fact, the 
limited pressure applied in PAO-NF does not lead to any modification of the active layer, but 
mainly contributes to changes in the support layer. Additionally, ICP does not play a major role 
in NF configuration (i.e. only hydraulic pressure driving force, no draw solution), but becomes a 
critical aspect of PAO-NF operation.. 
6.4.2 Osmotic pressure  
In this section, the impact of the draw solution concentration (increasing from 0 to 70 g.L-1, 
equivalent to up to 50.2 bar osmotic pressure) is considered for PAO-NF operation at 2 bar 
mode. 
 
Figure 6-6: Water flux (Jw) of Dow90 NF membrane using draw concentration ranges from 0 to 70 g.L-
1 red sea salt solutions at a hydraulic pressure of 2 bar, (DI water as feed, CFV=0.1m.s-1). 
 When ∆π = 0 bar, the water flux generated at a hydraulic pressure of 2 bar was approximately 
19.6 L.m-2.h-1 (Figure 6-6). Jw was then observed to increase slightly for higher osmotic pressure 
before reaching a plateau at around 24 L.m-2.h-1, for draw solution concentrations greater than 
20 g.L-1 (equivalent to 14.1 bar osmotic pressure). It is expected that this behaviour was due to 
the high ICP forming within the support material of the NF membrane at elevated draw 
concentrations. 
As expected from previous results, the contribution of the osmotic pressure on flux is relatively 
small compared to the hydraulic pressure. In particular, at an osmotic pressure of 24.5 bar, 
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hydraulic and osmotic pressures contributed for respectively 82 and 18% of the measured 
water flux. The RST calculated during the tests remained low for higher draw concentrations, 
confirming again that the large ICP obtained in PAO-NF helps to limit reverse salt flux, 
especially at higher draw concentrations. These results generally highlighted that even though 
osmotic pressure plays a minor contribution in water flux in PAO-NF process as a result of 
intense ICP with commercial NF membrane, this is still significant for PAO application.  
Specifically, as reported in Section6.4.1, the PAO-NF could lead to higher permeation flux than 
those observed in simple NF configuration (Figure 6-5). Additionally, the slight compaction of 
the support layer (as reported in previous section) could result in this Jw increase (through 
higher efficiency of osmotic driving force). As such, it demonstrated also that PAO-NF does not 
rely solely on hydraulic pressure like simple NF and highlight the benefit of PAO-NF in 
synergising hydraulic and osmotic pressure driving forces.  
6.4.3 Water and solute fluxes modelling  
This study has demonstrated that commercially available NF membranes, which are cheaper 
and are produced on large scale than current FO membranes, present potential for 
implementation in FO applications, when operated in PAO mode. It has also been shown that 
PAO operation offers great opportunity to further develop NF-like membranes which appears 
more appropriate for osmotic operation. In the current PAO-NF process, the use of osmotic 
pressure plays a minor contribution in water flux due to ICP. It has been already confirmed 
that the reduction in support layer thickness and modification of the membrane support layer 
hydrophobicity significantly improved water flux performances in FO mode [69]. ICP can be 
reduced if the membrane features lower solute resistance to diffusion, K, and/or thinner 
support layer [47, 68, 69]. Hence, in this section, the potential of modifying existing NF 
membranes support layer or developing new NF membrane was evaluated by studying the 
influence of the structural parameter S (directly related to K) on the water flux in PAO-NF 
process. This was realised by numerically solving Equation 2-9 via iteration using circular 
references in Microsoft excel and by fixing the number of maximum iterations and changes at 
100 and 0.001 respectively. This was realised for a range of S value from 0.1 to 10mm, using  A 
and B values of known NF membranes (Table 6-1), 1.2 and 35g.L-1 RSS as feed and draw 
solution and for the different hydraulic pressure applied on the feed side. Similarly, the impact 
of S on the solute fluxes was evaluated by numerically solving Js/Jw using Equation 3-10.  
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The impact of S value on permeation flux (Jw) and Js/Jw was first evaluated for three applied 
hydraulic pressures as showed in Figure 6-7 for Dow90 NF membrane. The modelled water flux 
was calculated using 1.2g.L-1 RSS as feed (π Fbulk = 0.9 bar) and 35 g.L
-1 RSS as draw (π Dbulk =24.5 
bar).  
 
 
Figure 6-7: Effect of structural parameter S on (a) water flux (Jw) and (b) Js/Jw in FO (0 bar) and PAO-
NF process (2, 4 and 6 bar) for Dow90 membrane (1.2 g.L-1 RSS as feed, 35 g.L-1 RSS as draw, 
CFV=0.1m.s-1). 
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By using Equation3-4, the structural parameter S was calculated for Dow90 membrane to be 
around 15 mm. Modelled results confirmed experimental observations that Dow90 membrane 
(assuming S>10mm) leads to very low permeation flux in FO operation but significant 
improvement in flux could be observed when hydraulic pressure is applied. It should be 
noticed that the modelled water flux (considering S value of 10 mm for Dow90 membrane) 
presented  resemblance with the experimental value as shown in Table 6-3. Interestingly, the 
model also confirms that, in PAO operation, mainly FST (Js/Jw<0) is observed as a result of the 
process mainly driven by hydraulic pressure and the high ICP limiting RST. High S value of 
Dow90 membrane explains the high ICP observed and confirms the need for membrane 
improvement. In the literature, the S values reported for current commercial FO membranes 
range from 0.35 [68] to 0.50 mm [79]. On the other hand, S values of the NF-like FO 
membranes developed recently have also been estimated from Equation 2-9  and were found 
to be between 1 to 4 mm [74], 1 to 0.8 mm [75] and even down to 0.2-0.3 mm [60] for LbL NF-
like FO membranes. Indeed, this improvement in S can be considered as the main reason 
behind the higher fluxes obtained in more recent results obtained with low S values [60]. 
Based on  Figure 6-7a, it could be observed that a S value lower than 0.5 mm (i.e. similar range 
than commercial FO membrane) will be required to significantly further improve the 
permeation flux for all tested hydraulic pressures.  
When S decreases, due to lower ICP and more important impact of osmotic pressure, Js/Jw 
becomes positive (i.e. indicating gradual dominance of RST). RST in PAO mode remains, 
however, lower than in FO mode and lower than what was observed with CTA membrane for 
similar S value (Figure 6-7b). It is to be noticed also that operating at higher pressure seems to 
be the optimum for low S value, leading to both the highest water flux and the lowest salt 
passage. As such, these trends confirm that PAO-NF concept makes sense both using actual NF 
commercial membrane and low-S membranes (existing or to be developed). It is important to 
remember that the model is only valid for salts mixtures similar to those used in this study. 
Further work should evaluate the specific behaviour of different salts (with different diffusivity 
in the membrane support layer and rejection by the membrane active layer) used as feed and 
draw solutions to confirm the trends observed. The influence of S was then assessed for a fixed 
PAO pressure (2 bar) and by incorporating the A and B values of the CTA FO and all the NF 
membranes tested in this study (Figure 6-8). 
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Figure 6-8: Effect of structural parameter S on (a) water flux (Jw) and (b) RST (Js/Jw) in PAO-NF 
process at the hydraulic pressure of 2 bar for a range of NF and FO membranes (1.2 g.L-1 RSS as feed, 
35 g.L-1 RSS as draw, CFV=0.1m.s-1) 
Firstly, it should be noticed that the modelled values for salt and water fluxes (considering S 
values of 10 and 0.5 mm for NF and FO membranes respectively) presented a reasonable fit 
with experimental values.  As such, it confirms that the equations developed originally for 
describing solution diffusion phenomenon for PAO (Equations 2-9 and 3-10) could be used for 
an initial estimation of water and solute flux even for the looser NF membranes. As shown in 
Figure 6-8a, the water flux obtained with CTA FO was not significantly impacted by S, 
compared to the NF membranes tested in this study. This could be explained by the low A 
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value and also probably the low B value of CTA FO membrane, clearly not optimised for PAO 
operation.  
When water fluxes were compared at the S value of 0.5 mm as a basic for all NF membranes, 
the improvement was more pronounced with Dow90, Hydra200 and GE membranes compared 
to Dow270 and Hydra1000 membranes (Figure 6-8a). It could be observed that Dow90 
features the highest selectivity (A/B) compared to other NF membranes (Table 6-1). In parallel, 
considering S value of 0.5mm (or less than 0.5mm), loose membrane also demonstrated a very 
high TST (mainly due to RST), limiting their use in PAO-NF concept. Hence, it demonstrates that 
a tight and highly selective NF membrane (e.g. Dow90) seems to be the best compromise. This 
analysis also reveals the influence of active and support layer properties on PAO-NF 
performance and demonstrates that membrane performance is maximized by tailoring A, B 
and S. S value of 0.5 mm has been considered as a basic for all NF membranes by comparison 
with CTA FO membrane from HTI which has similar S value and can withstand moderate 
hydraulic pressure. Thanks to PAO operation, the implementation of hydraulic pressure leads 
to limited RST, and a better response of A value towards flux enhancement. Therefore, there is 
a potential to further develop or modify NF membranes for more appropriate use in PAO 
process by lowering S value. For example, new NF membranes featuring thinner support layer 
(i.e., optimized for S value of 0.6 mm as the commercial FO membranes) will result in 
increasing the relative contribution of osmotic pressure. Additionally, the support layer 
thickness needs to be optimized to sustain the moderate hydraulic pressure imposed in this 
system.  
6.5  Concluding remarks 
In this chapter, the new concept of PAO-NF was initially demonstrated. With as little as 2 bar 
of hydraulic pressure on the feed side, all commercial NF membranes tested provided superior 
hydraulic performance compared to CTA FO membrane operated under same conditions. 
During PAO-NF operation, the hydraulic pressure proved to be the main driving force behind 
permeation, but the relative impact of osmotic pressure tends to increase as the NF 
membrane support layer compacts (and ICP phenomenon decreases) when higher feed 
pressure is applied. Although the relatively contribution of the osmotic pressure on the flux 
was observed to be small, the concept of PAO-NF offers new perspectives on conventional 
osmotic processes. The modelling study demonstrated that further flux improvement can be 
achieved by developing or modifying NF membrane support layer for more appropriate use in 
PAO process, as an alternative to using commercially available NF membranes.   


 : Assessment of fouling Chapter 7
behaviour in PAO operation and 
development of adapted cleaning strategy 
This chapter is adapted from: 
Blandin, G., Verliefde, A.R.D., Le-Clech, P. Pressure enhanced fouling and adapted anti-fouling 
strategy in pressure assisted osmosis (PAO) (2015), Journal of Membrane Science, volume 493, 
pages 557-667. 
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The previous chapters demonstrated that, for all tested membranes, water fluxes could be 
increased thanks to PAO operation, when using pure water as feed solution. To further 
validate the use of PAO, especially in the context of PAO-RO hybrid where wastewater is used 
as feed solution, the impact of model foulants (described in 3.2.6, simulating harsh fouling 
conditions) in the feed solution on the process performances needs to be evaluated. This 
chapter therefore assesses the impact of hydraulic pressure on fouling behaviour in FO/PAO. 
7.1  Impact of driving forces on fouling behaviour 
7.1.1 Impact of osmotic pressure 
Fouling experiments were conducted first with the AL-FS membrane orientation in FO mode 
(without hydraulic pressure). Five consecutive batches of 20 h were conducted. Comparative 
tests were performed with 35 and 70 g.L-1 RSS as draw solution (termed respectively FO35 and 
FO70);water flux, recovery variation and accumulated permeated water over batches are 
presented in Figure 7-1 a and b. Different tests were carried out with and without high CFV 
cleaning in-between successive batches and compared in (Figure 7-1c). 
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Figure 7-1: (a) Water flux (Jw), (b) final recovery (%) and permeated volume with batches in FO 
operation using 35 (FO35) and 70 g.L-1 RSS (FO70) as draw solution without high CFV cleaning in-
between batches), and (c) NR5 (%) after 5 batches with and without high CFV cleaning in between 
batches, AL-FS orientation (fouling operation at CFV 0.1m.s-1, high CFV cleaning 0.35m.s-1) 
When no high CFV cleaning was implemented, fouling was observed for both draw solution 
concentrations (Figure 7-1a and b). Fouling was the most severe for the highest draw osmotic 
pressure (FO70), for which recovery after the different batches decreased from 51 to 36% 
(Figure 7-1b), thus reaching similar values as those obtained for lower osmotic pressure 
(FO35). Several hypotheses could be drawn to explain the more severe fouling obtained with 
the higher draw concentration. In a previous study, increase in  initial flux (from 10 to 60 L.m-
2.h-1 [46]) was reported to lead to more severe fouling in FO. The initial flux difference in the 
present study (5.1 and 7.6 L.m-2.h-1 for FO35 and FO70 respectively) remains comparatively low 
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to confirm this hypothesis. Reverse salt flux was also reported as a major mechanism 
enhancing fouling in osmotic system [108]. In this study, higher draw concentration is expected 
to enhance reverse salt flux, but in the same extent as water flux, since both phenomena are 
driven by the effective osmotic pressure driving force. As such, for a given permeated water 
volume, similar salt passage is hypothesised to occur for both FO35 and FO70 tests. 20 hours 
of operation per batch was chosen to allow for a significant amount of deposition to occur (i.e. 
30-50% recovery depending on operating conditions) and for practical reasons (i.e. one batch 
per day and allowing for overnight experiments). Since operation was conducted under 
constant duration for both series of experiments, higher volume of permeated water (around 
20%) was obtained with the elevated osmotic driving force test (i.e. FO70) (Figure 7-1b). 
Higher amount of foulant deposition and additional reverse salt diffusion could be 
hypothesized to be proportionally related to the higher amount of permeated water. The fact 
that the more severe NR5 decline for FO70 was in the same order of magnitude than the 
additional foulant deposition expected on the membrane active layer, due to additional 
permeated volume, supports this hypothesis (Figure 7-1b). Thus, these observations indicate 
that the increased resistance to water filtration in FO may be proportionally related to the 
fouling load and salts accumulated in the foulant layer. 
When high CFV cleaning was implemented in-between batches, no significant decrease of 
recovery was observed over time when 35 g.L-1 RSS draw was used, resulting in NR5 close to 
100% (Figure 7-1c). The higher osmotic driving force (FO70) led only to a slight decrease of NR5 
in similar operating conditions (92%), probably as a consequence of higher amount of foulant 
deposition. After five batches, NR5 for both osmotic driving forces were much higher with 
intermediate high CFV cleaning than those obtained without this cleaning strategy. As such,  
the benefits and efficiency of high CFV cleaning was demonstrated to remediate fouling in FO, 
even for higher osmotic driving forces, confirming results from previous studies [106] on 
alginate fouling using high osmotic pressures (NaCl 4M, i.e. 234 g.L-1 as draw solution).  
7.1.2 Impact of hydraulic pressure 
To further evaluate the specific impact of hydraulic pressure on fouling behavior, additional 
tests were conducted in FO and PAO modes, under AL-FS membrane orientation., as both of 
those two operating conditions resulted in a 51±1% recovery at the end of the first batch. 
Tests were conducted with and without high CFV cleaning in-between successive batches. 
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Water flux, recovery variation and accumulated permeated water over batches and the impact 
of intermediate high CFV cleaning are presented in Figure 7-2. 
       
  
Figure 7-2: (a) Water flux, (b) final recovery (%) and permeated volume with batches in FO operation 
using 70 g.L-1 RSS (FO70) as draw solution and 35 g.L-1 RSS draw solution and 4 bar hydraulic pressure 
(PAO) without high CFV cleaning in-between batches, and (c) NR5 (%) after 5 batches with and without 
high CFV cleaning in between batches, AL-FS operation (fouling operation at CFV 0.1m.s-1, high CFV 
cleaning 0.35m.s-1). 
Operating without high CFV cleaning in-between batches allowed to fully dissociate fouling 
and cleaning effects. Under these operating conditions, for which the initial permeation fluxes 
were similar, higher decrease of flux was observed in PAO than in FO (FO70) operation (Figure 
7-2a). However, flux in PAO operation became significantly lower than in FO only from the 
fourth batch, demonstrating the need for long term fouling testing under accelerated fouling 
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conditions to clearly assess the impact of hydraulic pressure. As a result of the increasing 
variation in flux performances between FO and PAO operations observed from batch 4, higher 
recovery decrease was observed in PAO operation (Figure 7-2b). At first, despite an overall 
lower amount of permeated water (Figure 7-2b), flux decline was more severe and could not 
be attributed to greater foulant accumulation. Moreover, in chapter 4, we demonstrated that 
PAO led to membrane deformation, increasing pure water (A) and salt permeability (B) and as 
such, potentially affecting the salt/water mass transfer ratio. Indeed, lower (or similar) RSD is 
normally observed in PAO (Chapter 3 and 4,  [52, 84]) compared to FO mode. Thus, the 
hypothesis of cake enhanced concentration polarization (CECP) resulting from reverse salt flux 
[108] increasing the resistance to filtration in PAO could not be validated here. This
demonstrates that the higher flux decline in PAO can only result from additional resistance to
filtration due to fouling cake development and its possible compaction, when hydraulic
pressure is implemented.
In PAO operation, a final 30% loss of recovery after five consecutive batches was observed, 
even when applying high CFV cleaning (Figure 7-2c). This clearly contrasts with the 70 g.L-1 RSS 
osmotically driven process (FO70), for which the high CFV cleaning strategy was highly 
effective. High CFV cleaning, and the resulting turbulences in the feed channel, is therefore 
limited in PAO operation. As such, it is confirmed that (1) foulant deposition in PAO occurred 
mainly on the membrane surface rather than within the spacer channel and (2) the foulant 
deposition is intimately (more irreversibly) attached to the membrane, confirming foulant cake 
compaction. The limited efficiency of the high CFV cleaning strategy in PAO operation was also 
clearly distinguished and demonstrated separately, hereby confirming and elaborating on the 
observations of more severe fouling with hydraulic pressure described in previous studies 
[121]. 
Digital pictures of the membrane side facing the feed solution were systematically taken after 
each fouling batch to provide further insight of fouling mechanisms. Comparative trends for 
FO70 and PAO tests without intermediate cleaning are presented in Figure 7-3. 
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Figure 7-3: Digital pictures of foulant accumulation on membrane surface after the 1st, 3rd and 5th 
batch of operation in (a) FO (FO70) and (b) PAO mode (AL-FS orientation, without high CFV cleaning 
in-between batches). 
Despite similar initial permeation flux, very distinct mechanisms of foulant deposition could be 
observed. FO operation led to a sparse foulant deposition within spacers. The initial deposition 
tends to occur sparsely (most likely in zones of lower turbulences), ultimately leading to areas 
of very dense fouling. However, the foulant cake did not appear dense or forming a 
homogeneous cake layer on the membrane surface, justifying the limited loss of performance 
observed over time. In PAO operation, initial foulant deposition (batch 1) was observed to 
form a much more uniform thin, and dense (i.e. potentially compacted) foulant cake layer. 
Accumulation also occurred, leading to a thicker and uniform foulant cake all over the feed 
channel. Such observations provide more evidence of the foulant cake compaction occurring 
with pressure driven processes and demonstrate the importance of the initial foulant 
deposition into the long-term build-up [111]. For the first time, the hypothesis of fouling cake 
compaction with hydraulic pressure hypothesized in previous studies [52, 121] was clearly 
experimentally demonstrated in PAO operation. Some attempts were made to get more 
insight of the fouling layer structure through SEM analysis of the cross section of the fouled 
membrane, but no clear evidence was obtained - maybe as a consequence of the preparation 
method used. However, a very recent study showed convincing evidence of foulant cake 
compaction with hydraulic pressure by using confocal laser scanning microscopy [185].   
(a) 
(b) 
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7.2  Impact of membrane orientation on fouling 
behaviour 
Fouling was further evaluated for both membrane orientations, AL-FS and AL-DS, by operating 
five consecutive batches of 20 h with high CFV cleaning in-between batches. Recovery changes 
for the AL-DS membrane orientations in FO (FO35 and FO70) and PAO mode are depicted in 
Figure 7-4a, and NR5 are compared with those formed in AL-FS in Figure 7-4b. 
Figure 7-4: Recovery variation over batches for AL-DS membrane orientation (a) and normalised 
recovery after 5 batches (NR5) for both membrane orientation (AL-FS and AL-DS) (b), for different 
driving force: FO35, FO70 and PAO, high CFV cleaning operated in-between batches. 
All tests conducted with AL-DS membrane orientation (Figure 7-4a) demonstrated both a 
higher initial flux, but also a stronger decrease of the recovery (i.e., more fouling) than 
observed in similar conditions with AL-FS orientation (Figure 7-4b). This confirms previous 
observations that AL-DS orientation leads to more severe performance decrease when 
impaired water (containing high amount of foulants) is used as feed solution [47].  
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Figure 7-5: Digital photography of membrane surface after the 1st, 3rd and 5th batch of operation in 
FO35 (AL-DS orientation, with high CFV cleaning in-between batches). 
The limited amount of foulant deposition observed on digital photography taken after fouling 
batches 1, 3 and 5 and high CFV cleaning (Figure 7-5) further demonstrated the relative high 
efficiency of high CFV cleaning in removing superficial fouling (i.e., fouling on the membrane 
surface) in AL-DS configuration.  Interestingly also, the initially clear membrane was found to 
progressively darken (Figure 7-5), demonstrating the accumulation of foulant within the 
membrane support layer. Thus, the recovery decrease observed  for FO35 and FO70 in AL-DS 
mode is mainly due to internal fouling within the support layer of the membrane, usually 
referred to physically irreversible fouling in the literature which is not removed by high CFV 
cleaning [45, 46]. Such irreversible fouling in AL-DS configuration has already been observed 
and described as the combined effect of pore clogging and enhanced ICP in the membrane 
support layer [14]. This mechanism proved to be predominant when FO was operated at high 
flux. This trend is confirmed in the present study, as the most severe NR5 decrease (up to 41% 
for AL-DS) (Figure 7-4b) was observed with the higher osmotic driving force (FO70). 
Due to fouling, the only osmotically-driven AL-DS process became less effective than the 
osmotic process in the AL-FS configuration after the fourth batch already (Figure 7-1 and 
Figure 7-4a), again confirming that the AL-DS configuration is not the most optimal option in 
high-fouling environments. The operation of PAO in the AL-DS configuration (Figure 7-4b) also 
led to a decrease in recovery, but in the end, demonstrated to be slightly more efficient than 
FO operation. Such different behavior could be explained by several competitive phenomena. 
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On one hand, in AL-DS configuration, more severe loss of process performance could be 
expected due to both fouling cake compaction (and inefficient cleaning strategy) on the 
membrane surface (Section 7.1.2) and irreversible fouling within the support layer. On the 
other hand, PAO proved to be more efficient (higher recovery) than FO70, already after the 
second batch (Figure 7-4a). Performances of PAO appear less dependent of the osmotic driving 
force and rely more on hydraulic pressure that acts significantly and constantly on the 
permeation flux. This is especially beneficial when osmotic pressure efficiency becomes 
minimal when severe fouling occurs in AL-DS configuration. PAO operation also leads to less 
RSD than purely osmotically driven processes, thus limiting the salt accumulation in the 
support layer that is responsible for the increased ICP in FO operation. PAO operation led to 
similar performances and loss of recovery (NR5) decline for both membrane orientations 
(Figure 7-4b). Less dependence from osmotic pressure efficiency and the predominance of 
superficial fouling occurring for both membrane orientations could explain this lower 
sensitivity towards membrane orientation for PAO. 
As shown above, cleaning can have a clear impact on fouling phenomena in different 
orientations and operational regimes, which shows the need for specific and adapted cleaning 
strategies. In particular, high CFV cleaning confirmed to be adapted to remove a loosely 
packed layer on the membrane surface but inefficient on compacted fouling cakes or to 
remove salt accumulation and internal fouling within the membrane support layer, leading to 
physically irreversible fouling. 
7.3  Membrane cleaning by osmotic backwash 
In this section, osmotic backwash was evaluated as an alternative (or additional) strategy to 
high CFV cleaning. Tests were conducted after the 5th batch of fouling for the various operating 
conditions used earlier in this study. Osmotic backwash was performed always using 35 g.L-1 
RSS as draw and DI water as feed. 
7.3.1 AL-FS orientation 
The high CFV cleaning and osmotic backwashing were conducted after the 5th batch of fouling 
without intermediate high CFV cleaning. The respective impact of both cleaning strategies is 
clearly described in Figure 7-6. 
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Figure 7-6: (a) Normalised recovery after batch 5 (NR5), and after batch 6 (NR6) following 5 min 
operation of high CFV or 15min osmotic backwashing, for different driving forces (FO35, FO70 and 
PAO) and (b) associated digital pictures, no high CFV cleaning in-between fouling batches. 
Firstly, it was observed that final high CFV cleaning led to a partial removal of the foulant layer 
for all driving forces (Figure 7-6). In FO mode, almost complete recovery of the clean 
membrane performance was observed only for FO35, mainly due to the relatively limited 
fouling after five batches. High CFV did not allow to completely clean the membrane when a 
higher draw concentration (FO70) was used, resulting in more foulant deposition. As such, high 
CFV cleaning cannot be recommended as a shock treatment to tackle (even temporary) 
abnormal or more severe fouling behavior in practice. Preferably, high CFV should be 
implemented on a more regular basis, with significant effect for low fouling conditions (Section 
7.1.1). Efficiency of high CFV is therefore expected to largely depend on the fouling propensity 
of the feed water.  
Osmotic backwash conducted at the end of the five batches resulted in much higher cleaning 
efficiency, leading to nearly full recovery of the initial conditions for all tested operations. As 
mentioned in sections 7.1.1. and 7.1.2. fouling is limited and easily reversible in FO (no 
pressure). This means that (1) no intense cleaning strategy is needed and only a short period of 
osmotic backwashing is required to dislodge foulants attached to the membrane, and (2) CFV 
flushing used after osmotic backwashing also has a significant impact on the sparse and 
smooth foulant deposition. In PAO conditions, for which a high level of fouling was observed 
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after batch 5 (Figure 7-6), and despite foulant cake compaction, osmotic backwash performed 
well and NR5 was recovered up to 91%. The gentle nature of this cleaning method could also 
be considered advantageous in comparison with high CFV, hydraulic backwashing or chemical 
cleaning strategies, with the opportunity to be adapted to a wider range of membranes.  
Reverse flux created by osmotic backwash could be hypothesized to enhance the dissociation 
and dislodging of the fouling layer from the surface of the membrane active layer. However, if 
osmotic backwash clearly lifts the fouling layer from the membrane, its operation at low CFV 
does not remove it from the feed channel. It is thus required to efficiently flush the feed 
channel under high CFV after the backwashing, as already mentioned in a former study in RO 
context [134]. Employing a high CFV to flush the foulant cake from the feed channel, also 
removes the high salinity cleaning solution used for the osmotic backwashing, thus allowing 
the process to return back to operation with minimum impact. In comparison with RO 
operation, where osmotic backwash efficiency suffers from the intense ICP within thick 
membrane support layer, higher reverse permeation flux are observed in FO/PAO operation 
thanks to the recent development of thin support layer for FO applications, allowing for a 
better cleaning efficiency.  
7.3.2 AL-DS orientation 
As described in Section 7.2, more intense fouling was observed in the AL-DS orientation, 
leading to recovery decrease despite high CFV cleaning in-between fouling batches, indicating 
irreversible fouling within the membrane support layer. Therefore, experiments were focused 
on osmotic backwash to tackle fouling occurring in the membrane support layer. In a first step, 
impact of osmotic backwash duration time (15 min, 1 h and 4 h) was first evaluated for the 
membrane fouled in low osmotic pressure FO operation (FO35 in  Figure 7-7a). From these 
results, it was clear that 4 h of osmotic backwashing was required to fully recover the 
membrane to its original performance (after 100 h of operation). Then, the effect of 4 h 
osmotic backwashing was assessed comparatively on the membranes fouled in AL-DS 
configuration in FO (FO35 and 70) and PAO operation (Figure 7-7b). 
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Figure 7-7: Impact of (a) duration time (15 min, 1 h , 4 h) and (b) fouling tests driving force (FO35, 
FO70 and PAO) on osmotic backwash efficiency to clean the membrane support layer (AL-DS, after 5 
fouling batches with intermediate high CFV cleaning) 
Osmotic backwash during 15min, defined as effective cleaning strategy in AL-FS membrane 
orientation, appeared to be only slightly effective in AL-DS orientation. However, osmotic 
backwash proved to be very effective to recover the membrane back to its initial performances 
after 4h of backwashing (Figure 7-7a). This efficiency of the osmotic backwashing was not only 
confirmed for the membranes fouled in low osmotic pressure FO experiments, but was also 
confirmed for higher osmotic and hydraulic driving forces (FO70 and PAO), i.e. more severe 
fouling conditions (Figure 7-7b).  
These results demonstrate not only the interest of osmotic backwash in AL-DS membrane 
orientation, but also the very different cleaning mechanisms in AL-DS mode compared to AL-
FS.  In addition to the removal of superficial fouling layer as formed in AL-FS mode (see 7.3.1), 
osmotic backwash is expected to also remove some of the fouling material present within the 
membrane support layer. It could be hypothesized that, by the reverse permeation of water 
during osmotic backwash, both salts and foulants that accumulated within the membrane 
support layer are slowly washed out. As such, osmotic backwash tackles what was previously 
characterized as irreversible fouling, in a very gentle manner and without addition of chemical 
cleaning agents. Consequently, operating FO/PAO becomes possible in AL-DS mode, since it 
does not appear to be limited by long term fouling issue [45, 46]. 
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7.4  Fouling-cleaning mechanisms and optimum 
operation 
Osmotic backwash proved to be effective for both membrane orientations and even when 
foulant cake compaction occurred due to application of hydraulic pressure in PAO. The specific 
2-step cleaning protocol consists of, first, the backwashing, used to loosen the external foulant 
layer from the membrane and possibly the internal fouling and salt accumulation within 
membrane support layer (AL-DS). The second step, high CFV flushing, removes all dislodged
foulants and allows near full recovery of initial condition.  Fouling mechanisms and associated
cleaning strategies for sustainable PAO operation are proposed for both membrane 
orientations in Figure 7-8. 
Figure 7-8: Proposed fouling and cleaning mechanisms in PAO operation for AL-FS and AL-DS 
membrane orientations. 
Osmotic backwash has proven to be an efficient cleaning strategy to tackle both compacted 
cake fouling due to PAO operation and internal fouling in the AL-DS membrane orientation and 
to allow for sustainable operation, offering several possibilities to optimize current FO and 
PAO operations. As a result, overall recoveries after 100 h of filtration (5 batches) for both 
membrane orientations were compared to the three tested driving forces configurations 
(FO35, FO70 and PAO). For each scenario, the average permeation flux of 100 h of operation 
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(JAv) was first calculated based on the experimental data of five batches of 20 h.  Then, for each 
configuration, optimized adapted cleaning strategies, sequences and equivalent production 
time loss were reported based on experimental observations in Table 7-1. Finally, operational 
permeation flux (JOp) considering production time losses due to cleaning protocols during 100 h 
of operation were calculated in Equation 7-1. 
100
)(100 ttJJ CAvOp
  7-1 
With tC and tπ production time losses in hour for high CFV and osmotic backwash respectively 
during 100 h of operation. 
Table 7-1: Comparison of average permeation flux (Jav) and operational permeation flux (JOP) obtained 
from different FO/PAO modes of operation, considering fouling behaviour and adapted cleaning 
strategies.  
  AL-FS AL-DS 
 
FO35 FO70 PAO FO35 FO70 PAO 
high CFV 
cleaning 
5min/ 20h 
5min/ 
20h 
5min/ 
20h 
5min/ 
20h 
5min/ 
20h 
5min/ 
20h 
tc (h) 0.42 0.42 0.42 0.42 0.42 0.42 
Osmotic 
backwashing 
No No 
15min/ 
100h 
4h/ 
100h 
4h/ 
100h 
4h/ 
100h 
tπ (h) 0 0 0.25 4 4 4 
JAv (L.m
-2.h-1) 3.2 ±0.1 4.8 ±0.2 4.6 ±0.2 4.1 ±0.2 4.7 ±0.2 5.0 ±0.2 
JOp (L.m
-2.h-1) 3.2 ±0.1 4.8 ±0.2 4.6 ±0.2 4.0 ±0.2 4.5 ±0.2 4.8 ±0.2 
 
The frequency and length of cleaning protocol applied presented only a negligible impact on 
the flux (i.e. JAv and JOp value are similar) in AL-FS. Only in AL-DS configuration, a slight effect is 
noticed due to the extended time of osmotic backwashing needed to recover initial recovery 
values. Low JOp (3.2 L.m
-2.h-1) are observed in FO operation with the lower osmotic driving 
force (FO35) in AL-FS, as a result ICP, but also partly due to ECP on the feed side and loss of 
osmotic pressure driving force with recovery. Operation in AL-DS with similar driving force led 
to a significant increase of JOp (23%, from 3.2 to 4.0 L.m
-2.h-1) despite the progressive fouling 
within the support layer (see Section 7.2) and the loss of productivity due the implementation 
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of osmotic backwashing to cope with the fouling. As such, AL-DS appears to be a reasonable 
solution to be further considered, to operate and improve current FO operation even in the 
case of highly fouling feed solutions. 
As expected, increasing the osmotic driving force (FO70) proved to be efficient towards flux 
enhancement for both membrane orientations. For both AL-FS and AL-DS, more than 4.5 L.m-
2.h-1 average permeation flux was observed, i.e. more than 40% increase in comparison with
the AL-FS FO35 operation. The use of a higher osmotic pressure driving force led to higher
average fluxes despite fouling, but the industrial application remains limited, mainly due to the
unavailability of naturally occurring high salinity draw solutions. In the high osmotic pressure
draw solution conditions, the AL-FS orientation seems more favorable in terms of JOp . This is
mainly due to the detrimental salt (direct and reverse) diffusion in combination with foulant 
deposition in the support layer over the different batches in AL-DS mode, which largely
decreases flux and achievable recovery (Section 7.2). The alternative of using pressure to
increase flux (like in PAO) showed the possibility to increase JOp by over 50% (in comparison to
the benchmark) for both membrane orientations, i.e. up to 4.8 L.m-2.h-1 for AL-DS membrane
orientation, at an applied pressure of only 4 bar. In terms of PAO operation, the AL-DS
membrane orientation appears to be preferable to achieve optimum productivity in high
fouling environments. Despite the extended time needed, the osmotic backwashing is efficient
at recovering initial performance. 
Finally, it is worthwhile to mention that harsh fouling conditions were used in this study, 
significantly accelerating fouling and the need for cleaning. Thus, it is clear that the real 
osmotic backwashing frequency will be limited in practice. Fouling and cleaning phenomena 
are expected to occur over a longer period of time, thus limiting the down time and making 
PAO operation in AL-DS mode possibly even more favorable. Moreover, further optimization in 
osmotic backwash efficiency is possible either by improving the permeation flux during 
backwashing using higher osmotic pressure gradient, or by adjusting sequences of osmotic 
backwashing and high CFV cleaning. However, one should also keep in mind that every 
wastewater is different, with quality and quantity of foulants in the feed water varying 
significantly. Also, fouling behavior will vary depending on osmotic and hydraulic pressure 
driving forces implemented and cleaning strategies may have to be adapted. Thus, further 
studies are required to confirm the efficiency of osmotic backwashing. 
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7.5  Concluding remarks 
This study demonstrated that the application of hydraulic pressure led to more severe fouling 
phenomena, foulant cake compaction resulting in additional resistance to water permeation, 
thus impacting filtration flux. The compacted cake was more difficult to clean; the high CFV 
cleaning strategy effective for FO was shown to be inappropriate for PAO. Osmotic 
backwashing strategy in combination with subsequent water flushing was developed and 
proved to be very effective to clean the highly fouled membrane. Osmotic backwash also 
allowed for complete cleaning of the membrane support layer when operating in AL-DS 
membrane orientation, thus tackling previously irreversible fouling phenomena, and enabling 
FO/PAO operation in both membrane orientations in practice.  

 : Operating FO with high Chapter 8
permeability membranes: Impact on 
fouling 
This chapter is adapted from: 
Blandin, G., Vervoort, H., Le-Clech, P, Verliefde, A.R.D. Improving flux with high permeability 
forward osmosis membranes: Impact on fouling, Submitted (June 2015) to Journal of Water 
Process Engineering . 
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Novel FO TFC membranes also proved to be an interesting alternative to PAO to improve flux 
in FO processes. Thus, the impact of higher fluxes compared to the benchmark HTI membrane 
on FO/PAO fouling behaviour needs to be better understood. This chapter provides a 
comparative assessment of fouling behaviour of four commercially available membranes from 
HTI and Porifera. More specifically, this chapter aims at determining (1) the impact of initial 
flux on fouling propensity, (2) the impact of membrane surface properties, (3) novel and better 
adapted physical cleaning strategies for high-flux FO operation. 
8.1  Membrane characteristics 
Four commercially available FO membranes were used in these experiments: two from HTI (i.e. 
flat-sheet CTA and TFC FO membranes), two TFC from Porifera Inc. with hydrophilic support 
layer (i.e. Porifera-FO and Porifera-FOm). Membrane characteristics are presented in Table 
8-1:
Table 8-1: Membrane characteristics  
Supplier 
Membrane 
reference 
A0 B0 S0 Rm 
L.m-2.h-1.bar-1 x10-7 m.s-1 μm x1014 m-1 
HTI CTA 0.7 1.5 663 5.8 
HTI TFC 1.3 0.3 1227 3.2 
Porifera FO 2.1 1.2 344 2.0 
Porifera FOm 2.1 1.5 276 1.9 
8.2  Initial fouling tests 
Fouling experiments were performed with all four membrane samples. In a first attempt to 
evaluate the nature of fouling on clean membrane, the flux values observed during the first 
batch for all membranes are presented in Figure 8-1a. These experimental results were 
compared with modelled flow from Equation 3-16 and presented in Figure 8-1b. 
131 
 
    
Figure 8-1: Comparison of (a) experimental permeation flux against recovery during the first batch of 
fouling and (b) modelled flux when no fouling occurs (CFV: 0.1m.s-1, AL-FS, SW as draw) 
Initial fluxes observed with HTI membranes were relatively low. Such limited efficiency of 
osmotic pressure driving force could be related to the low pure water permeability (A0) for HTI 
CTA membrane, while the HTI TFC membrane suffered from the highest structural parameter 
value (S0), leading to severe ICP. Initial flux observed with both Porifera (FO and FOm) 
membranes was significantly higher than for both HTI (CTA and TFC) membranes in FO mode 
(Figure 8-1a). Higher initial permeation flux for Porifera membranes was confirmed by the 
model (Figure 8-1b) and  could be explained by their higher A value combined with a lower S0 
(Table 5-1), both parameters allowing for a better efficiency of the osmotic pressure driving 
force. Only a very slight decrease of the initial permeation flux was observed for both HTI 
membranes, most likely as a consequence of loss of osmotic driving force with increasing 
recovery due to batch operation as confirmed by the model (Figure 8-1b). Experimental flux 
decrease observed for both Porifera membranes was significantly higher than the non-fouling 
model prediction. Given the fact that all experiments were based on final recovery at 30%, the 
impact of draw dilution was the same for all membrane tested, indicating other limiting water 
transfer phenomena. Reverse salt diffusion (RSD) certainly occurs; however, this would most 
likely be similar to less severe for the Porifera membranes than for the HTI CTA membrane, 
given the relative B values (Table 8-1). Consequently, the decrease of permeation flux could 
only be the consequence of more severe resistance to filtration, i.e. fouling cake build-up on 
the membrane surface. It therefore appears clearly that Porifera membranes suffered 
significantly more of fouling under the same operating conditions. 
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8.3  Impact of membrane surface properties 
To get more insight on the potential membrane-foulant layer interactions, advanced 
characterization of the clean membrane active layer was performed (Table 8-2).  
Table 8-2: Membranes active layer surface properties 
    
Surface 
roughness 
Zeta potential Contact angle 
    
(5x5μm) 
Ra (nm) 
ζ (mV) Θ (°) 
HTI CTA 20.5 ±0.8 -6.5 ±0.3 63 ±7 
HTI TFC 37.4 ±3.7 -9.0 ±0.1 47 ±18 
Porifera FO 30.8 ±3.5 -13.7 ±1.9 36 ±6 
Porifera FOm 21.8 ±0.9 -16.4 ±0.9 61 ±13 
  
Streaming potential measurement demonstrated that the Porifera membranes active layers 
are comparable, although slightly more negatively charged than HTI membranes. This confirms 
that the surface charge of the novel membranes does not play a major role in the enhanced 
fouling, since negatively charged colloid particles are generally more rejected by more 
negatively charged membranes due to electrostatic repulsion [186].  
Contact angle measurements demonstrated that all tested membrane were moderately 
hydrophilic (30°<Θ<65°) [186]. Values obtained for both HTI membranes were similar to those 
observed in the literature [84]. Contact angles for Porifera membranes were in a similar range 
of value, but it could be noticed that Porifera FOm membrane is more hydrophobic than the 
Porifera FO. It is commonly accepted (but not clearly demonstrated) that lower fouling 
propensity are generally observed with more hydrophobic membranes, since most foulant are 
hydrophobic by nature [186]. Therefore, no clear correlation could be established between 
membrane surface hydrophobicity and fouling behavior observed in the former experiments. 
Surface roughness observed for HTI CTA membrane similar to those reported in the literature 
[124]. The other membranes, demonstrated a relatively low roughness in comparison with 
common values (Ra close to 100nm) usually observed on TFC membrane with polyamide  
based active layer (i.e. lab-scale development FO membrane [124, 187] and commercial NF/RO 
membranes [126]). Despite the relative low variation on, AFM images on 10x10μm surface 
(Figure 8-2) show very distinct membrane surface morphologies. HTI TFC and Porifera FO 
membrane images demonstrate the typical ‘’ridge-and-valley’’ structure of polyamide based 
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membranes [187]. The Porifera FOm presented a much smoother surface than the Porifera FO 
membrane, which could be connected to the surface modification treatment to lower the 
fouling behavior. The HTI CTA surface appears very smooth but important curving of the 
membrane was noticed probably as a result of the mesh support used. This could 
haveimpacted the roughness measurement. Thus, Ra values were calculated on 5x5μm surface 
and on a flat surface to avoid misinterpretation.  Overall, based on Ra values, the impact of 
membrane surface roughness is difficult to correlate to the fouling propensity, since surface 
roughness values were all relatively close. Only by comparing Porifera membranes (FO and 
FOm), it could be expected that a smoother surface may be responsible of a lower fouling of 
Porifera FOm membrane in FO mode (Figure 8-2a). 
 
Figure 8-2: AFM images of (a) HTI CTA, (b) HTI TFC, (c) Porifera FO, (d) Porifera FOm membranes 
(scanned surface 10x10μm) 
As a result, no clear evidence of the impact of membrane surface properties on fouling 
behaviour could be observed. The comparison between HTI and Porifera membranes is 
especially difficult to discuss since they have very different permeability values, and therefore 
initial fluxes. 
8.4  Impact of initial flux on fouling 
To obtain greater insight into the impact of flux on longer term fouling, five consecutives 
fouling batches were run under similar operating conditions as described in Figure 8-3. For 
each operating condition, experiments were conducted with 35 g.L-1 RSS as draw solution, until 
(a) 
(d) (c) 
(b) 
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reaching 30% feed water recovery (whereby the feed water and the draw solutions were 
replaced after every batch). 
Figure 8-3: (a) Initial permeation flux with successive fouling batches for tested commercial 
membranes and (b) impact on total resistance to filtration (CFV:0.1m.s-1, AL-FS, foulant mixture as 
feed, 35g.L-1 RSS as draw, no cleaning strategy between batches) 
Both HTI membranes (CTA & TFC) demonstrated a relative low but stable flux over the batches 
(Figure 8-3a), confirming the low fouling behavior of those membranes in FO operation and AL-
FS membrane orientation. The Porifera membranes revealed much higher initial fluxes than 
the HTI membranes, but a severe decrease, by more than 50%, was observed over the five 
batches. Interestingly, it was observed that FO may lead to significant fouling even under AL-FS 
conditions. A lower extent of flux decrease over the batches was observed when using Porifera 
FOm membrane, in comparison with the Porifera FO (i.e. 55% vs. 67% decrease of initial fluxes 
for Porifera FOm and FO respectively). Such behavior could be assumed to be the consequence 
of initial membrane-foulant interactions, i.e. lower propensity for Porifera FOm to foul at the 
early stage of the fouling test. The lower extent of initial water flux decrease (between batches 
1 and 2) with Porifera FOm confirms this hypothesis and could be correlated with the lower 
roughness and more negatively charge of Porifera FOm formulation. 
Total resistance to filtration values (RT) from batch 1 are similar to Rm since they represent the 
resistance at the initial stage, before the fouling occurs. RT for HTI membranes confirmed that 
no significant increase are observed over batches (Figure 8-3b), i.e. Rm remaining the sole 
resistance to filtration and no significant additional resistance due to fouling cake build up was 
observed. Reversely, tests with Porifera membranes demonstrated that from the third batch 
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onward, cake resistance becomes higher than the initial membrane resistance. Interestingly 
also, the shift in performance between Porifera membranes is clearly showed with the total 
resistance of Porifera FOm membrane being delayed by one batch, confirming the lower initial 
fouling due to membrane surface treatment. 
To further evaluate the impact of initial flux on fouling behavior, additional tests were 
conducted in FO mode using the Porifera FO membrane, which allows operation within a wide 
range of flux. In addition to operate at relative high flux as demonstrated earlier, it was also 
possible to use this membrane under low flux conditions, by applying a lower osmotic pressure 
draw solution. At first, initial permeation flux was correlated with RSS draw concentration 
(from 10 to 70 g.L-1) and using model foulant solution as feed   (Figure 8-4a). Then, based on 
this correlation resulting in a wide range of initial permeation flux, four tests were conducted 
with draw concentrations of 10, 15, 35 and 70 g.L-1 of RSS respectively. Initial fluxes and 
associated calculated resistance to filtration over the five fouling batches in FO mode are 
presented in Figure 8-4b&c. 
  
 
Figure 8-4: Impact of (a) draw concentration on initial flux and impact of initial flux for four draw 
concentration (FO10, FO15, FO35 and FO70 for 10, 15, 35 and 70g.L-1 of RSS respectively) (b) on fouling 
behaviour and on (c) resistance to filtration for Porifera FO membrane (CFV: 0.1m.s-1, AL-FS, foulant 
mixture as feed) 
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As expected, initial flux (batch 1) increased with osmotic driving force (Figure 8-4a). However, 
operating at very high driving force (70 g.L-1, i.e. 49.4 bar) did not lead to a major flux increase 
in comparison with 35 g.L-1. This result confirms the limit of increasing osmotic driving force 
towards flux enhancement in FO process, due to ICP and ECP enhancement with flux increase 
[68]. Despite their lower structural parameter (S0) featuring in new generation of membranes, 
this trend was clearly observable. On the other hand, the use of the Porifera FO membrane 
with reduced osmotic driving force (15 g.L-1) still demonstrated higher initial permeation flux 
(8.4 L.m-2.h-1) than both HTI membranes at 35 g.L-1 draw concentration (Figure 8-3a, 6.4 and 
5.0 L.m-2.h-1 for HTI TFC and CTA respectively). Consequently, such membrane could be 
considered for applications in lower salinity gradient regions.    
Operation at high initial flux confirmed the observations of high impact of the initial 
permeation flux on the fouling behavior, resulting in severe flux decline (Figure 8-4b). For both 
test at 35 and 70 g.L-1, permeation flux decreased by at least 10 L.m-2.h-1 over the 5 batches. 
Comparatively, operating with lower osmotic driving force (10 and 15 g.L-1), led to a minor flux 
decrease over time, i.e. less than 1.6 L.m-2.h-1. As such, this result demonstrates that the more 
intense fouling behavior observed in FO mode with Porifera membranes in Section 8.2 was 
mainly connected to the initial flux, whereby membrane surface properties probably only play 
a minor role. Similar observations of impact of the initial flux on flux decline were reported  for 
the Oasys TFC membrane with humic acid and silica colloids model foulants [188]. More 
importantly, these results confirm the existence of a critical flux in FO systems [189], with 
operation here above an approximate 10 L.m-2.h-1 leading to severe fouling under the 
experimental conditions and type and amount of foulants used in this study. Additionally, the 
assumption of low fouling behavior in FO described in the literature was proven to be only the 
consequence of the low flux obtained so far with HTI CTA membrane used in previous studies 
[45, 102, 104, 106]. The higher flux decline obtained when operating above the critical flux in 
FO mode could be explained by the  flux-enhanced cake compaction [190] leading to additional 
resistance to filtration (Figure 8-4c). CECP also occurs due to both the presence of salt in the 
feed solution and a consequence of RSD [108]. Increasing the draw osmotic driving force from 
35 to 70 g.L-1 led to further cake resistance to filtration. With higher draw concentration, 
reverse salt passage will certainly increase but to the same extent than the water permeation 
flux since both fluxes rely on the same driving force (salt concentration difference across the 
membrane active layer). Since, experiments were run at similar recovery, similar amount of 
water and salt permeated. Thus, the increase of cake resistance with higher osmotic pressure 
driving force cannot be the consequence of more RSD enhanced fouling. Increasing resistance 
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to filtration with higher driving is most likely a consequence to the improved water flux further 
dragging particles in the cake layer, and further aggravating cake compaction and CECP [190]. 
8.5  Cleaning strategies 
As in Chapter 7, high CFV cleaning and osmotic backwashing were conducted after the 5th 
batch of fouling for both Porifera membranes, where important flux decrease over fouling 
batches was observed. The respective impact of the different cleaning strategies is clearly 
described in Figure 8-5a. The impact of osmotic backwashing duration and the potential of 
operating osmotic backwashing at high CFV were also investigated (Figure 8-5b). 
  
Figure 8-5: Impact of cleaning strategy to recover initial flux: (a) comparison of high CFV and osmotic 
backwashing with Porifera FO and FOm membranes, (b) impact of osmotic backwashing duration and 
CFV operation using Porifera FO membrane (after 5 batches of fouling at CFV: 0.1m.s-1, AL-FS, foulant 
mix as feed, 35g.L-1 RSS as draw, high CFV cleaning and flushing at 0.35m.s-1).    
As described in Section 8.4, severe fouling was observed when operating with both Porifera 
membranes. The foulant cake was only partially removed when using only high CFV cleaning or 
osmotic backwashing (Figure 8-5a). The slightly higher flux recovery observed with the Porifera 
FOm resulted most likely from its lower initial fouling propensity rather than from a better 
efficiency of the cleaning strategies on that specific membrane material. Such results 
demonstrate that the high CFV cleaning classically used for FO membranes (typically for the 
HTI CTA membrane operating at low flux) is not sufficient for higher permeation flux 
membranes. Osmotic backwashing (15 min), which already showed promising results to tackle 
hydraulic pressure enhanced fouling with HTI CTA membrane (Chapter 7), demonstrated a 
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better efficiency than high CFV cleaning but still was not adequate to remove fouling occurring 
in FO operation at high permeation flux. The implementation of an extensive time of osmotic 
backwashing (1h) allowed recovery of more than 85% of the initial flux; full recovery was 
obtained only when high CFV operation was implemented during osmotic backwashing. Such 
behavior indeed indicates demanding cleaning, as only the combination of long term reverse 
flux (osmotic backwashing) and hydrodynamics shear (high CFV) allowing to separate the 
foulant cake from the membrane surface and to flush it out of the feed channel. 
In chapter 7 (describing FO and PAO at lower flux), 15 min osmotic backwashing proved to be 
efficient to restore flux in the AL-FS membrane orientation. Here, the FO is operated at higher 
flux, and 1h of osmotic backwashing at high CFV is needed to completely restore flux. As such, 
it is apparent that more severe fouling occurs when operating at higher initial FO flux (above 
the critical flux) than in PAO (at lower flux). Thus, it indicates that, under the experimental 
conditions used in this study, the initial flux has a stronger impact on fouling behavior than the 
addition of moderate hydraulic pressure.   
8.6  Concluding remarks 
This chapter critically assessed the relative impact of membrane surface properties and initial 
permeation flux on fouling behaviour obtained during operation of new generation of TFC FO 
membranes. It was demonstrated that low fouling behaviour commonly accepted in FO 
remains the consequence of operating, so far, at low permeation flux.  Under the higher 
permeation flux observed with novel generation of TFC membrane, more severe flux decline 
was observed. Several fouling mitigation solutions were tested in this study to allow for 
sustainable FO operation at higher flux, and it was shown that the modified FO surface played 
a role in fouling mitigation only in the early stage of foulant deposition.  Osmotic backwashing 
at high CFV successfully cleaned a fouled membrane and proved to be the most promising 
strategy to allow for sustainable operation without use of chemicals. 


 : Opportunities to reach Chapter 9
economic sustainability in FO-RO hybrid 
for seawater desalination  
This chapter is adapted from: 
Blandin, G., Verliefde, A.R.D., Tang, C.Y., Le-Clech, P. Opportunities to reach economic 
sustainability in forward osmosis-reverse osmosis hybrids for seawater desalination (2015), 
Desalination, volume 363, pages 26-36. 
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In the previous chapters, it has been demonstrated that the use of the PAO mode operation, 
the development of novel membranes and the combination of both can allow for higher 
permeation flux in FO and thus alleviate one of the major limitations of FO so far. However, 
despite being energetically attractive, the economic sustainability of FO - RO hybrid process for 
seawater desalination has not yet been fully demonstrated in practice. This study provides an 
extensive economic evaluation of FO-RO and PAO-RO hybrids, benchmarked against stand-
alone RO systems for seawater desalination. After defining initial assumptions for FO 
economics, the need for flux improvement and the opportunity to reach such a flux with 
membrane developments and/or PAO will be discussed.  
9.1  Economics of FO in seawater desalination 
9.1.1 FO integration in RO desalination schemes 
Based on the process described in Section 2.2.3 , FO integration in RO desalination schemes 
decreases the salinity of the outlet draw solution (diluted seawater). In this study, similar flow 
for feed and draw solution and 50% of the feed permeating to the draw (i.e. 50% recovery) 
were considered in order to be in a combined water reuse and desalination scheme. Energy 
estimation was performed using ROSA® software and integrating an energy recovery device to 
assess the impact of FO pre-dilution on RO energy consumption for three different scenarios 
with the goals to decrease energy consumption and/or increase water production of existing 
RO system (Figure 9-1):  
(1) RO installation is maintained at its original feed flow and recovery, FO is mainly 
used to lower RO energy usage for the same final permeate production (Figure 9-2a, 
continuous blue line). 
(2) RO feed flow is increased with the amount of water permeated in the FO stage
(Figure 9-2a, dotted red line); RO operates at same recovery but higher feed and permeate 
flow; i.e. higher production.  
(3) Fixed 50% FO recovery and RO installation is maintained at its original feed flow but
recovery is increased; permeate production is increased (Figure 9-2b). 
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Figure 9-1: Block flow diagrams of baseline and FO-RO scenario with recovery (R%) for each process. 
All flow values are in m3.h-1. 
 The conditions used for the ROSA® calculation are described in Figure S 3 of Appendix B, and 
the final energy consumption values were calculated incorporating energy recovery devices. 
  
Figure 9-2: RO energy consumption considering different scenario of FO-RO hybrid implementations 
using ROSA software: (a) operating at constant RO feed flow or increasing the RO feed flow with the 
amount of water permeated in FO stage, (b) operating at 50% FO recovery and constant RO feed flow 
but increasing RO recovery. FO operating as similar feed and draw solutions flows, FO recovery 
defined as % feed permeating through the draw. RO feed salinity was calculated using initial seawater 
salinity of 35g.L-1 of red sea salt and adjusted based on the dilution occurring in the FO step depending 
on FO recovery.     
Figure 9-2a showed that considering scenario 1 (keeping RO at similar feed flow and recovery), 
up to 36% decrease of the energy consumption is possible. In such scenario, in the RO step, 
part of the seawater is replaced by pure water permeated in the FO step from impaired water, 
no production increase occurs, energy savings are observed as a direct benefit of osmotic 
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dilution. Alternatively, using FO permeate to increase the existing RO feed flow (scenario 2) did 
not lead to any significant energy reduction, the benefit of osmotic dilution being counter-
balanced by additional pressure needed to filtrate more water on a similar RO filtration surface 
area. As a result, more production could occur but without energy savings in the RO part, 
making this configuration irrelevant. 
In the third scenario (50% FO recovery, similar RO feed flow, and increasing RO recovery Figure 
9-2b), energy consumption already equals stand-alone RO already (2.2 kwh.m-3) at 60% RO
recovery. In fact, the benefit of osmotic dilution is lost due to the operation of RO at high
operating pressure to allow for higher permeation flux. As a result, scenarios for which
increased permeate production was considered did not allow for significant energy savings,
and a simple extension of RO unit may be preferable to FO-RO hybrid implementation. Thus,
only the implementation of FO-RO hybrid to decrease energy needs (scenario 1) will be
considered in this study. In that case, the implementation of FO will lead to additional
investment costs that need to be compensated by the obtained energy savings and potential
operational expenditure (OPEX) reduction (less fouling, less membrane replacement due to
lower operating pressure) to make the FO-RO hybrid economically sustainable. 
9.1.2 FO-RO hybrid costs –scenario analysis 
At this stage, it is difficult to balance the energy savings in the FO-RO hybrid and the increased 
capital expenditure (CAPEX). Due to the very limited amount of data available on FO CAPEX 
and OPEX in the literature, assumptions have to be made. The sense and non-sense of these 
assumptions will be assessed in this section through an uncertainty analysis 
Conventional seawater RO is the only system that is rather similar to FO, and will here be used 
as a benchmark for assessment of FO cost calculations. Existing CAPEX data from RO literature 
were adapted to give an approximation of FO CAPEX. Pre-treatment and intake costs were 
considered similar for stand-alone RO and FO-RO hybrid in this study. In order to estimate the 
cost of FO systems and the potential interest of FO-RO hybrid, a number of assumptions have 
been made regarding water production costs and the CAPEX distribution within the overall FO-
RO hybrid desalination plant. All these parameters will be discussed in the following 
paragraphs, together with the impact and importance of permeation flux on FO costs and FO-
RO hybrid costs (and thus FO sustainability). 
9.1.2.1 FO and FO-RO CAPEX 
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Considering values obtained from desaldata.com [2] and  according to the latest RO 
technology, an average cost value of 0.76 $.m-3 of water produced can be considered as the 
benchmark for RO  in this study. Overall, RO water desalination cost can be split in energy 
costs, CAPEX and maintenance/labour at 32, 38 and 30%, respectively [2]. CAPEX represents a 
significant amount of the produced water cost, i.e. 0.29 $.m-3 for the overall desalination plant 
(38% if 0.76 $.m-³, Figure S 4 of Appendix B,[2]). It could be reasonably assumed that 50% of 
the CAPEX is dedicated to the RO filtration step (Figure S 5 of Appendix B, [2]), i.e. 0.14 $.m-3, 
and the rest related to the pre- and post-treatment. Additionally, benchmark RO was assumed 
with 20 years plant lifetime, a working load of 8000 h.y-1 and 20 L.m-2.h-1 as average 
permeation flux for RO operation [191-193]. 
When translating CAPEX of RO to FO, some assumptions are required, based on the differences 
in operating regime. Considering spiral-wound modules, FO operates with two solutions that 
need to be pumped on both sides on the membrane, leading to lower intrinsic packing density 
and thus higher prices of FO modules compared to RO modules. In addition, FO membranes in 
their current state of development are also inherently more expensive than existing RO 
membranes (i.e. above 100$ per m2 for current prototypes of FO membrane modules). 
Furthermore, current commercial FO performance is lower than RO, especially in terms of 
average permeation flux. On the other hand, FO operates without the need for high pressure, 
and as a consequence, significant savings could be obtained in terms of material requirements 
for the pressure vessels, modules and pumps for an FO installation.   
To clarify the influence of assumptions made on the CAPEX for FO compared to RO, some 
sensitivity studies were performed on two key parameters: 1) the filtration surface 
dependency of FO CAPEX investment, i.e., how much of the CAPEX is directly related to 
required membrane surface area and 2) the comparison between FO and RO CAPEX, expressed 
as ratio FO/RO CAPEX investment.  
As already observed in Chapter 4 to 6, and as discussed later on in this chapter, FO fluxes are 
currently low but forecasted to be much higher and the required FO filtration surface area will 
vary accordingly. Not only membrane and module costs are directly connected to the filtration 
surface area (i.e. surface dependency of CAPEX), but also other CAPEX, such as pumps, piping, 
civil engineering and monitoring need to be at least partly considered. Thus, it is discussed to 
which extend FO CAPEX is connected to the permeation flux and how it could impact the 
overall economics. Scenarios considered surface dependency of CAPEX from 7% (where only 
the membranes and pressure vessels CAPEX is assumed to be dependent on filtration surface 
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area), to 100% (where the whole CAPEX is assumed to be dependent on filtration surface area) 
(Figure S 5 of Appendix B). 
 As first estimate, FO/RO CAPEX ratios were varied from 2 (which is more or less the current 
situation, due to the expensive FO membranes and the lower packing density) down to 0.5 
(the hypothetical optimised FO situation whereby high performance modules and cheaper FO 
materials are possible due to low pressure operation). The sensitivity analysis of the potential 
CAPEX savings of the FO-RO hybrid versus conventional RO is plotted in Figure 9-3, as a 
function of the average FO permeation flux. 
Figure 9-3: CAPEX savings (in %) of FO-RO hybrid vs. RO with permeation flux depending on the 
surface dependence of the capex (for FO/RO capex ratio=1) (a) and the FO/RO CAPEX ratio (for 75% 
surface dependence) (b) 
As expected, the FO-RO hybrid process was found to be always more expensive than the RO 
baseline (0% savings). This is due to the additional FO installation, increasing the investment 
cost. In the most favourable case (high FO flux, low FO cost), the FO unit is expected to add 
20% CAPEX to the whole desalination plant. This demonstrates that, despite being promoted 
as a potentially better process, the economic viability of the FO-RO hybrid cannot be 
established from the CAPEX.  
This presents a much more challenging case to reach economic viability of FO-based systems 
only based on energy gain. This is in contrast to benefit-cost ratio analyses reported in 
previous studies [12, 131], for which  only  membrane (12-30 $.m-2 [12, 173]) or  module costs 
(100 $.m-2 [131]) were considered.  
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Incorporating more costs than just filtration surface area-dependent costs in the CAPEX, as 
proposed in this study, can be considered as more realistic since the costs calculated like this 
include all related equipment and auxiliaries investments. Moreover, accounting only for 
membrane and module as CAPEX surface dependent (i.e. 7%) is not relevant: otherwise 
increasing permeation flux would not lead to any economics benefits. As such, considering 
50% to 100% surface dependent CAPEX appears more realistic and better translates the need 
for higher permeation flux in FO. According to first rough estimation (Figure S3 of Appendix), 
75% flux dependant seems to be an appropriate assumption and will be considered in further 
simulation. 
It is also estimated that current state-of-the-art for FO using spiral-wound modules with 
relatively expensive membrane and low packing density are likely to result in a FO/RO CAPEX 
ratio even higher than 2 (Figure 9-3b). This, in combination with the low permeation fluxes 
reported in the literature (5 to 10 L.m-2.h-1), results in doubles the CAPEX for an FO-RO hybrid 
desalination plant compared to a classical RO CAPEX and makes FO-RO economically 
unattractive. The need for cheaper materials, higher packing density modules and higher 
permeation fluxes is thus clearly demonstrated here. Even with the recent improvements 
achieved in FO membrane materials, reaching an FO/RO CAPEX ratio of 0.5 is probably a very 
optimistic hypothesis, as it requires breakthrough long-term developments such as cheap 
hollow fibre modules with extremely high packing densities that still need to prove their 
suitability for treatment of wastewater with high concentrations of foulants. Assumptions of a 
future FO/RO CAPEX ratio of 1 may therefore appear more realistic in the near future (Porifera 
already proposes systems with similar packing density as RO modules [89], Toyobo mentioned 
PRO pilot tests with hollow fibre elements [156]). As such, an FO/RO CAPEX ratio=1 will be 
considered in the further assessment of the potential economic viability of FO-RO hybrids.     
9.1.2.2 Energy costs 
As demonstrated in Section 9.1.1, energy needs for the RO step can be lowered by 30% as a 
result of the osmotic dilution in FO. However it is still unclear if those significant energy cost 
savings are sufficient to compensate the irremediable additional CAPEX related to the FO. 
Assuming energy costs of 0.24 $.m-3 [2] and considering specific energy consumption of RO 
about 2.2 kWh.m-3 (Figure 9-2a), the average energy cost could be estimated to 0.1 $.kWh-1. 
However, energy cost is highly dependent on the location and global market prices. Therefore, 
an uncertainty analysis was carried out on the impact of energy cost (and consequently the 
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contribution of energy to total costs within the desalination plant) whereby the energy price 
was varied in the range of 0.05 to 0.2 $.kWh-1 (Figure 9-4).  
Figure 9-4: Impact of energy costs on the overall savings of FO-RO hybrid vs. RO (CAPEX FO 
assumptions: 75% flux dependent, FO/RO ratio=1; similar OPEX for FO and RO)  
Figure 4 confirms that the higher the energy cost (and thus its contribution to the overall 
desalination cost), the easier the economic justification of FO-RO hybrids becomes. It is clear 
that a breakeven point for FO-RO hybrids compared to RO desalination is only reached when 
energy costs exceed 0.15 $.kWh-1 and when a high permeation flux (30 L.m-2.h-1) is used. Above 
0.15 kWh-1, the energy costs savings become predominant and additional CAPEX is easier to 
justify, allowing for lower permeation flux. When the energy cost is thus equal to or below 
0.1kWh-1, energy savings are insufficient to cover the CAPEX increase. In that case, potential 
OPEX costs savings should be considered to justify the economic interest for FO-RO hybrid. 
9.1.2.3 Operational expenditures (OPEX) 
Implementing FO before RO could lead to potential OPEX savings (maintenance, membrane 
replacement, chemical cleaning) thanks to the lower pressure operation in RO and significantly 
less fouling in FO [42]. This results in a more continuous process, less need for chemicals and 
potentially a longer membrane lifetime (so far FO membrane lifetime and costs were 
-50%
-40%
-30%
-20%
-10%
0%
10%
20%
0 5 10 15 20 25 30 35 40 45 50
O
ve
ra
ll 
sa
vi
ng
s 
(%
)
Jw (L.m-2.h-1)
0.05$.kWh-1
0.1$.kWh-1
0.15$.kWh-1
0.2$.kWh-1
149 
 
considered similar to RO ones). In the analysis below, the FO wastewater feed is considered 
pre-treated and therefore no additional treatment is deemed necessary. No clear values for 
reduction in OPEX for FO, compared to RO, are given by the literature, and an uncertainty 
analysis is carried out. As a first approximation, reductions in operational costs of 15 and 30% 
were considered for two energy cost scenarios (0.1 and 0.15 kWh-1) in Figure 9-5a and b. 
  
Figure 9-5: Impact of OPEX savings hypotheses of FO-RO hybrid on the overall savings of FO-RO hybrid 
vs. RO for energy cost of 0.1 $.kWh-1 (a) and 0.15 $kWh-1 (b) (CAPEX FO assumptions: 75% flux 
dependent, FO/RO ratio=1)  
Results confirm that current FO performance (5-10 L.m-2.h-1 [11, 37, 131]) does not allow 
economic savings for seawater desalination compared to RO, even when integrating the 
optimistic hypothesis of 30% OPEX savings (Figure 9-5a and b). However, from Figure 9-5a it is 
clear that (when considering 0.1 $.kWh-1 as energy cost) 30% OPEX savings and high 
permeation flux (> 20 L.m-2.h-1) will result in more economical operation of FO-RO hybrids than 
simple RO. Overall, savings become even more significant when higher energy cost are 
considered (see Figure 9-5b). This demonstrates the importance of OPEX in the evaluation of 
FO-RO hybrid and RO economics. 
9.1.3 Importance of permeation flux 
It is thus more than clear that permeation flux (and associated module and CAPEX costs) will 
play a key role in FO-RO hybrid economical sustainability. From the realistic scenarios 
developed in Figure 9-5a and b, the conclusion can be drawn that an average flux 30 L.m-2.h-1 
constitutes a breakeven point, above which FO-RO hybrids become more economical than RO. 
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It is however also important to differentiate between the initial and the average fluxes in the 
FO installation for process design. Indeed, in the literature, FO membrane performance is 
usually reported using the optimum driving force at the initial stage of filtration (i.e., at 
extremely low feed water recovery). In practice, as a result of water permeation, RSD, and 
increasing recovery, a dilution of the draw solution and an increase in feed concentration will 
occur, decreasing the driving force and thus the permeation flux. Typically, considering a 
reasonable FO recovery of 50%, the aforementioned objective of an average flux of 30 L.m-2h-1 
can only be obtained if the FO membranes reach an initial permeation flux of 40 L.m-2h-1 
(Figure S 6 of Appendix B).  
In the following section, based on the solution-diffusion model, the potential to reach the 
benchmark flux of 40 L.m-2h-1 in FO will be critically discussed. More specifically, a uncertainty 
analysis will be performed on two approaches that can be used to increase permeation flux: 
(1) further membrane development and (2) the use of hydraulic pressure on the feed water as
additional driving force (PAO). 
9.2  Flux modelling 
9.2.1 Theoretical background 
An uncertainty analysis of the impact of one or several membrane parameters on the overall 
efficiency of FO systems (in terms of flux) was conducted based on Equation 2-9. It is therefore 
possible to assess which membrane parameters need to be altered (independently) to obtain 
the initial flux benchmark of 40 L.m-2.h-1 as set out above. 
9.2.2 Operating conditions 
Based on membrane characteristics and operation parameter values found in the literature, 
FO fluxes for different commercial and lab-scale FO membranes were calculated using 
Equation 2-9, and compared to experimental results [54]. Then, to better mimic wastewater 
(WW [12, 131]) and seawater (SW) salinity, model calculations were conducted considering a 
WW-SW system, featuring initial salinities of feed and draw solutions of 1.2 g.L-1 and 35 g.L-1 
red sea salt (Red Sea Inc.) respectively. CTA (HTI, Albany, OR) membrane characteristics [84] 
were used as reference and for model calculations unless otherwise specified. Specific and 
combined impacts of membrane intrinsic parameters (A, B, S), and hydraulic pressure on 
permeation flux were evaluated. Diffusion coefficients for NaCl and MgCl2 were obtained from 
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[13, 194]. The lower and upper bounds described in Table 9-1 were considered with regards to 
membrane characteristics and process conditions found in [54]. In PAO conditions, membrane 
deformation was considered as described in Chapter 4. 
Table 9-1: Model boundaries and HTI CTA characteristics and experimental conditions used in Chapter 
4. 
    Model boundaries 
HTI CTA 
    Lower range Higher range 
A L.m-2.h-1.bar-1 0.5 10 0.6 
B  x10-7 m.s-1 0.01 10 0.5 
S x10-6 m 100 1000 678 
k x10-5m.s-1 1.1 1.1 
Pfeed bar 0 10 0-10 
πFbulk bar 0.9 0.9 
πDbulk Bar 24.5 24.5 
 
9.3  Current flux and potential for improvement 
9.3.1 Current membrane performance 
In order to assess and contrast accurately the hydraulic performances of a number of FO 
membranes (both commercially available and under small-scale development), a number of 
flux values have been calculated and reported in Table 9-2. At first, reported flux performances 
from literature (Jlit) were compared with fluxes modelled using Equation 2-9, based on the 
operating conditions mentioned in the literature (Jmod) to validate the model relevance. Then, 
flux values were all normalised under the WW-SW model and calculated based on Equation 
2-9. 
Despite the assumption of similar hydrodynamic conditions for all membranes (constant k), a 
good fitting of the model with the reported experimental values is observed. Indeed, 
differences were lower than 17% (or 2 L.m-2.h1) in most of the cases and for a wide range of 
membrane types and permeation fluxes. This shows the validity of Equation 2-9 to model 
fluxes in FO. There are two exceptions to this trend: the Oasys TFC membrane exhibits a much 
higher flux than expected by the model, while the opposite is observed with the NC PAN PA. 
One of the reasons for this discrepancy could be the difficulty to measure the support layer 
characteristics, i.e. K and S, which were used in the model. These parameters have already 
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been pointed out as being highly variable and dependent on operational conditions during the 
measurement  [195].  
Table 9-2: Reported membrane characteristics and initial permeation flux (Jlit), compared with flux 
values obtained with solution diffusion model obtained using initial study conditions (Jmod) and 
conditions used in this study (Jmod WW-SW) 
Membrane 
reference 
A B S Jlit Jmod 
J mod
 WW-SW
Ref. 
L.m-2.h-
1.bar-1 
x10-7 
m.s-1
x10-6 
m 
L.m-2.h-1 L.m-2.h-1 L.m-2.h-1 
Commercial membranes
HTI CTA 0.55 0.48 463 10.1 9.2 6.8 [84] 
HTI CTA-W 0.32 0.04 1000 5.0 3.6 3.6 [83] 
HTI CTA-NW 0.47 0.27 1000 4.4 4.4 4.4 [83] 
HTI TFC 1.63 0.83 690 10.0 11.3 9.6 [84] 
Oasys TFC 4.72 1.20 365 30.0 22.6 20.7 [84] 
Laboratory scale development 
SUB 90  0.97 0.53 498 8.1 9.7 6.2 [194] 
TFC-FO 1.14 1.30 492 18.1 16.6 9.8 [79] 
TFC 9PSf-100NMP 1.63 2.30 389 20.5 18.5 12.9 [78] 
TFC-1 1.15 0.47 710 9.5 8.1 8.2 [83] 
TFC-2 1.80 0.94 670 12.0 10.1 10.1 [83] 
TFC 1.44 0.39 782 7.0 6.0 8.5 [196] 
TFC PES/SPSF 0.77 0.31 238 26.0 24.1 10.8 [55] 
TFC FO solution 3 0.73 0.69 324 21.0 19.8 9.3 [197] 
PI-FO 1.25 0.30 450 13.4 11.1 10.8 [57] 
CAP-II-TFC 1.42 0.37 695 16.7 16.1 9.1 [76] 
A-FO 0.94 0.81 1370 5.0 5.3 5.1 [198] 
B-FO 2.23 0.56 595 14.0 12.5 11.9 [198] 
#C-FO 3.50 0.62 550 19.0 15.7 14.6 [195] 
TFC-PES 1.64 0.78 252 32.1 32.4 16.3 [77] 
NC PVA PA 1.69 0.67 66 27.2 27.2 26.6 [199] 
NC PAN PA 2.04 4.40 109 34.9 47.9 24.8 [200] 
RO membrane 
SW30 NW 1.28 0.80 9583 2.2 2.1 1.4 [79] 
SW30 (no fabric) 1.46 1.10 2155 7.3 6.6 4.4 [79] 
Despite intensive research, the threshold value for initial flux (J0) of 40 L.m
-2.h-1 is not reached 
experimentally for any of the membranes. Moreover, most of the high flux values reported in 
the literature were obtained using model feed and draw solutions with a high osmotic 
pressure on the draw side (> 45bar osmotic) and pure water on the feed (except Oasys TFC) to 
increase the driving force and avoid ECP. This is not representative of any current industrial 
configuration. The modelled fluxes for the WW-SW systems show significantly lower 
permeation fluxes than those observed in the lab-scale testing: all fluxes in the WW-SW 
system were modelled to be below 26.6 L.m-2.h-1. It was also observed that fluxes above 10L.m-
2.h-1 were generally obtained with membranes featuring high A (>1.5 L.m-2.h-1) and low S
(<67μm). Some examples confirmed that either too high S (e.g., SW30 without fabric) or a too
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low A (e.g. HTI CTA, TFC FO solution 3) are prohibitive to allow high permeation fluxes [84, 
197] .  
Interestingly, among the commercial membranes and according to experimental literature 
values, the Oasys TFC membrane demonstrated the best performance. Most likely, this is due 
to the combination of a high A (4.72 L.m-2.h-1) and relatively low S (365 μm). The main 
drawback of a high A value for FO membranes, remains the accompanying increase of B value, 
leading to higher RSD [201]. This is partly confirmed here, since the Oasys membrane also 
features one of the highest B values (1.2x10-7 m.s-1). The recently synthetised nanofiber 
support layers (PI-FO, NC PVA PA, NC PAN PA in Table 9-2 [57, 199-201]) appears to be very 
promising. The example of NC PVA PA demonstrates a good fitting of the model with 
experimental values and also shows the highest modelled flux in industrial conditions (i.e. 26.6 
L.m-2.h-1). The NC PVA PA membrane manages to lower the structural parameter of the 
membrane below 100μm, using a less tortuous support and, as a result, demonstrates 
significantly decreased ICP.  
As an intermediate conclusion, it is clear that all the existing membranes considered in this 
study remain below our defined flux criterion for FO sustainability (i.e., J0 = 40 L.m
-2.h-1). A 
detailed uncertainty analysis will be conducted in the next paragraph to evaluate if 
improvement of membrane characteristics has the potential to ever reach the flux threshold. 
9.3.2 Improving membrane properties 
Both membrane characteristics of active layer (A,B) and support layer (S) will ultimately impact 
the permeation flux. As such, previous studies [51, 202] have foccussed on improving both 
membrane permeability and selectivity (by decreasing the B/A ratio) as well as decreasing the 
membrane structural parameter [57, 199-201]. Uncertainty analysis on the respective impact 
of A, B and S values on the initial water flux in FO was performed (Figure 9-6). 
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Figure 9-6: Respective and combined impact of (a) water and solute permeability (A and B) and (b) 
structural parameter (S) on initial permeation flux (J0) (using the WW-SW model).   
A non-linear increase of flux is observed with the membrane permeability (A) as a 
consequence of exponentially enhanced CP (both ICP and ECP) with the permeation flux. 
Typically, in the defined conditions and even considering extremely high A values (up to 10 
L.m-2.h-1.bar-1), flux remains limited below 25 L.m-2.h-1 (Figure 9-6a, based on HTI CTA
membrane S value). It is thus clear that only improving membrane permeability is not
sufficient to reach threshold fluxes of 40 L.m-2.h-1 when seawater is used as draw solution.
Results also show that salt permeability has a relatively lower influence on the permeation
flux; in the extreme condition of very poor salt rejection (B=1x10-6 m.s-1), the permeation flux is
impacted by less than 10%. Although not directly affecting flux, poorer salt rejection may limit
the potential to reach high recovery as a direct consequence of a huge decrease in the osmotic
driving force by an increasing salt concentration in the feed (Figure S 7 of Appendix B). In the
specific context of FO-RO hybrid operated with WW as feed and SW as draw, very high
recovery (>95%) is generally not a requirement, therefore further decrease in salt permeability
(tighter membrane) is not expected to lead to any substantial improvement to the process,
and could be detrimental to the water permeability.
As described inEquations 2-6 and 2-7, ICP is correlated to the structral parameter (S) of the 
membrane support layer. As such, an optimised S value is expected to have a significant effect 
on flux, by limiting ICP and thus increasing osmotic presure driving force efficiency. Permeation 
flux as a function of different structural parameter (S) values for different membrane pure 
water permeabilities (A) is shown in Figure 9-6b. As expected,  decrease of the S value leads to 
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substantial improvement in the permeation flux. Typical values for S of 300 to 500μm (as 
observed with current commercial membranes) are a limiting factor to reach acceptable 
fluxes. Reaching the threshold flux of 40 L.m-2.h-1 is only  possible  for S around 100 μm. In that 
case, each increase of A value will also efficiently impact permeation flux, as a result of low 
ICP, up until the point where ECP becomes limiting (which might be the case at high feed water 
recoveries). In this study, very distinct A-driven and S-driven regions could not be recognized, 
in contrast to what was mentioned in the literature [57], indicating that A and S are both key 
parameters that need to change simultaneously to obtain high permeation fluxes. Typically, a 
membrane with a combination of a high A value of 5 L.m-2.h-1 and a small S value of 100m 
would allow to reach the desired initial flux. According to the current state-of-the-art, 
membranes with such low S-value [57, 199, 200] were synthetised recently thanks to 
nanofiber support materials, but to our knowledge, none of the developped FO membranes 
have reached the required level in terms of A (>5 L.m-2.h-1.bar-1). Moreover, the mechanical 
resistance of very low S-value membranes is questionable. A recent study [199] demonstrated 
good mechanical stability of low S-value membranes during formulation, but the need for 
further improvement of membrane mechanical strength was pointed out.  
9.3.3 Implementing hydraulic pressure as additional 
driving force 
In PAO operation, hydraulic pressure is added to the feed water to assist the osmotic driving 
force and enhance permeation flux. It was also reported that the HTI CTA membrane suffers 
from deformation due to the compression of the membrane on the spacers (Chapter 4) leading 
to increasing membrane permeability. The model was first validated by comparison and fitting 
with experimental data from 0 to 10 bar (Figure S 8 from Appendix B). Model calculations were 
then carried out at 0 and 10 bar of applied hydraulic pressure on the feed side to estimate the 
potential for PAO within the FO-RO hybrid process. The modelling was carried out with and 
without incorporation of membrane deformation based on results obtained in Chapter 4 for 
the HTI CTA membrane (Figure 9-7). 
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Figure 9-7: Impact of pure water permeability, structural parameter, osmotic and hydraulic pressure 
applied on the feed side on the permeation flux for FO-RO hybrid process 
In the FO-RO hybrid process configuration (Figure 9-7), a strong response of flux to hydraulic 
pressure is observed, especially for higher water permeability membranes. This is the result of 
the (almost) linear correlation of permeation flux with water permeability and hydraulic 
pressure (Equation 2-2), since hydraulic pressure is not affected by ICP. Interestingly, a 
discrepancy between the fluxes reached by low and high S value membranes remains apparent 
and demonstrates that the efficiency, by which the osmotic pressure is used, is still very 
important in determining flux. For higher S membranes, the osmotic pressure is inefficiently 
used due to the high ICP and flux increase is mainly due to the pressure effect, for lower S 
membranes, ICP is low and the contribution of osmotic pressure is still clear. When 
incorporating the effect of membrane deformation, the same trends with increasing pressure 
are seen, but they are even more pronounced and even more flux improvement is observed 
with increasing pressure. Due to the applied hydraulic pressure, the apparent water 
permeability increases.  
PAO is thus confirmed to be a potential strategy to overcome current limitations of FO, and 
may help to reach the 40 L.m-2.h-1 permeation flux threshold. The threshold flux is already 
theoretically obtained for membranes with a relatively thick support layer (500 μm) at limited 
hydraulic pressure applied (10 bar). When membrane deformation is taken into account, the 
40 L.m-2.h-1 threshold is reached at even lower operating pressure (8.5 bar). As such, PAO 
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offers an alternative to development of very thin membranes with low S values and potentially 
also low mechanical resistance, to reach the high fluxes needed. Important to note that the 
extent of membrane deformation has been considered according to existing data on HTI CTA 
behaviour from chapter 4. The model should be refined with regards to results form chapter 5 
showing not only deformation but also compaction occurring under PAO operation.  Most 
likely the development of thinner support layer may result in less mechanical resistance and, 
as a result, enhanced deformation and permeability. Moreover, improvement of membrane 
characteristics (A and S) will be further beneficial to PAO, limiting the hydraulic pressure to be 
applied. In addition to the beneficial impact on the permeation flux, hydraulic pressure also 
limits RSD (Chapters 4 to 6), allowing not only for higher permeation flux, but also a higher 
recovery (Figure 9-8).  
One major drawback of PAO is the additional energy needed for feed pressurisation. To allow 
for fair comparison between FO and PAO, an uncertainty sensitivity analysis has been 
conducted to consider the trade-off between savings in required membrane surface area and 
thus CAPEX costs when using pressure, and the increased energy costs required for feed 
pressurisation. Impact of hydraulic pressure on recovery and associated membrane surface 
area was calculated using HTI CTA membrane characteristics (Figure 9-8a). FO and PAO energy 
consumptions were calculated based on the specific energy consumption of the feed and draw 
pumps present in the system. An additional hydraulic pressure of 0.5 bar on both feed and 
draw sides of the process was considered into the model to consider frictional losses in the 
system. Required pumping energy power was calculated using Equation 9-1. 

)P-(P Q.
 =W inletoutletpump 9-1 
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With Wpump the pump power, Q the flow entering the pump, Pinlet the pressure of the flow inlet 
stream, Poutlet the pressure of the outlet stream and η the pump efficiency, fixed at 90% in this 
study. Pumping costs per m-3 of FO/PAO permeate were then calculated considering 50% FO 
recovery and energy costs estimated at 0.1 $.kWh-1. 
Figure 9-8: Impact of applied hydraulic pressure on (a) recovery and associated filtration surface area 
needed and (b) FO/PAO costs per m3 of permeate (HTI CTA membrane characteristics, with 
deformation, WW-SW system, CAPEX FO assumptions: 75% flux dependent, FO/RO ratio=1).  
When operating in PAO mode, owing to the additional driving force and membrane 
deformation, the filtration surface area can be decreased by more than 3 times to reach the 
same recovery (i.e. 90 vs 27 m2.m-3.h-1 for 0 and 10 bar respectively) (Figure 9-8a). As a result, 
CAPEX is reduced correspondingly (Figure 9-8b). It can be observed that PAO operation leads 
to an overall significant cost decrease, even with its higher energy requirements (i.e. more 
than 0.1$). Above an applied pressure of 6 bar, pumping energy costs become too detrimental, 
resulting in only marginal additional savings. This confirms that the application of moderate 
additional pressure on the feed side could be beneficial to overall FO-RO hybrid process 
economics. Higher operating pressures (above 6 bar) are not recommended since these 
pressures may lead to higher materials costs to withstand pressure and potentially more 
severe fouling (in addition to the observed economic limitation). 
9.4  Concluding remarks 
FO can present a sustainable opportunity for future fresh water production, but important 
improvements are still needed to overcome current limitations. FO-RO hybrid integration has 
been shown to be beneficial only if substantial energy and OPEX costs savings are obtained by 
using the FO. A first economic evaluation proposed in this study has determined a 30 L.m-2.h-1 
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as average permeation flux as threshold flux value to guarantee FO economic sustainability. To 
reach the FO economically sustainable flux, further membrane improvements are therefore 
needed; typically, a combination of higher water permeability (A>5 L.m-2.h-1.bar-1) and lower 
structural parameter (S<100 μm) are pertinent targets. Alternatively, PAO proved to achieve 
higher flux with current commercial membranes, while demonstrating more favourable 
economics.  
 
  

 : General conclusions and Chapter 10
recommendations 
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The opportunity to combine desalination and water reuse will require overcoming societal 
(public perception of water reuse) and water management challenges (proximity of waste 
water and desalination plants). A third challenge, i.e. to improve permeation flux in osmotic 
processes has been critically and systematically evaluated as described in the chapters of this 
thesis. For the first time, a systematic and extended study on the impact of hydraulic pressure 
was conducted to assess the potential for PAO implementation. Moreover, this study also 
incorporated novel commercial TFC membranes, which use has not been previously described 
in the literature. As such, this work has contributed to move forward on the practical 
implementation of osmotically driven processes. To this end, membranes were fully 
characterised and tested in FO and PAO operation, with regards to water and solute flux, 
fouling behaviour and rejection of TrOC contaminants. Finally, an economic model was 
developed to critically discuss the current state of the art and the gap in performance needed 
to allow for FO/PAO-RO hybrid schemes to become economically attractive. The main findings 
show that significant challenges are still to be overcome to allow for FO-RO technical and 
economic feasibility. Thus, recommendations for future research are proposed in the following 
sections. 
10.1  Flux improvement 
In PAO configuration, in addition to the extra driving force on the permeation flux, hydraulic 
pressure has shown to be very promising in increasing the water permeability and limiting 
RSD. Therefore, PAO constitutes an interesting alternative to overcome the permeability-
selectivity trade-off of FO, and may be of interest for a wide range of engineered osmosis 
applications. It was also demonstrated that commercial TFC membranes, thanks to higher 
water permeability and greater selectivity than the CTA benchmark, allow for higher water flux 
and lower RSD. Also, the TFC membranes were also more responsive to hydraulic pressure 
applied in the PAO process, and thus showed clear flux enhancement (up to 25 L.m-2.h-1) with 
increased hydraulic pressure. 
The concept of PAO-NF also proved to be a promising alternative to FO membrane 
development. By using commercial NF membranes and only 2 bar of hydraulic pressure, the 
PAO-NF operation resulted in higher water fluxes (up to 36 L.m-2.h-1) and lower RSD (down to 
0.01 g.L-1) than those obtained with current commercial FO membranes. The modelling study 
demonstrated that further flux improvement can be achieved by developing or modifying NF 
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membrane support layers to improve the relative contribution of the osmotic pressure for 
more appropriate use in PAO process. 
10.2  Membrane deformation 
In the initial validation of PAO using the HTI CTA membrane, an increase in membrane 
permeability was observed as a consequence of pressurisation and deformation of the 
membrane over the draw spacer support. Despite a relative loss of selectivity, this water 
permeability increase resulted in flux improvement and lower RSD in PAO operation. TFC 
membranes also suffered from membrane deformation under hydraulic pressure (especially 
the HTI TFC membrane). Interestingly, not only stretching of the active layer was observed, but 
also compaction of the support layer, resulting in reduced ICP and further water flux 
improvement. 
This beneficial effect of deformation observed on laboratory scale during limited time of 
operation should however be further assessed and monitored. With the goal to limit ICP, 
current membrane research is focused on reducing support layer thickness. Membrane 
mechanical resistance will be a limiting factor that has not been studied in details so far. The 
trade-off between a low structural parameter and good mechanical resistance should be 
better considered for further FO membrane development, especially with regards to industrial 
up-scaling where hydraulic pressure will be required for streams circulation and water transfer 
within modules. 
10.3 Fouling 
Fouling tests were designed to specifically assess the respective impact of hydraulic pressure, 
membrane properties and initial flux on fouling behaviour when operating with simulated 
wastewater as feed solution. This is crucial in the understanding of fouling mechanisms in 
osmotic and pressure driven membrane processes. Very importantly, it has been 
demonstrated for the first time that the low fouling behaviour often mentioned for FO is 
mainly due to the operation at low permeation fluxes. At higher initial fluxes, the fouling cake 
was more compacted on the membrane surface and consequently significant flux decline was 
observed over time. Membrane surface properties had comparatively a lower impact on 
fouling behaviour and the influence of the surface properties was limited to the early stage of 
the foulant deposition. Also, for similar initial flux, PAO operation proved to lead to more 
compacted cake, and more irreversible fouling. 
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The more compacted fouling layer observed when operating in PAO mode or in high-flux FO 
operation could not be entirely removed using high CFV cleaning. To tackle the higher extent 
of fouling observed, this work demonstrated that osmotic backwashing is a promising cleaning 
strategy. The optimised sequence for cleaning consisted of (1) osmotic backwashing by using a 
high saline solution on the feed side to reverse the permeation flux and detach the foulant 
cake from the membrane surface and (2) high CFV operation to flush the feed channel with 
fresh water to remove the foulants that have come off the membrane from the feed channel. 
10.4  Trace organic contaminants 
In comparison with the HTI CTA membrane which features low rejection of neutral TrOCs, the 
new commercial TFC FO membranes revealed a higher rejection of the whole range of tested 
TrOCs (>80% for HTI TFC and >90% for Porifera). Higher observed rejection was mainly due to 
increased steric hindrance thanks to higher selectivity of TFC membranes. As a consequence of 
membrane deformation, operation in PAO mode led to a significant decrease of rejection for 
the whole range of TrOC. As such, PAO-RO hybrid would certainly offer a solid double barrier 
protection against TrOC, but operating in FO operation with novel TFC membrane may be 
efficient and preferable as stand-alone process. 
10.5  Economics 
The (initial) economic study in this thesis investigated the potential for FO-RO hybrids to be 
economically attractive in comparison with standalone RO. In fact, energy savings resulting 
from the osmotic dilution in FO have to overcome the additional CAPEX of the FO unit. The 
actual state of development of commercial membrane modules for FO (low permeation flux, 
low packing density, high membrane costs) proved to be insufficient for favourable FO-RO 
economics due to the high investment cost (FO CAPEX). A threshold flux value of 30 L.m-2.h-1 
is proposed in this thesis as average permeation flux to guarantee FO economic sustainability. 
This can only be obtained in FO operation if further extended membrane developments take 
place. Alternatively, operating in PAO mode achieved higher fluxes, even when using current 
commercial membranes, and therefore demonstrated more favourable economic outputs.  
10.6  Recommendations for future work 
This study has demonstrated the need for flux improvement for FO economic sustainability 
and the required technical development (i.e. novel membranes, PAO mode) that may allow 
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future implementation. However, flux improvement comes with drawbacks, such as increased 
fouling behaviour, lower rejection of TrOCs in PAO operation, and the limits of membrane 
mechanical resistance. As such, main findings of this study are relevant not only in the FO-RO 
hybrid context but more generally for FO development (and PRO since membrane mechanical 
resistance is an important issue) and its industrial applications especially in the context of 
water reuse (fouling, TrOC rejection). 
It is, at this stage, quite questionable that FO/PAO-RO hybrid will allow sustainable and long-
term operation at high flux. Additional work will be required before reaching successful 
implementation of PAO-RO hybrid in the industry: 
 Up-scaling: most of the experimental work described in this thesis has been 
conducted using small flat-sheet coupons. Pilot scale tests are currently in progress 
and will further help to apprehend full-scale challenges. This ongoing work will 
provide more insights in mass transfer limitation on a module scale, pressure drop, 
fouling and on the feasibility of cleaning strategies. Ultimately, the optimal design for 
FO and PAO modules should be defined. 
 Further assessment of the potential of the PAO-NF concept: At this stage, PAO-NF 
offers very promising results in terms of water and salt fluxes, but further validation is 
needed, especially concerning fouling behaviour, including reversibility and rejection 
of TrOCs. Ultimately, some recommendations should be given for optimised 
permeability/selectivity of NF membranes with regards to all these aspects - not only 
salt and water passage. In parallel, the evaluation of other configurations such as 
hollow fibres, or NF membranes with reduced ICP (low S value of the support layer) 
would also be of interest. 
 Refining the economic assessment: On the one hand, the economic model developed 
could be updated with incorporation of fouling impact to better simulate practical 
implementation of the FO/PAO-RO hybrids. On the other hand, a better integration of 
cost savings from the water recycling scheme may be considered. In fact, any 
treatment step avoided in the water recycling scheme as a result of combination with 
desalination will help to support FO/PAO-RO hybrids economic credentials. In 
particular, the opportunity to use raw wastewater streams (sewer mining) may be of 
significant interest, but the technical feasibility is still to be studied. 
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Figure S 1: Comparison of A and B values measured for HTI CTA, HTI TFC and Porifera membrane 
obtained respectively using permeate carrier and RO feed spacers as membrane support in the draw 
channel. Linear correlations were obtained for each type of spacers; intercepts of A and B values were 
defined as A0 and B0. 
A0 B0 
permeate 
spacer 
RO 
feed 
spacer 
Average 
Permeate 
spacer 
RO feed 
spacer 
Average 
HTI CTA 0.68 0.79 0.74 ± 0.08 1.47 1.95 1.71 ± 0.34 
HTI TFC 1.17 1.33 1.25 ± 0.11 0.33 0.53 0.43 ± 0.14 
Porifera 1.89 2.19 2.04 ± 0.21 1.20 1.60 1.40 ± 0.28 
Figure S 2: A0 and B0 values for HTI CTA, HTI TFC and Porifera membrane obtained respectively using 
permeate carrier and RO feed spacers as membrane support in the draw channel and their average.  
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Appendix B 
Permeate 
production 
1800 m-3.h-1 
Feed water quality 
Seawater with 
conventional pre-
treatment 
Feed water 
composition 
Red sea salt  35g.L-1 
Temperature 25°C 
Membrane type SW30HR 380 
Recovery 45% for reference 
Configuration 1 pass 
HP pump efficiency 90% 
Number of 
pressure vessels 
320 
Elements pre 
pressure vessels 
8 
Energy 
recovery/ERD 
95% of permeate 
pressure recovery 
Figure S 3: ROSA parameters for RO energy calculations 
Relative 
distribution 
Costs 
% $.m-3 
Water production cost  100 0.76 
energy 32 0.24 
OPEX 30 0.23 
CAPEX 38 0.29 
RO filtration unit) 
50% of 
CAPEX 
0.144 
Figure S 4: Assumptions for cost distribution of water production (based on information from [2]) 
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Overall RO plant 
CAPEX 
% 
connected 
to RO 
Estimated 
RO CAPEX 
% RO CAPEX 
estimated flux 
dependent 
% $/m3 % $/m3 % 
Installation/services 7.4 0.021 50 0.011 0 
legal 1.0 0.003 50 0.001 0 
Design 6.9 0.02 50 0.010 0 
civil engineering 15.8 0.046 50 0.023 100 
pre-treatment 7.9 0.023 0 0.000 0 
Equipment and materials 25.4 0.074 50 0.037 75 
membrane 5.5 0.016 100 0.016 100 
pressure vessels 1.5 0.004 100 0.004 100 
pumps 7.3 0.021 50 0.011 75 
energy recovery 2.0 0.006 100 0.006 0 
piping 12.3 0.036 50 0.018 100 
intake/outfall 7.0 0.02 0 0.000 0 
overall costs 100 0.29 0.14 71 
Figure S 5: RO cost split (adapted from [2]), estimation of cost fraction connected to the RO filtration 
unit and %RO CAPEX estimated dependent from the permeation flux 
Figure S 6: Evolution of average permeation flux with recovery for four initial permeation flux (J0) and 
considering co-current operation (using 1.2g.L-1 and 35g.L-1 of red sea salt as initial feed and draw 
solutions respectively and HTI CTA membrane characteristics) 
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Figure S 7: Impact of membrane solute permeability (B) on FO recovery 
Figure S 8: Fitting of model values with experimental data for HTI CTA membrane, with incorporation 
of membrane deformation in the model. 
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